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INTRODUCTION 

I n  view o f  t h e  recent  Nat ional  Research Council study (1) and the present 
Nat ional  Energy Strategy (Z), the Pi t tsburgh Energy Technology Center (U.S. 
Department o f  Energy) i s  a c t i v e l y  pursuing the D i r e c t  L iquefact ion Program t o  
develop technologies f o r  producing low-cost l i q u i d  f u e l s  from coal .  A b r i e f  
overview o f  t he  ongoing D i r e c t  L ique fac t i on  Program i s  g iven below. This  program 
broadly encompasses 1 aboratory  and bench-scale developments o f  promising new 
concepts, as we l l  as proof-of-concept evaluat ion i n  p i l o t - sca le ,  two-stage 
l i q u e f a c t i o n  un i t s .  O f  t he  var ious areas being s tud ied i n  t h i s  program, improved 
ca ta l ys ts  could p lay  a major r o l e  i n  lower ing thermal seve r i t y ,  improving product 
y i  e l  ds/sel ec t  i v i  ty, and improving process conf igurat ion.  Thus, the c a t a l y s t s  
used i n  the ongoing two-stage l i q u e f a c t i o n  s tud ies and some o f  the cu r ren t  

OVERVIEW OF THE DIRECT LIQUEFACTION PROGRAM 

The ove ra l l  ob jec t i ve  o f  the P i t t sbu rgh  Energy Technology Center’s (PETC) D i rec t  
L iquefact ion Program i s  t o  b r i n g  t h e  l i q u e f a c t i o n  technology t o  c o m e r c i a l  
readiness i n  an env i ronmenta l ly  acceptable manner, and some o f  t he  current  
a c t i v i t i e s  d i rec ted  toward t h i s  o b j e c t i v e  are o u t l i n e d  below. 

Two-Stage L ique fac t i on  Program 

D i r e c t  1 ique fac t i on  process t e s t i n g  i s  cont inu ing a t  Hydrocarbon Research Inc.  
(HRI )  and Amoco O i l  Company. Future research w i l l  focus on the e f f e c t s  o f  coal 
cleaning/pretreatment, d ispersed ca ta l ys ts ,  preconversion processing, s o l  Ids 
separation methods, bottoms processing, on-1 i n e  hydrot reat ing,  and sol vent 
qual i t y  improvement. 

Advanced Process Concepts Program 

One of t he  main ob jec t i ves  o f  t h i s  program i s  t o  conduct fundamental s tud ies and 
exploratory  research t o  develop improved process conf igurat ions i n  d i r e c t  
l i que fac t i on .  The work being performed by some PETC contractors  i s  b r i e f l y  
ou t l i ned  as fo l lows.  The U n i v e r s i t y  o f  Kentucky Research Foundation i s  focusing 
on a two-stage low-rank coal l i q u e f a c t i o n  process t h a t  has o i l  agglomeration, 
f l u i d  coking, and so lvent  dewaxing as the main features. Improvements i n  process 
operation, coal conversion, and product y i e l d s  are ant ic ipated.  S R I  is 
evaluat ing novel dispersed c a t a l y s t s  and improved reac t i on  chemistry ( e . g . ,  u s e  

. a c t i v i t i e s  in  the  c a t a l y s i s  research are o u t l i n e d  i n  t h i s  paper. 
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of COtH,) for low-rank coals. This program will focus on reducing regressive 
reactions and increasing product quality in liquefaction. HRI is studying the 
merits of integrating two-stage liquefaction with fixed-bed hydrotreating to give 
improved products. Amoco Oil Company is evaluating the following processing 
steps to improve process operability during liquefaction of low-rank coals: 
conventional coal cleaning, coal pretreatment with aqueous SO, solutions to 
remove alkali metals from coal, impregnation of coal with a catalyst, and bottoms 
processing (e.g., deasphalting, coking). The Canadian Energy Development, Inc. 
(with Alberta Research Council) is evaluating a two-stage process consisting of 
oil agglomeration, coal slurry pretreatment, and hydroconversion. In this study, 
use of a dispersed catalyst and COtH,O system in a counter-flow reactor is 
proposed for process improvement. 

Baseline Design and System Analysis 

A conceptual baseline design of a two-stage direct coal liquefaction process, 
sponsored by PETC, is being performed by Bechtel and Amoco. This baseline study 
includes development o f  a process simulation model applicable over a certain 
range of capacities and process options involving coal cleaning, reactor 
configuration, vacuum bottoms processing, and hydrogen production methods. The 
model simulates a commercial liquefaction facility to predict yields and 
economics for different processing schemes. The data obtained at the Wilsonville 
Advan-d Coal Liquefaction Research and Development Facility in Run 257 with 
Illinois No. 6 coal from Burning Star No. 2 mine and Amocat-1C catalyst in a two- 
stage catalytic liquefaction process is being utilized as the base case. 

Coprocessing Program 

Coprocessing, in which coal is processed along with a heavy petroleum residuum, 
is considered t o  be a variation of direct liquefaction. Some of the present 
studies in coprocessing are focusing on understanding possible synergism between 
coal and petroleum residuum, merits of dispersed catalysts, and recycle effects. 
Bench-scale studies are being carried out at UOP in a slurry reactor and at HRI 
in a two-stage ebullated-bed reactor system. These studies are being assessed 
for their technical and economic merits. 

Refining, Upgrading, and End-Use Testing Program 

Although the current two-stage liquefaction products are lower in heteroatom 
contents and higher in hydrogen compared to previous single-stage products, the 
two-stage products require additional refining/upgrading to meet commercial fuel 
specifications. Studies will be performed to produce refinery feeds and 
specification products in order to assess the technology required for refining 
and also to test the products for their emission properties. 

Generic Bench-Scale Unit 

An integrated, continuous-flow bench-scale unit (BSU) will be built at PETC to 
screen, develop, and improve new process concepts in direct liquefaction. This 
unit will have a capacity of 200 pounds of coal feed per day. This BSU will have 
the flexibility t o  operate over a wide range of conditions with different ranks 
of coals and different reactor types (i.e., slurry, ebullated-bed, fixed-bed). 
It is anticipated that this unit will be ready for operation by 1993. During the 
design and construction of this generic BSU, promising new approaches being 
developed by PETC contractors will be evaluated for testing in this unit. 

125 



TWO-STAGE LIQUEFACTION CATALYSTS 

Cata lys is  p lays a major r o l e  i n  determining coal and r e s i d  conversions and 
d i s t i l l a t e  s e l e c t i v i t y  i n  d i r e c t  l i q u e f a c t i o n .  Although the inherent  mineral 
matter i n  coal i t s e l f  has some c a t a l y t i c  a c t i v i t y ,  external  ca ta l ys ts  must be 
provided t o  ob ta in  s a t i s f a c t o r y  reac t i on  ra tes  and s p e c i f i c a t i o n  products. A 
desc r ip t i on  o f  the s ta tus  o f  l i q u e f a c t i o n  c a t a l y s i s  and ca ta l ys ts  was g iven i n  
some recent reviews (3 ,  4). I n  the  c a t a l y t i c  two-stage l i q u e f a c t i o n  process t h a t  
was studied a t  W i l s o n v i l l e  and HRI i n  the  recent past, alumina-supported 
t r a n s i t i o n  metal c a t a l y s t s  were used i n  the ebullated-bed reactors  t o  f a c i l i t a t e  
coal l i q u e f a c t i o n  and so lvent  hydrogenation. A b r i e f  desc r ip t i on  o f  the two- 
stage l i q u e f a c t i o n  process i s  g iven below t o  b e t t e r  understand the r o l e  and 
importance o f  ca ta l ys ts  i n  each reac to r .  

Process Desc r ip t i on  

I n  the close-coupled two-stage 1 iquefact ion,  two ebullated-bed reac to rs  are i n  
ser ies fo l lowed by a s o l i d s  separat ion system. The pulver ized feed coal i s  mixed 
w i t h  coal-derived r e c y l e  so lvent  and hydrogen and preheated before en te r ing  the 
f i r s t  stage. The s l u r r y  i n  t h e  f i r s t  stage i s  continuously r e c i r c u l a t e d  by the 
use of a pump wh i l e  the  c a t a l y s t  extrudates are ebu l l a ted  i n  an upflow stream. 
Typical reac to r  i n l e t  hydrogen p a r t i a l  pressures and reac to r  average temperatures 
would be i n  the  ranges of 2300 t o  2500 p s i g  and 750 t o  810°F, respec t i ve l y .  
About 90 w t %  of a bituminous coal  conversion genera l l y  occurs i n  the  f i r s t  stage, 
and the degree o f  hydrogenation and d i s t i l l a t e  product ion depend on the operat ing 
condi t ions such as temperature, pressure, c a t a l y s t  type/charge/age, and space 
ve loc i t y .  Depending on t h e  1 i que fac t i on  condit ions, t he  c a t a l y s t  could 
deact ivate due t o  f a c t o r s  such as coking, deposi t ion o f  minerals and basic 
compounds, pore mouth plugging, and s in te r i ng .  To susta in  steady c a t a l y t i c  
a c t i v l t y  i n  the  reactor ,  some deact ivated c a t a l y s t  must be withdrawn and replaced 
w i t h  fresh ca ta l ys t .  Because h igh  c a t a l y s t  deac t i va t i on  ra tes  requ i re  h igh 
c a t a l y s t  replacement ra tes,  developing c a t a l y s t s  t h a t  are r e s i s t a n t  t o  r a p i d  
deac t i va t i on  i s  des i rab le.  Ma in ta in ing  good c a t a l y s t  a c t i v i t y  i n  the f i r s t  stage 
could f a c i l i t a t e  ob ta in ing  h igher  coal conversions, h igher  so lvent  q u a l i t y ,  and 
h igher  r e s i d  crack i  ng/hydrogenat ion. 

The f i r s t - s t a g e  products, which are gases, d i s t i l l a t e ,  r e s i d  ( r e s i d  i s  t y p i c a l l y  
n o n - d i s t i l l a b l e  a t  850°F and 1 atm), unconverted coal, and ash, may be passed 
through an i n te rs tage  separator f o r  removing heteroatom gases ( i . e . ,  gases 
conta in ing su l fur ,  n i t rogen,  and oxygen), 1 i g h t  hydrocarbon gases, and some 
d i s t i l l a t e  before en te r ing  t h e  second stage. Separating the heteroatom gases 
could a l l ow  mainta in ing h igher  hydrogen p a r t i a l  pressures i n  the second stage. 
I n  addi t ion,  undesi rab le reac t i ons  such as methanation could be minimized, 
espec ia l l y  i n  low-rank coal operations. The second stage i s  usua l l y  operated 
under condi t ions t h a t  are favorable f o r  heteroatom removal and f u r t h e r  upgrading 
o f  coal l i q u i d s .  Depending on the  operating mode, i.e., high/low o r  low/high, 
the second stage condi t ions could be, t o  some extent, i n  the range g iven above 
f o r  the f i r s t  stage. The second-stage products are sent t o  various vapor-1 i qu id  
and 1 i q u i d - s o l i d  separat ion systems f o r  product recovery and recyc le solvent 
preparat ion (5-9). 

Supported Cata lysts  

Generally, i n  two-stage 1 i que fac t i on ,  supported ca ta l ys ts  were used i n  b o t h  
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stages f o r  bituminous coals (7-9). On the other  hand, a supported c a t a l y s t  was 
used i n  on ly  one stage a t  W i l s o n v i l l e  i n  most o f  the low-rank coal l i q u e f a c t i o n  
studies; some t e s t s  w i t h  subbituminous coals were, however, made both a t  HRI and 
w i l s o n v i l l e  using supported ca ta l ys ts  i n  both stages. 

A t  Wi lsonv i l le ,  C r i t e r i o n  324 (Shell  324) unimodal Ni-Mo c a t a l y s t  was f requen t l y  
used i n  recent runs. I n  addi t ion,  Ni-Mo bimodal ca ta l ys ts  were a l so  tested i n  
Some runs, e.g., Shel l  317 i n  Run 254, Arnocat-1C i n  Run 257, and EXP-AO-60 i n  Run 
261 (8, 9). These ca ta l ys ts  t y p i c a l l y  conta in  10 t o  13 w t %  molybdenum and 2 t o  
3 w t %  n i cke l  on alumina. The pore volumes i n  unimodal and bimodal c a t a l y s t s  are 
t y p i c a l l y  i n  the ranges o f  0.4 t o  0.5 and 0.7 t o  0.8 cc/g, respec t i ve l y  (9) .  The 
diameters o f  small pores i n  both types o f  ca ta l ys ts  are usua l l y  i n  hundreds o f  
angstroms (e.g., 100-200 "A); however, the bimodal ca ta l ys ts  are d is t inguished 
by the presence o f  add i t i ona l  pores having diameters i n  thousands o f  angstroms 
(e.g., 1000-2000 "A). The l a r g e r  pores i n  bimodal c a t a l y s t s  could f a c i l i t a t e  
d i f f u s i o n  o f  l a r g e  asphaltene molecules and reduce pore mouth plugging. 

Sa t i s fac to ry  performance o f  C r i t e r i o n  324 was observed, when i t  was used as the 
second-stage c a t a l y s t  i n  the rma l / ca ta l y t i c  mode, i n  W i l s o n v i l l e  subbituminous 
coal runs 258 and 260 (8, 10). I n  these runs, the c a t a l y s t  replacement r a t e  was 
i n  the range o f  1.5 t o  3 l b / t o n  coal. S i g n i f i c a n t l y  improved performance of t he  
c a t a l y t i c  stage was observed when C r i t e r i o n  324 was used i n  the  f i r s t  stage i n  
ca ta l y t i c / t he rma l  mode i n  Run 260 (8). It may be pointed ou t  t h a t  i n  these runs, 
an i r o n  precursor was introduced w i t h  coal -so lvent  s l u r r y  t o  cata lyze coal 
conversion. 

High d i s t i l l a t e  y i e l d s  and good product q u a l i t i e s  were obtained w i t h  a deep- 
cleaned Pi t tsburgh seam coal, i n  W i l s o n v i l l e  Run 259, us ing  C r i t e r i o n  324 
c a t a l y s t  i n  both stages a t  a t o t a l  c a t a l y s t  replacement r a t e  o f  8 l b / t o n  coal 
(9). I n  Run 261, t e s t s  were performed w i t h  I l l i n o i s  No. 6 coal  using EXP-AO-60 
and C r i t e r i o n  324 c a t a l y s t s  (8). The t o t a l  c a t a l y s t  replacement ra tes  i n  t h i s  
run were i n  the  range o f  3 t o  6 l b / t o n  coal. I n  Runs 259 and 261, increas ing 
s l u r r y  v i s c o s i t i e s  l i m i t e d  the extent  o f  batch deac t i va t i on  w i t h  C r i t e r i o n  324 
ca ta l ys t .  Sa t i s fac to ry  process performance was obtained us ing EXP-AO-60 ca ta l ys t  
a t  a t o t a l  c a t a l y s t  replacement r a t e  o f  3 l b / t o n  coal (8). The phys ica l  s t rength 
o f  the bimodal c a t a l y s t s  was o f  some concern i n  ebul lated-bed reac to r  operation. 
For example, when l / l t - i n c h  Arnocat-1C c y l i n d r i c a l  extrudates were used i n  
Wi l sonv i l l e  Run 257, a s i g n i f i c a n t  amount o f  the i n i t i a l l y  charged c a t a l y s t  was 
found t o  be broken a t  the end o f  the t e s t s  (11). However, i t  appeared t h a t  some 
other bimodal ca ta l ys ts ,  i .e., 1/16-inch EXP-AO-60 c y l i n d r i c a l  p e l l e t s  tested i n  
Run 261 and 1/20-inch Shel l  317 t r i l o b e  p e l l e t s  tes ted  i n  Run 254, d i d  not  
e x h i b i t  s i g n i f i c a n t  breakage (8, 12). 

HRI developed a c a t a l y t i c  two-stage 1 iquefact ion process operat ing i n  low/high 
temperature mode us ing nickel-molybdenum supported ca ta l ys ts  (7). Some o f  the 
ca ta l ys ts  tes ted  were 1/32-inch Oavison Amocat-IC ca ta l ys t ,  1/20-inch UOP 
spherical ca ta l ys t ,  and 1/32-inch Shel l  317 c y l i n d r i c a l  ca ta l ys t .  An 111 ino i s  
No. 6 coal and an Ohio No. 5/6 coal (both bituminous) and a Wyodak subbituminous 
coal were tes ted  i n  t h i s  process development. I n  t h i s  low/high process, the 
f i r s t - s tage  c a t a l y t i c  ebullated-bed reactor  was operated a t  low temperatures 
(about 750°F). A t  these m i l d  temperatures, coal i s  thought t o  d i sso l ve  slowly 
i n  the recyc le  so lvent  a l lowing the r a t e  o f  c a t a l y t i c  hydrogenation react ions 
t h a t  regenerate the so lvent  t o  be somewhat s i m i l a r  t o  the  r a t e  o f  coal 
conversion. Fur ther  conversion and upgrading o f  f i r s t - s t a g e  .products occur i n  
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t he  second stage operated a t  h igher  temperatures. Higher d i s t i l l a t e  y i e l d s  and 
e x t i n c t i o n  recyc le conversion o f  heavy o i l s  (750"F+ vacuum gas o i l )  were sa id t o  
be some of the major achievements i n  t h i s  lowlh igh mode ( 7 ) .  

Some o f  the recent  supported c a t a l y s t  work a t  H R I  was focused on on- l ine 
hydrot reat ing.  On-l ine hyd ro t rea t i ng  w i t h  Shel l  424,  N i M a  c a t a l y s t ,  was 
e f f e c t i v e  i n  reducing the heteroatom content i n  the d i s t i l l a t e  product. f o r  
example, when a d i s t i l l a t e  having an end-point o f  about 550°F was hydrotreated, 
t he  n i t rogen and s u l f u r  contents were reduced from 1280 t o  9 ppm and 230 t o  14 
ppm, respect ive ly .  I n  add i t i ona l  t e s t s ,  the hydrot reat ing e f f i c i e n c y  was found 
t o  be dependent on the feed end-point ( 1 3 ) .  

Dispersed Cata lysts  

A t  W i l sonv i l l e ,  a r e a d i l y  a v a i l a b l e  i r o n  oxide (minus 325 mesh powder) i n  
combination w i t h  a s u l f i d i n g  agent was used r o u t i n e l y  i n  the l i q u e f a c t i o n  o f  
subbituminous coals. Although t h i s  gave s a t i s f a c t o r y  operation w i t h  two-stage 
coal conversions i n  the  range o f  90 t o  95 wt%, the i r o n  d ispers ion might not have 
been optimum under the l i q u e f a c t i o n  condi t ions.  I n  the recent  past, a molybdenum 
precursor was used a t  W i l s o n v i l l e  i n  the  l i q u e f a c t i o n  o f  the Black Thunder mine 
subbituminous coal (8, 14). The precursor was a complex organic compound 
(commercial name i s  Molyvan L )  con ta in ing  molybdenum, s u l f u r ,  phosphorous, 
carbon, and hydrogen. I t  was used p r i m a r i l y  t o  t e s t  the ef fect iveness o f  
dispersed molybdenum i n  l i m i t i n g  the  so l i ds  bu i ldup f requen t l y  observed a t  
W i l s o n v i l l e  dur ing the  l i q u e f a c t i o n  o f  subbituminous coals. Based on p re l im ina ry  
resu l t s ,  i t  appeared t h a t  t he  s o l i d s  bu i ldup was m i t i ga ted  t o  some extent  when 
the  dispersed molybdenum was used ( 1 4 ) .  Again, as was the case w i t h  the i r o n  
oxide, i t  was no t  c e r t a i n  t h a t  the se lected molybdenum precursor, Molyvan L,  gave 
optimum a c t i v e  metal d ispers ion.  

H R I  recen t l y  t es ted  some i r o n  precursors i n  combination w i th  a supported 
ca ta l ys t .  These i r o n  compounds were magneti te (an oxide magnetic pigment) and 
a p y r r h o t i t e .  I t  was concluded t h a t  these compounds had l i m i t e d  c a t a l y t i c  e f f e c t  

The effect iveness o f  supported c a t a l y s t s  i n  obta in ing h igh  d i s t i l l a t e  y i e l d s  (up 
t o  75-78 w t %  maf coa l )  and good product q u a l i t i e s  was demonstrated both a t  
W i l s o n v i l l e  and HRI; however, the app l i ca t i on  o f  dispersed ca ta l ys ts  i n  p i l o t -  
sca le two-stage l i q u e f a c t i o n  i s  y e t  t o  be thoroughly examined. Some o f  the 
current  a c t i v i t i e s  i n  dispersed c a t a l y s t  development are out1 ined below. 

(15). 

CATALYST DEVELOPMENT 

As s tated e a r l i e r ,  due t o  h igh  deac t i va t i on  rates o f  supported ca ta l ys ts  
c u r r e n t l y  used i n  p i l o t - s c a l e  process development, aged ca ta l ys ts  must be 
con t i nua l l y  replaced t o  susta in  good c a t a l y t i c  a c t i v i t y .  High c a t a l y s t  
replacement ra tes  could c o n t r i b u t e  s i g n i f i c a n t l y  t o  the operating costs i n  a 
commercial process. Although regenerat ion o f  these ca ta l ys ts  could reduce c o s t s .  
e f f e c t i v e  procedures f o r  c a t a l y s t  regeneration are y e t  t o  be demonstrated I n  
p i l o t - s c a l e  operations. I n  add i t i on ,  recovery o f  the metals from spent ca ta l ys ts  
i s  a s i g n i f i c a n t  process expense. Hence, PETC i s  sponsoring research on ' h e  
development o f  new and improved c a t a l y s t s  and c a t a l y t i c  processes. Some o f  ! r o l e  

a c t i v i t i e s  are b r i e f l y  described below. 
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Finely Dispersed Iron and Molybdenum Catalysts: In-House Research at PETC 

Researchers at PETC are developing advanced procedures to obtain finely divided 
forms of iron and molybdenum to yield highly active catalysts for direct coal 
1 i quefact i on appl icati ons. Demonstrating the effectiveness of dispersed 
catalysts in pilot-scale liquefaction units could allow using slurry reactors in 
Place of ebullated-bed reactors at lower capital and operating costs. 

Commercially available, low-cost iron compounds could be used as precursors for 
disposable liquefaction catalysts. However, the activity of catalysts derived 
from readily available iron oxides and iron sulfides could be low due to poor 
initial dispersion, low surface area, and the tendency to aggregate. PETC is 
focusing on preparing ultrafine particles that have significantly larger surface 
area and higher activity compared to the conventional catalysts. 

The well-dispersed iron catalysts can exhibit superior characteristics for use 
in a coal dissolution reactor. In one preparation method, an initial incipient 
wetness impregnation of the feed coal with ferric nitrate was carried out. 
Subsequently, the high dispersion and interaction with the coal surfaces was 
maintained by conversion of the added iron to an insoluble hydrated iron oxide. 
Then, activation of this dispersed hydrated iron oxide at about 525°F was shown 
to result in an effective disposable catalyst for coal conversion (16, 17). 

Under proper activation conditions, two sulfided molybdenum compounds -- amnonium 
tetrathiomolybdate and molybdenum trisulfide -- are very good candidates as 
precursors for a slurry catalyst. In contrast to alternative non-sulfided 
molybdenum catalyst precursors, use of these precursors could reduce the 
activation steps and external sulfur requirements while resultlng in a highly 
active molybdenum disulfide catalyst. Preliminary studies at PETC indicated that 
both precursors thermally decompose to a high surface area molybdenum disulfide 
if the thermal transition was rapid. The catalytic activity was sufficient to 
sustain high coal conversions at molybdenum concentrations as low as 200 to 300 
parts per million (18). 

Laboratory liquefaction tests were made at PETC to evaluate the aforementioned 
iron and molybdenum catalysts. Using iron concentrations as low as 2500 ppm 
(based on coal), liquefaction tests were conducted with Illinois No. 6 coal 
slurried with coal-derived solvents. Conversions of the coal to distillate and 
soluble products at 425'C in H,+3% H,S atmosphere for 1 hr compared favorably with 
conversions obtained under the same conditions using 1500 ppm of molybdenum (16). 
HRI is also currently testing these dispersed iron catalysts prepared at PETC. 
Further development of these catalysts is in progress. 

Hydrous Metal Oxide Catalysts 

Researchers at Sandia National Laboratories are developing catalysts based on 
hydrous titanium oxide (HTO) ion exchangers for application in direct 
liquefaction. The hydrous metal oxide ion-exchangers are amorphous inorganic 
compounds of metals such as Ti, Zr, Nb, and Ta. They offer significant 
advantages as supports in the preparation of catalysts. The following are some 
properties of these ion-exchange compounds that make them desirable as supports 
for active metals: several active metals or mixtures of metals can be atomically 
dispersed over a wide range of concentrations; the ion exchange capacity o f  the 
materials i s  large, permitting high loadings of active metals; solution chemistry 
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can be used t o  prov ide c o n t r o l  o f  t he  ox ida t i on  s t a t e  o f  t he  a c t i v e  metal; and, 
these ma te r ia l s  have h igh  surface areas. For example, hydrous t i t a n i u m  oxide 
ca ta l ys ts  were prepared by a technique t h a t  cons is ted of t h e  synthesis o f  sodium 
hydrous t i t a n a t e  i o n  exchange mate r ia l  fo l lowed by exchanging t h e  sodium f o r  
a c t i v e  metal ions (19). 

Pre l iminary t e s t s  i nd i ca ted  t h a t  t he  HTO ca ta l ys ts ,  even a t  low ac t i ve  metal 
loadings o f  1 ut%, were as e f f e c t i v e  i n  conver t ing coal t o  low molecular weight 
products as a commercial Ni-Mo/Al,O, c a t a l y s t  conta in ing 15 w t %  a c t i v e  metals. 
I n  addi t ion,  f o r  t he  same o i l  y i e l d ,  the HTO ca ta l ys ts  used less  hydrogen than 
t h e  commercial c a t a l y s t  (19). I n  recent  t e s t s  a t  Amoco, a NiMo HTO c a t a l y s t  gave 
s i m i l a r  performance compared t o  a commercial ca ta l ys t ,  bu t  a t  on l y  h a l f  o f  the 
a c t i v e  metal loading (20). Th is  r e s u l t  suggested good d ispers ion o f  Ni  and Mo 
on the HTO c a t a l y s t .  

Metal Carbide and N i t r i d e  Cata lysts  

Researchers a t  Clarkson U n i v e r s i t y  are developing carbides and n i t r i d e s  o f  
t r a n s i t i o n  metals t o  be used as ca ta l ys ts  s p e c i f i c a l l y  f o r  n i t rogen  removal from 
coal  l i q u i d s .  The metal carb ides and n i t r i d e s  are hard, re f rac to ry  mater ia ls  
t h a t  are r e s i s t a n t  t o  corros ion.  In  a t y p i c a l  procedure, Mo,C was prepared from 
MOO, using a CH,/H, reactant  gas. I n i t i a l l y ,  t he  precursor MOO, was reduced t o  
MOO, producing water. I n  the  next  step, f u r t h e r  reduc t i on  and ca rbu r i za t i on  
occured g i v i n g  Mo,C having a surface area o f  about 50-90 d / g  w h i l e  forming 
add i t i ona l  water. When amnonia was used i n  p lace o f  CHJH,, Mo,N having a surface 
area as h igh  as 225 m'/g was produced (21). 

Amoco r e c e n t l y  compared t h e  performances o f  a bu l k  molybdenum n i t r i d e  and an 
a1 umina-supported molybdenum carbide w i t h  Amocat-16 (Mo/A1,0,) and Shel l  324 
(NiMo/Al,O,). These t e s t s  were conducted i n  packed-bed reactors  (14/20 mesh 
c a t a l y s t  s i z e )  under the  f o l l o w i n g  condi t ions:  760"F, 2000 p s i g  t o t a l  pressure, 
10000 SCFB hydrogen f l o w  ra te .  The feed ma te r ia l  was a m ix tu re  o f  a coal-derived 
r e s i d  and Panasol (a  r e f i n e r y  by-product). Coal-derived d i s t i l l a t e s  were a l so  
used i n  some t e s t s .  Th is  p re l im ina ry  study seemed t o  i n d i c a t e  t h a t  the 
molybdenum carb ide and n i t r i d e  c a t a l y s t s  gave products t h a t  were b e t t e r  than 
those obtained us ing Shel l  324 and Amocat-18 (20). Moreover, these carbide and 
n i t r i d e  c a t a l y s t s  seemed t o  have h igher  a c t i v i t y  on a pe r -s i t e  bas is  ( turnover  
r a t e )  compared t o  t h e  comnercial c a t a l y s t s  (21). 

SUMMARY 

PETC i s  a c t i v e l y  pursuing an advanced, novel concepts research program i n  d i r e c t  
l i q u e f a c t i o n  t o  b r i n g  the  technology t o  commercial readiness i n  the near fu tu re .  
O f  t h e  var ious areas being s tud ied i n  t h i s  program, improved ca ta l ys ts  could p lay  
a major r o l e  i n  lower ing thermal sever i ty ,  improving product y i e l d s  and 
s e l e c t i v i t y ,  and improving process con f igu ra t i on .  The ca ta l ys ts  used i n  the 
recent  two-stage l i q u e f a c t i o n  s tud ies a t  W i l sonv i l l e  and HRI,  and the  cu r ren t  
a c t i v i t i e s  i n  c a t a l y s i s  research have been b r i e f l y  reviewed. The commercial 
supported c a t a l y s t s  were found t o  be e f f e c t i v e  i n  two-stage l i que fac t i on .  
Because o f  h i g h  deac t i va t i on  r a t e s  and the need f o r  using ebullated-bed reactors ,  
PETC i s  a l so  focusing on developing dispersed ca ta l ys ts  which w i l l  l ead  t o  the 
use o f  less c a p i t a l  i n tens i ve  s l u r r y  reactors .  Pre l iminary work a t  PETC was 
successful i n  ob ta in ing  f i n e l y  dispersed, h i g h l y  a c t i v e  i r o n  and molybdenum 
ca ta l ys ts .  The PETC Pro ject  O f f i c e  w i l l  continue t o  focus on the development o f  
advanced l i q u e f a c t i o n  reac to r  systems t o  improve the ove ra l l  economics. 
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CATALYSIS OF LOU TEMPERATURE LIQUEFACTION BY MOLYBDENUM SULFIDES 
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INTRODUCTION: 

The use of molybdenum sulfide catalysts in the direct liquefaction 
of coal is well known. Nonetheless, the development and application of 
more effective catalysts, particularly in first-stage liquefaction 
reactors, remains a high priority goal'. When used as unsupported 
catalysts in first-stage reactors, molybdenum sulfides are often 
intended to promote the conversion of coal and to provide better quality 
products for further refining. Typically, temperatures ranging from 400' 
to 465' C are used in first-stage reactors to promote the formation of 
distillable products. Molybdenum catalysts used at these temperatures 
generally increase coal conversion and the yield of distillates, and 
reduce the content of heteroatoms, principally sulfur and oxygen. 
Results described below suggest that molybdenum catalysts might play 
additional roles. The conversion of coal to soluble products at low 
temperatures, generally around 350' C, may be promoted by active 
catalysts, possibly through the prevention of retrogressive reactions*. 
With this in mind, the activity of molybdenum catalysts in low 
temperature liquefaction was investigated. The results indicate that it 
is of value to have the catalyst present in an active form when the 
liquefaction feed stock is brought to temperatures above 300' C. 

EXPERIMENTAL: 

Small-scale liquefaction reactions were carried out in 316 
stainless steel autoclaves of about 40 mL capacity. A set of five 
microautoclaves was heated and shaken (60 cps) in a sandbath. In these 
experiments, the reactors were brought to temperature slowly by heating 
the sandbath at about 6' C/min. The usual charge was 3.5 g Illinois No. 
6 coal, 7 g coal-derived liquefaction solvent, and 1200 psig hydrogen at 
room temperature. Larger scale experiments were carried out in a 316 
stainless steel stirred autoclave of 1/2 L capacity. Typical charges 
were 70 g coal, 140 g solvent, and 1200 psig hydrogen at room 
temperature. Rapid cooling was 
achieved by flowing water through an internal cooling coil. 

Coal conversions were calculated on an maf basis from weights of 
dry residues recovered after vacuum filtration on 8u paper with 
cyclohexane followed by tetrahydrofuran (THF). The catalyst was added 
to the coal by mixing it with about 40% of its weight of an aqueous 
solution of ammonium heptamolybdate or ammonium tetrathiomolybdate 
followed by drying in a vacuum oven at 60' C .  In one case, the catalyst 
was simply added to the reactor as a powder without impregnation. The 
coal was from Burning Star mine, and had the following elemental 
composition: C=78.4%; H=5.1%; N=1.6%; 0=11.4% (by diff.) on an maf basis 
with total S=3.2%. The ash content was 10.4% on a moisture free basis. 
The liquefaction solvent was a hydrotreated distillate (V-178) obtained 
from the Advanced Coal Liquefaction R & D Facility at Wilsonville, 
Alabama. Its carbon and hydrogen contents were C=88.2% and H=9.6%. By 

The heating rate was about 8' C/min. 
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D-1160 d i s t i l l a t i o n ,  84% d i s t i l l e d  below 850' F. 

RESULTS AND DISCUSSION: 

The u s e  of unsu por ted  molybdenum s u l f i d e s  a s  l iquefac t ion  
catalysts is w e l l  known. Nonetheless, a t  t h e  o u t s e t  of t h i s  work, it 
w a s  useful  t o  e s t a b l i s h  whether o r  not  c a t a l y s t  a c t i v i t y  could be 
observed a t  low temperatures ,  Two sets of 
experiments were used t o  v e r i f y  c a t a l y s t  a c t i v i t y .  I n  t h e  f i r s t ,  coal  
conversion (THF) was measured a s  a func t ion  of Cata lys t  loading.  The 
residence time a t  l i q u e f a c t i o n  temperature  (350' C)  was 60 min. The 
conversion v a l u e s  shown i n  F i g .  1 increase  with c a t a l y s t  loading u n t i l  
a p la teau  is reached a t  around 2000 ppm molybdenum. Conversions with 
e i t h e r  ammonium heptamolybdate and ammonium tetrathiomolybdate  were 
genera l ly  s i m i l a r  except  a t  t h e  lowest  concent ra t ion .  These d i f f e r e n c e s  
a s i d e ,  t h e  more important observat ion is  t h a t  t h e  precursors  may be 
a c t i v a t e d  and perform a c a t a l y t i c  funct ion a t  low temperature. 

In addi t ion  t o  i n c r e a s i n g  t h e  conversion of c o a l ,  a c a t a l y s t  may be 
expected t o  increase  t h e  rate of hydrogen consumption. I n  these  
experiments, w e  have no d i r e c t ,  real- t ime indica t ion  of changes i n  
hydrogen p a r t i a l  p ressure .  However, t h e  microautoclaves were equipped 
wi th  pressure  t ransducers  a l lowing t o t a l  p r e s s u r e  t o  be recorded a s  a 
funct ion of reac t ion  t i m e .  The time/temperature and t ime/pressure 
p r o f i l e s  f o r  a se t  of au toc laves  heated t o g e t h e r  i n  t h e  sandbath a r e  
given i n  Figure 2. The pressure  increased with temperature, a s  
expected. A peak i n  t o t a l  p ressure  is observed a shor t  t i m e  a f t e r  t h e  
temperature reached 350' C. Thereaf te r ,  t o t a l  p ressures  decl ined.  

The pressure  p r o f i l e s  shown r e s u l t  from a composite of t h e  e f f e c t s  
of temperature changes, hydrogen uptake, and production of o t h e r  gases  
o r  vapors. Despite t h i s  complexity, important information may still be 
der ived from t h e  p r o f i l e s .  Peak pressure  developed s h o r t l y  a f t e r  
reaching l iquefac t ion  temperature ,  i n d i c a t i n g  t h a t  t h e  major por t ion  of 
g a s  formation is rap id ,  being almost complete within severa l  minutes of 
reaching reac t ion  temperature .  Analysis of t h e  gases  recovered a t  t h e  
end of t h e  run i n d i c a t e s  t h a t  t h e  major component of  t h e  non-condensable 
gases  evolved is COz, wi th  a lesser amount of CH,. Once gas  evolut ion 
slows, a gradual  decrease i n  t o t a l  p ressure  i s  observed. This  decrease 
is reasonably a t t r i b u t e d  t o  hydrogen uptake. Although t h e  decrease  is 
l a r g e r  when c a t a l y s t  has  been added, it is e v i d e n t  even when it has  not .  
I t  i s  p o s s i b l e  t h a t  a n a t i v e  c a t a l y t i c  e f f e c t  of coa l  mineral mat ter  may 
cont r ibu te  t o  t h e  pressure  decrease.  Indeed, t h e  I l l i n o i s  No. 6 coal  
used i n  t h i s  work has  a high i r o n  content  (1.1 w t % ,  mf). 

The changes i n  t o t a l  g a s  pressure  r e f l e c t  t h e  e f f e c t s  of both 
temperature changes and chemical reac t ions .  An at tempt  t o  f a c t o r  out  
t h e  former  w a s  made by es t imat ing  t h e  pressure  change t h a t  would be due 
t o  the  temperature change. This  es t imate  was based on a least  squares  
fit of t h e  temperature/pressure d a t a  u s i n 3  t h e  f i r s t  t h r e e  p o i n t s  
Covering t h e  temperature span from 1 5  t o  2 1 9  C. The r e s u l t i n g  l i n e a r  
equation was then used t o  c a l c u l a t e  expected pressures  f o r  higher  
t e m  e ra tures .  This  es t imat ion  assumes t h a t  t h e  evolut ion of gases  below 
2 1 9  C is negl ig ib le .  The d i f f e r e n c e  between t h e  c a l c u l a t e d  and observed 
pressures  is  a rough es t imate  of t h e  combined e f f e c t s  of gas  production 
and hydrogen uptake. Pressure d i f f e r e n c e s  c a l c u l a t e d  from t h e  da ta  i n  
Figure 2 a r e  p l o t t e d  v e r s u s  t i m e  i n  Figure 3. 

The d i f f e r e n c e  between ca ta lyzed  and non-catalyzed l i q u e f a c t i o n  is 
r e a d i l y  apparent .  In  t h e  ca ta lyzed  cases ,  t h e  pressure  peak is reduced 
and hydrogen uptake begins  t o  dominate wi th in  t h e  f i r s t  15 minutes a t  
350' C. Coal conversions were a l s o  somewhat higher ,  being 91-92% f o r  a l l  
catalyzed cases  a s  opposed t o  87% without  c a t a l y s t .  By cyclohexane 
e x t r a c t i o n ,  conversions with c a t a l y s t  ranged from 1 2 %  t o  a s  high a s  21% 

P 
i n  t h i s  c a s e  about 350' C.  

g 
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for 5000 ppm MO. The value without catalyst was only 7 % .  Clearly the 
precursor was activated at 350' C and the resulting catalyst played an 
important role in the early stages of the liquefaction reaction. 

The relative rates of hydrogen uptake at times beyond the pressure 
peak are also interesting. The rates are nearly identical for Catalyst 
loadings of 1000 and 5000 ppm Mo. At these levels, the rate of 
hydrogenation seems to be limited by factors other than the amount of 
catalyst present. It is also apparent that the rate of hydrogen uptake 
falls off with time until it approaches that observed in the absence of 
added catalyst. This observation was grounds for asking whether or not 
the catalyst was progressively deactivated. 

To determine if the catalysts were in fact deactivated, the 
tetrahydrofuran insoluble residues recovered after product work-up were 
mixed with fresh coal slurry and a second cycle of liquefaction was 
performed. For comparison, simultaneous experiments were made with and 
without the addition of ammonium molybdate powder. The 
temperature/pressure-difference profiles are shown in Figure 4 .  The 
experimental conditions were the same as the initial liquefaction 
experiment, except that the temperature was increased to 425' C after 120 
minutes at 350' C. The pressure differences were calculated as before. 
As may be seen in the Figure, catalytic activity is quite apparent for 
the material recovered from the previous experiment. Improvements in 
coal conversion were also obtained by using the liquefaction residue. 
Values determined by THF extraction were 95% with liquefaction residue, 
86% with ammonium molybdate, and 85% without catalyst. Measured by 
cyclohexane extraction, the values were 6 4 % ,  36%, and 38%, respectively. 

It is important to note that the liquefaction residue demonstrated 
catalytic activity as soon as the temperature reached 350' C. The 
recovered catalyst was not only active, but able to participate in 
liquefaction reactions during the first few critical minutes. A pattern 
of hydrogen uptake similar to that seen in the previous experiment is 
repeated here. With added liquefaction residue, the rate of hydrogen 
uptake diminished with time until it approached that for the non- 
catalyzed case. However, when the temperature was increased to 425' C, 
the apparent hydrogen uptake was much greater in the presence of the 
liquefaction residue. From the results of temperature programming, it 
seems the catalyst acts as a cofactor in processes that are initiated by 
thermal reactions. Thus, as the temperature is brought up to each 
plateau, a new but limited burst of catalyzed hydrogen uptake initiated. 
These observations are in accord with the concept of catalytically 
controlled thermal cracking postulated for petroleum residua and other 
heavy hydrocarbons3. In that concept, MoSZ was pictured as hydrogenating 
thermally produced free radicals, thus inhibiting the formation of coke. 

Comparison of the addition of the liquefaction residue with 
addition of ammonium molybdate in the form of a powder illustrates the 
importance of dispersing the catalyst precursor. The added ammonium 
molybdate powder performed only marginally better than coal without 
added catalyst, even though twice as much molybdenum was added in the 
form of the powder as in the liquefaction residue. This relatively poor 
performance most likely resulted because no effort was made to disperse 
the catalyst precursor. By contrast, the precursor used to generate the 
catalyst in the liquefaction residue had been dispersed on the coal in 
the first liquefaction experiment. Thus, a major benefit of dispersing 
a precursor on Coal is that more effective catalysts may be produced. 
This benefit is separate from any derived by improved contact between 
coal and catalyst brought about by dispersing the precursor. It should 
be emphasized that in the second liquefaction experiment, the added 
catalyst was physically associated with the liquefaction residue from 
the previous experiment. The degree of contact with fresh coal was then 
governed by the extent of mixing in the reactor. Experiments directed 
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tovard improving the contact between the coal and catalyst thus need to 
take into account the effect the chosen method of dispersing the 
precursor might have on the physical properties of the resulting 
catalyst. It is also apparent that tailoring the conditions of the 
preparation of an unsupported catalyst may have a large effect on its 
performance in a process that makes use of catalyst recycle. 

The recovery of the catalytic material in the previous experiments 
entailed the solvent separation of the liquefaction products. Thus, the 
catalyst was exposed to several laboratory operations that could have 
degraded its performance in the subsequent liquefaction cycle. These 
extraneous influences make it more difficult to conduct a systematic 
program to improve the preparation of these catalysts. A way around 
this problem was devised by preparing catalysts under liquefaction 
conditions in a microautoclave, then transferring them without work-up 
to a 1/2 L stirred autoclave for performance testing. In this way, a 
small volume of liquid product containing active catalyst can be mixed 
with a larger volume of fresh feed slurry before liquefaction. In this 
testing scheme, the precursor loading in the preparation stage must be 
high in order to supply enough catalyst for the performance test in the 
stirred autoclave. Initially, 20,000 ppm of ammonium molybdate on coal 
was used in the preparation, which reduced to 1000 ppm Mo after dilution 
with 20 times as much fresh coal in the performance test. 

Initial tests of this preparation/testing scheme revealed that the 
introduction of active catalyst to the stirred autoclave often led to 
exothermic reactions as the temperature approached about 350' C. In 
general, the extent of these exotherms varied according to the type and 
amount of catalyst used. Thus, the temperature profiles were not 
reproducible. To obtain better control, a temperature staged testing 
program was adopted. One such temperature profile for a noncatalyzed 
liquefaction experiment in the 1/2 L stirred autoclave is illustrated in 
Figure 5 .  In this example, 20 minutes was spent at 300' C, followed by 
60 minutes at 325' C, then 50 minutes each at 350' and 375' C. The total 
pressure rose until10 minutes after reaching 325OC. Expected pressures 
were calculated based on the initial pressure change as done before. 
The difference between expected and observed pressures is plotted in 
Figure 6. For comparison, the pressure difference profile for a case 
with added catalyst is presented in Figure 7. The heating program was 
closely similar to the non-catalyzed example, but they are not 
identical. Several important observations may be made by comparing the 
two pressure difference profiles. First, in the non-catalyzed case, the 
onset of the pressure .peak is evident as the temperature approaches the 
first plateau, 315' C, and it is much larger in magnitude than in the 
catalyzed case. This apparent increase in hydrogen uptake is further 
evidence that the catalyst carried in the liquefaction products of the 
previous run is able to function during the initial stage of the 
liquefaction reaction. Second, the pressure difference at the end of 
the heating program is much more negative with than without added 
catalyst. Third, the rate of pressure change in the presence of 
catalyst is nearly constant once the pressure peak has passed. It is 
striking that the rate of uptake does not seem to be affected by the 
changes in temperature. This is somewhat different than the profile 
from the microautoclave experiment shown in Figure 4 ,  which exhibited a 
distinct change in rate as the temperature increased to the next 
plateau. It may be that the smaller temperature changes in the stirred 
autoclave experiment combined with a fortuitous choice of intervals 
between temperature changes produced a constant rate of uptake. 

CONCLUSIONS: 

The results obtained in this work indicate several factors are 
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important to using unsupported molybdenum sulfide catalysts more 
effectively in the first stage of liquefaction. Since catalysts are 
able to participate in liquefaction reactions at low temperatures, it is 
important that they be present in an active form rather than allow this 
one-time opportunity to pass while a precursor undergoes transformation. 
One approach to this objective is demonstrated here, namely, preparation 
of a catalyst from a precursor dispersed on coal in a Small reactor 
followed by mixing the entire liquefaction product with fresh slurry for 
use in a larger reactor. Impregnation of the precursor on coal seems to 
be of benefit to generating a better catalyst. Such a prepared catalyst 
is able to perform well in subsequent liquefaction tests even though it 
is only physically mixed with coal, not impregnated in any way. It is 
also clear that evaluation and comparison of liquefaction catalysts is 
complicated by the fact that performance is governed by many factors, 
not just catalyst activity. For example, during typical liquefaction 
experiments, the catalytic properties of a precursor added with the feed 
undergo considerable change during the course of the reaction. For this 
reason, the results given above are taken as measures of overall 
catalyst performance rather than catalyst activity. In the present 
context, the latter may not be a static characteristic. 
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DEVELOPMENT OF THIN FILM HYDROUS METAL OXIDE 
SUPPORTED CATALYSTS FOR DIRECT COAL LIQUEFACTION' 

R. G. Dosch. L. 1. McLaughlin, H. P. Stephens 
Process Research Division 

and T. J. Headley 
Electron Optics Division 

Sandia National Laboratories 
Albuquerque, New Mexico 

INTRODUCTION 

In order to achieve optimum yields of distillate, current two-stage liquefaction 
processes, as evaluated in pilot research facilities consume as much 4 to 8 Ibs of 
catalyst per ton of moisture-free coal fed to the reactors. The cost of catalyst for 
these replacement rates ranges from $4 to $6 per barrel of distillate product. If the 
cost of disposal of spent catalyst is considered, the cost could be substantially more. 
Thus a very important factor in achieving $30/bbl liquids from coal is the development 
of less expensive catalysts or catalysts with better activity, selectivity and life. 

The goal of this project is to develop catalysts, based on hydrous metal oxide (HMO) 
ion exchangers, that improve the efficiency and economics of conversion of coal to 
distillate products. Continuous reactor tests performed by AMOCO [1.2] have shown 
that preliminary formulations of one member of this class of catalysts, NiMo hydrous 
titanium oxide (HTO) catalysts were comparable or superior to 25 other commercial 
and novel formulations tested by AMOCO for second-stage upgrading of coal- 
derived resid. Thus efforts have focused on optimizing HTO supported catalysts, and 
recent research has resulted in formulation of NiMo/HTO catalysts with lower active 
metal loadings and increased activity. This paper reports the status of recent HTO 
catalyst research, especially the development of thin-film HTO-coated supports. 

Although other HMOs, based on Zr, Nb or Ta may also provide good catalyst 
supports, HTO supports were chosen for initial development because the raw 
materials required to form HTOs are more readily available and less expensive than 
those required for other HMOs. A promising method to produce inexpensive 
catalysts with properties tailored to a specific process is the application of HTO 
catalysts as thin film coatings on other support structures. Development effort has 
concentrated on molybdenum as the major active metal in both the bulk and thin-film 
HTO catalysts. The choice of molybdenum as the major active component is based 

* This work was supported by the US Department of Energy at Sandia National 
Laboratories under contract DE-AC04-76DP000789 
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on the fact that the most successful liquefaction catalysts currently in use (e.g. Shell 
324M and Amocat 1 C) contain molybdenum as the major active metal. Catalysts 
developed in this program have been evaluated with laboratory micro-scale reactors, 
and will ultimately be evaluated with bench-scale units, such as the PETC Generic 
Unit, and a large-scale process development unit. 

CATALYST PREPARATION 

Hydrous titanium oxide catalysts are prepared by a technique that consists of 
synthesis of sodium hydrous titanate ion exchange material followed by ion 
exchange of the sodium for active metal ions [3]. The synthesis involves three steps: 

(1) Reaction of tetraisopropyl titanate with sodium hydroxide in alcohol solution to 
form a soluble intermediate: 

CH30H 
Ti(OCSH7)d + NaOH - Soluble Intermediate 

(2) Hydrolysis of the soluble intermediate in acetondwater mixtures to form the 
hydrous metal oxide ion exchange material: 

Acetone, H20 
Soluble Intermediate - NaTipOsH 

(3) Ion exchange of the sodium for active metal ions in aqueous solution to form the 
catalyst: 

2NaTi205H + Ni+* aq -P 2Na+ + Ni(Ti205H)2 

In addition to the capacity to exchange metal cations, contact of the ion-exchangers 
with acidic solutions results in exchange of hydrogen ions, which alters the acidity 
and catalytic activity of the material. The materials can also function as anion 
exchangers in acidic solutions, allowing adsorption of metals that exist as aqueous 
oxygenated anions; molybdates, for example. 

Catalyst preparation by coating inert supports with a thin film of a hydrous metal 
oxide ion-exchanger offers the potential of tailoring catalyst activity and selectivity by 
appropriate choice of active metal combinations and substrate physical properties 
such as strength, surface area, and pore size. Additionally, an excellent dispersion 
of active metals may be achieved by this technique. 

Preparation of coated-support catalysts involves three steps: 

(1) Synthesis of the water or alcohol soluble hydrous titanium oxide as in step (1) 
above; 
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(2) Deposition of an ion exchange coating by contacting the support with an 
aqueous or alcoholic solution of the soluble hydrous titanium oxide ion 
exchanger; 

(3) Ion exchange of the cations of the HTO coating for those of a catalytically active 
metal in aqueous solution as in step (3) above. 

Because active metals are dispersed on HTO catalysts by ion exchange, they are 
chemically associated with the HTO support. Therefore activation techniques must 
result in release of the active metal components from the HTO support. For 
example, activation [4] of Mo-based HTO catalysts is performed in two steps: (1) 
calcination in air at 500OC to release the Mo and promoter ions from the HTO 
structure, followed by (2) sulfidation at 425OC with a 10% mixture of H2S in HP. 

' 

CATALYST TESTING 

Initial tests have been conducted on powdered (-1 00 mesh) and particulate catalysts 
(granular, extrudate. or spherical) using batch microautoclaves for rapid screening 
of a large number of preparations to determine their activity for model reactions such 
as pyrene hydrogenation and dibenzothiophene desulfurization. The batch 
microautoclaves have liquid reactant capacities of 2 cc and a gas-phase volume of 
25 cc. Four reactors can be operated simultaneously. A typical experiment is 
carried out as follows. After being charged with the catalyst and reactant, the 
reactors are heated to temperature in a fluidized sand bath while being shaken with 
a wrist-action motion at 200 cycleslmin. Temperatures and pressures are recorded 
with a digital data acquisition system during the course of the experiments. 
Following the heating period, the reactors are rapidly quenched to ambient 
temperature, a gas sample is taken and the products are removed for analysis by 
various techniques, including gas and liquid chromatography and elemental 
composition. For sulfided NiMo catalysts, pyrene hydrogenation tests are typically 
carried out at 300OC and 500 psig cold charge hydrogen pressure, and 
dibenzothiophene desulfurization at 350OC and 1200 psig. For the more active 
noble metal catalysts such as Pd/HTO, pyrene hydrogenation experiments are 
typically performed at lOOoC and 100 psig. 

RESULTS AND DISCUSSION 

Bulk-Phase NiMo/HTO Catalvsts 
The development of NiMo/HTO catalysts has progressed to the point where the 
hydrogenation activity of HTO-supported materials, as measured by the 
hydrogenation of pyrene, is significantly higher than that of commercially available 
NiMo/AlaO3 catalysts used for coal liquefaction. NiMo/HTO catalysts exhibiting 
pseudo-first-order rate constants for pyrene hydrogenation of 0.1 9 sec-1 g cat-1 
(I  .66 secl g Mo-1) for the powdered catalyst (-100 mesh) can be routinely prepared. 
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This hydrogenation activity can be compared to that of 0.16 Secl g cat-1 (1.21 sec1 
g Mo-1) for powdered Shell 324M in tests run under identical conditions. 

Further advances in catalytic activity have been made via a combination of HTO 
substrate modification and changes in metal loading techniques. Addition of 
tetraethylorthosilicate in the first step of the synthesis to achieve a Ti/Si ratio of 0.2 
for the ion-exchanger was found to further increase activity. The Nao,~Ti/O.2Si 
supports were converted to the Ho.sTi/0.2Si form prior to metal loading. Mo was 
introduced onto the support via an ion exchange reaction. Following drying at 
IOOOC, Ni was introduced by wetting with a minimum amount of aqueous Ni(N03)~ 
solution. With this method, most, but probably not all of the Ni is fixed on the 
support via ion exchange. After the Ni loading step, the materials were dried at 
lOOoC, pelletized, calcined at 50OOC. and sullided at 425oC prior to testing. The 
powdered form of this catalyst (8.69% Mo, 2.95%Ni) was found to have a pseudo- 
first-order rate constant for pyrene hydrogenation of 0.22 secl  g cat-' (2.32 sec1 g 
Mo-1). The catalyst weight basis desulfurization activity as measured by the 
pseudo-first-order rate constant for dibenzothiophene desulfurization (0.027 set-1 g 
cat-1) was found to be the same as that for freshly sulfided, -200 mesh Shell 324M 
(0.027). However, on a weight of Mo basis, the desulfurization activity is about 50% 
greater, because of the lower Mo loading on the Si modified HTO catalyst. It 
appears that the increase in activity due to silicon addition is achieved, in part, by 
the stabilizing effect that Si has on the surface area of the calcined and sulfided 
catalysts. Catalysts containing silicon have approximately 60% higher surface area 
than preparations without silicon (150 vs 90 mYg). 

Transmission electron microscopy (TEM) of the sulfided NiMo/HTO and commercial 
NiMolalumina catalysts has shown that the greater activity of the HTO catalysts 
appears to result from a better dispersion of the Mo sulfide crystallites. Whereas the 
alumina catalysts appear to contain 50 to 70 angstrom-size stacks of 4-6 MoS2 
layers supported on amorphous alumina (figure I ) ,  the HTO catalysts contain 50 to 
70 angstrom-size crystallites of only 1-2 MoS2 layers supported on 100 to 150 
angstrom diameter anatase crystallites (figure 2) formed during the calcination 
process. 

HTO-Coated Catalyst Suooorts 
The information obtained from the development of bulk-phase HTO catalysts was 
found to be directly applicable to the preparation of thin-film NiMo/HTO catalysts on 
pre-formed supports. Application of HTO catalysts as thin films on support material 
is a promising approach to preparing inexpensive catalysts, because smaller 
amounts of HTO ion-exchanger material and active metals are required, and 
inexpensive supports may be used. Initially thin-film NiMo/HTO catalysts supported 
on a material referred to as controlled pore glass (CPG), available in -20 mesh 
granular form, were prepared. Results of experiments performed to compare the 
hydrogenation activities of bulk-phase and thin-film Pd/HTO-coated and NiMo/HTO- 
coated CPG catalysts showed that the thin-film catalysts had comparable or greater 
activities on a weight of active metal basis. 
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Recently NiMo/HTO-coated catalysts have been prepared using a porous silica 
support in spherical form, 1.5 mm in diameter. The silica spherical support has a 
surface area of 55 mYg, an average pore diameter of 77 nm, and a total pore volume 
of 1.00 cclg. The spheres were first coated with a thin film of HTO followed by 
exchange of Mo and Ni onto the thin film to achieve nominal Mo loadings of 1 % and 
Ni loadings of 0.3%. Following calcination and sulfidation, the catalysts were tested 
for their activity for hydrogenation of pyrene to 4.5-dihydropyrene at 300OC. and 
desulfurization of dibenzothiophene at 350%. These spherical silica NiMo/HTO- 
coated catalysts had weight basis rate constants for pyrene hydrogenation of 0.032 
t 0.003 sec-1-g cat-1 as compared to 0.041 for Shell 324M extrudate (0.78 mm 
diameter by 4 mm long) and 0.038 for Amocat 1C extrudate (1 5 9  mm diameter by 6 
mm long). On a weight of active metal (Mo) basis, the rate constants ranged from 
2.6 to 3.5 secl g Mol,  a factor of ten greater than that of 0.31 for Shell 324M. For 
dibenzothiophene desulfurization, rate constants of 0.0081 ! 0.0003 secl g cat1 
were determined for the NiMo/HTO-coated silica spheres, compared to 0.016 for 
Shell 324M. Thus the HTO-coated silica sphere catalysts, which contained only one- 
tenth as much active metal as Shell 324M. exhibited half of the dibenzothiophene 
desulfurization activity on a weight of catalyst basis. On a weight of Mo basis, 
because of the low active metal loadings, the HTO coated sphere catalysts had 
activities six times that of Shell 324M. 

The high activity, on a weight of Mo basis, for these spherical silica HTO-coated 
catalysts is due, in part, to their high effectiveness factor (ratio of the rate constant 
for the catalyst spheres to that of the powdered catalyst), which was determined to 
be 0.75 (for hydrogenation), compared with the much smaller values of 0.27 and 
0.22 for Shell 324M and Amocat 1C. This result is undoubtedly due. in part, to 
differences in the effective diffusivity resulting from the more open pore structures of 
the silica spheres. A factor contributing to the higher Mo weight basis activity of the 
NiMo/HTO-silica sphere catalysts is the better dispersion of MoS2 achieved by the 
HTO coating process. TEM analysis (figures 3 and 4) has shown that, as with the 
case for the bulk-phase HTO catalysts, the MoS2 crystallites for the coated catalysts 
consist of 50-70 angstrom-size crystallites of 1-2 layers of MoS2 attached to small 
anatase crystallites. These results demonstrate that the HTO coating method can be 
used to produce a catalyst with a low active metal loading, satisfactory activity, and 
a geometry amenable to existing reactor systems. 

CONCLUSIONS 

Hydrous titanium oxides are extremely versatile materials for preparation of coal 
liquefaction catalysts. Screening tests of catalyst activity with feeds that model coal 
liquefaction reactions have shown that bulk HTO catalysts with activities significantly 
greater than commercial NiMo/alumina catalysts can be prepared. Preliminary 
formulations of bulk-phase NiMo/HTO catalysts have also performed well in 
continuous microreactor tests [ l ]  for upgrading coal-derived resid. In addition, 
catalysts prepared from HTO-coated supports, containing one-tenth the active 
metals of commercial alumina-supported Catalysts, have been found to exhibit high 
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hydrogenation and desulfurization activities on a weight of Mo basis. Thus, HTO- 
coated support materials offer a promising method to produce cost-effective 
catalysts with mechanical, physical and catalytic properties tailored to specific direct 
liquefaction process applications. 
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Figure 1. Transmission Electron Micrograph of sulfided NiMo/alumina catalyst containing 13.2% 
Mo and 2.7% Ni. A typical crystallite containing a "stack" of 4 M o S ~  layers (dark lines) is 
shown within circled area. Many other "stacks" of 4-6 Mo& layers can be observed. 

Figure 2. Transmission Electron Micrograph of sulfided NiMoRCTO catalyst containing 10.2% Mo 
and 3.4% Ni. Typical crystallites containing one Mo% layer (dark line) conforming to 
the shape of an anatase crystallite is shown within circled area. Many other crystallites 
of one Mo% layer can be ObseNed. 
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Figure 3. Transmission Electron Micrograph of sulfided NiMoMTO supported on porous silica. 
This catalyst contains 1.3% Mo and 0.2% Ni. The silica support is seen as the larger 
irregularly shaped material (circled), approximately 100 nm in size. The smaller material 
(10 nm in size, darker spots) on the silica are crystallides of anatase with MoS, attached. 
The circled area is shown magnified by a factor of 3 in Figure 4. 

Figure 4. Transmission Electron Micrograph of sulfided NiMo/HTO supported on porous silica. 
The circled area shows a typical crystallite of anatase with a crystallite containing a 
single layer of MoSz (dark line) attached. 
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ABSTRACT 

Supported Ni/Mo catalysts have been used successfully for liquefaction of 
Illinois No. 6 bituminous coal at the Advanced Coal Liquefaction facility in 
Wilsonville, AL. In Run 261, coal conversions of 92-93% and C,+ distillate 
yields of 64-65% were obtained with Akzo's EXP-A060 catalyst or Shell 324. 
These results are excellent, however, process costs could be decreased by use of 
a dispersed catalyst in a slurry reactor. Research was undertaken to evaluate 
dispersed Mo catalysts for liquefaction of Illinois No. 6 coal under DOE 
Contract DE-AC22-88PC88819. 

Resid conversion improved when oil-soluble Molyvan L replaced AmocatM 1C 
catalyst in the first stage (192 ppm Mo/coal). Raising the first stage 
temperature from 800°F to 820°F increased resid conversion further. Use of 
Molyvan L or Mo octoate (84-192 ppm Mo) as the only catalyst also gave high 
resid conversion. Furthermore, about the same yield structure was obtained at 
half the residence time and higher temperature. With the oil-soluble Mo 
catalysts, distilled fractions contained more heteroatoms, which must be removed 
in a subsequent hydrotreating step. Based on these tests, oil-soluble Mo 
catalysts are recommended for liquefaction of Illinois No. 6 coal. 

INTRODUCTION 

Illinois No. 6 coal has served as the reference liquefaction feedstock at the 
Advanced Coal Liquefaction facility in Wilsonville, Alabama for several years. 
The process has evolved over time from single-stage high-severity to two-stage, 
moderate severity. Significant improvements have been made in coal conversion, 
energy rejection during solids separation, distillate yield, and coal 
throughput. The best results to date were obtained using a new catalyst, EXP- 
AO-60, with a pore structure similar to Amocat" catalysts, in the two stage 
catalytic process. 
supported catalyst that gives a large beneficial effect on process economics. 
Improvements are more likely to come from significant process changes. With 
this in mind, oil-soluble molybdenum catalysts for liquefaction of Illinois No. 
6 coal were tested in this work in place of the supported catalyst in one or 
both stages. Use of oil-soluble catalysts would simplify reactor design and 
decrease reactor cost. Molyvan L ( 8 %  Mo, $3.20/lb.) and molybdenum octoate (8% 
Mo, $2.00/lb.) are commercially-available oil-soluble lubricant additives. 
Molyvan L was used as a first stage catalyst for liquefaction of Black Thunder 
coal in Wilsonville run 2 6 2  (Shell 324 in stage 2 )  and the only catalyst in 
Wilsonville run 263. 
octoate for liquefaction of Illinois No. 6 coal. 
suggesting that oil-soluble molybdenum compounds are good alternative catalysts 
for a Wilsonville-type process with Illinois No. 6 coal feed. 

EXPERIMENTAL 

Analyses of the Illinois No. 6 coal feed, from Wilsonville Run 257, is given in 
Table 1. Liquefaction solvent was a blend of V-1074 and V-203 liquids from 
Wilsonville Run 257. The analysis is given in Table 2 .  The bench-scale 
liquefaction runs were made in AU-135L continuous, two-stage pilot plant with 1- 
liter stirred autoclave reactors. Feed slurries consisted of 33/67 mixtures of 

It is becoming increasingly difficult to develop a new 

This paper describes use of Molyvan L and molybdenum 
Results were very promising, 
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coal / l iquefac t ion  so lvent .  
feed tank without add i t iona l  s u l f i d i n g  agent.  Two runs with d ispersed  c a t a l y s t  
were completed, one with Molyvan L added to  the  feed as the f i r s t  s t age  c a t a l y s t  
and Amocatm 1 C  c a t a l y s t  i n  the  second r eac to r ,  and one with Molyvan L o r  
molybdenum octoa te  and no supported second s t age  c a t a l y s t .  Amocat" 1 C  c a t a l y s t  
was presu l f ided  with 8% hydrogen s u l f i d e  i n  hydrogen before use .  Product 
s o l u b i l i t y  was determined by mi l l ipore  f i l t r a t i o n ,  d i s t i l l a t e  y i e lds  were 
determined by modified D-86 and D-1160 d i s t i l l a t i o n ,  and d i s t i l l e d  f r a c t i o n s  
were analyzed f o r  C ,  H, S ,  N ,and 0. Unconverted s o l i d s  were analyzed f o r  
metals by ICP ( induct ive ly  coupled plasma spectroscopy).  

Molwan L Cata lvs t  i n  Stage l/Amocat" 1 C  Cata lvs t  i n  Staee 2 

Liquefaction of I l l i n o i s  No. 6 coa l  may place g rea t e r  demands on the  c a t a l y s t  
f o r  hydrogenation of aromatics than l iquefac t ion  of Black Thunder coa l .  This 
t e s t  used Molyvan L i n  the  f i r s t  s t age  and Amocat" 1 C  c a t a l y s t  i n  the  second 
stage to  keep hydrogenation a c t i v i t y  high. Feed s l u r r i e s  contained 800 ppm of 
Molyvan L (192 ppm molybdenum as  a f r a c t i o n  of coa l ) .  Operating temperatures 
were 800-820 "F f o r  the  f i r s t  s t age ,  and 760 "F f o r  the  second s t age .  Nominal 
residence times were 1 . 5  hour i n  each s tage  or  3 hours ove ra l l .  The run was 
operated with s l u r r y  feed f o r  15 days,  and then with so lvent -only  feed f o r  6 
days. 

RESULTS 

Product y i e lds  a r e  compared t o  those from Amocat 1 C  i n  Table 3. The run with 
Molyvan L i n  the  f irst  s t age  is l abe l l ed  "T/C" and the run with AmocatM 1 C  
ca t a lys t  i n  the  f i r s t  s t age  is  l abe l l ed  "C/C" .  A t  800"F, the  r e s i d  y i e l d  was 
lower with Molyvan L than with AmocatM 1 C  f i r s t  s tage  c a t a l y s t  (15% vs. 28%). 
Resid y i e l d  decreased t o  7% wi th  Molyvan L when the f i r s t  s tage  temperature was 
ra i sed  from 800 t o  820'F. Yields of 650-935°F d i s t i l l a t e  increased from 5% t o  
13% with Molyvan L ,  and y i e lds  of 360-650'F d i s t i l l a t e  increased  from 35% t o  43% 
a t  the h igher  first s t age  temperature.  
consumption increased only s l i g h t l y  a t  820°F. 

Analyses of d i s t i l l e d  products a re  given i n  Table 5. 
f i r s t  s t age  gave b e t t e r  hydrogenation and heteroatom removal i n  the l i g h t e s t  
(360-650°F) f r a c t i o n  than Molyvan L .  
smaller pore c a t a l y s t s  a r e  most e f f e c t i v e  f o r  hydro t rea t ing  l i g h t  d i s t i l l a t e  
f r ac t ions .  The Molyvan L a c t s  l i k e  a very la rge-pore  c a t a l y s t .  

Spent second s tage  c a t a l y s t  analyses a r e  given i n  Table 6 .  
the  f i r s t  s t age ,  second s tage  c a t a l y s t  was i n  worse shape than when it  was 
protected by Amocat" 1 C  f i r s t  s t age  c a t a l y s t .  
v s .  8%) ,  the sur face  a rea  was lower (84 vs .  151 m2/g), the  pore volume was lower 
(0 .21  vs. 0.38 cc /g ) ,  and metal depos i t s  were higher.  Sol ids  appear t o  depos i t  
on the f i r s t  supported c a t a l y s t  t h a t  i s  ava i l ab le .  I n  f a c t ,  spent  second s t age  
ca t a lys t  from the  run with Molyvan L i s  s imi l a r  t o  spent f i r s t  s tage  Amocatm 1 C  
c a t a l y s t .  The second s tage  c a t a l y s t  replacement r a t e  would have t o  increase  i f  
Molyvan L w a s  used i n  the  f i r s t  s t age .  

Molyvan L O K  molybdenum octoa te  were added t o  the 

Hydrocarbon gas y i e lds  and hydrogen 

Amocat" 1 C  c a t a l y s t  i n  t he  

This r e s u l t  is not  su rp r i s ing  because 

With Molyvan L i n  

Carbon l e v e l s  were h igher  (25% 

Disuersed Molvbdenum Cata lvs t s  i n  S taees  1 - 2  

Molyvan L o r  molybdenum octoa te  were t e s t e d  without supported c a t a l y s t  f o r  
l iquefac t ion  of I l l i n o i s  No. 6 coa l  a t  192 ppm and 84 pprn Mo:coal (64 and 26 ppm 
M0:SlUKry) fo r  Molyvan L,  and 96 ppm Mo:coal (32 pprn Mo:slurry) f o r  molybdenum 
octoa te .  Operating temperatures were 800-820°F f o r  both r eac to r s .  The nominal 
residence times were 0 .75-1 .5  hour i n  each s tage  o r  1 .5 -3 .0  hours o v e r a l l .  
s e t  of condi t ions  was maintained f o r  3 days t o  obta in  r ep resen ta t ive  samples. 

Each 
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At the end of the run, a solvent-only feed was processed with Molyvan L catalyst 
(48 ppm Mo: solvent) . 

RESULTS 

Product yields from all conditions were good, see Table 3, columns labelled 
"slurry". Resid yields were 3-8%, C,-935'F distillate yields were 66-72%, and 
coal conversions were 94-96%, which was as least as good as from the first stage 
test with Molyvan L. Hydrogen consumption were somewhat lower (4.8-5.7%) than 
from Amocat" 1C (5.6%) or  for first stage Molyvan L (5.4-6.1%). 

Product yields did not change when the molybdenum level was decreased from 192 
ppm to 84 ppm. Product yields were also unchanged when and the residence time 
was decreased from 3 to 1.5 hours and the temperature was raised from 800 to 
820". 
conditions, and would be the preferred oil-soluble molybdenum catalyst because 
it is less expensive. 

Distillate product quality, 
was present, however. 
hydrogen levels were about the same. It is interesting to note that the resid 
plus solid fraction has a higher H/C ratio (0.98) with Molyvan L catalyst at 
800°F than with AmocatrM 1C catalyst(0.95-0.96). Better hydrogenation of the 
heaviest components by Molyvan L is indicated. 
820"F, the H/C ratio of the resid plus solids fraction dropped to 0.92, 
reflecting a shift in equilibrium toward dehydrogenation. Molybdenum octoate 
was not as active for hydrogenation of resid plus solids, giving a H/C ratio of 
0.91 at 800°F. 

CONCLUSIONS 

Molwan L Catalvst in Staee 1 

Overall, a process with Molyvan L catalyst in the first stage and Amocat" 1C 
catalyst in the second stage gave a higher distillate yields than a process with 
Amocatm 1C catalyst in both stages, Because Molyvan L catalyst can be used in a 
less expensive slurry reactor, it would be the preferred first stage catalyst 
for liquefaction of Illinois No. 6 coal. With Molyvan L in the first stage, 
deactivation is more rapid for supported second stage catalyst, and the 
catalyst addition rate would have to be increased. Also, hydrogenation of light 
distillate was not as good, which would require additional hydrotreating. 

Molwan L Catalvst in Staae l/Amocat" 1C Catalvst in Staee 2 

A process with dispersed molybdenum compounds as the only catalyst offers 
several advantages over liquefaction with Amocat" 1C catalyst, including less 
expensive reactor design and simpler operation of the reactors. Product was 
better than when Amocat" 1C catalyst was used in both reactors and as good as 
when Amocat" 1C was used in stage 2 with Molyvan L in stage 1. Low levels of 
molybdenum, 84 ppm Mo:coal, were effective. Production of a low-resid product 
at 1.5 hours residence time and 820°F was demonstrated. Molybdenum octoate, a 
less expensive dispersed molybdenum catalyst, performed well, perhaps because of 
the high sulfur content of Illinois No. 6 coal. 
catalysts for liquefaction of Illinois No. 6 coal is recommended. 
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Molybdenum octoate gave less resid than Molyvan L at the same 

Table 4, was not as good as when AmocatTM 1C catalyst 
Nitrogen and oxygen levels were higher, but sulfur and 

At reactor temperatures of 

Use of dispersed molybdenum 
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TABLE 1 
COAL ANALYSES 

Coal 

As Received, Ut% H,O 

Dry, Ut% 
C 
H 
N 
S 
0 (Difference) 
Ash 

Fe 
Na 
K 
Ca 

A1 
Ti 
Si 

Mg 

Illinois No. 6 

6.05 

69.54 
4.56 
1.17 
3.26 
12.03 
9.44 

1.19 
0.05 
0.18 
0.37 
0.06 
0.99 
0.05 
2.15 

TABLE 2 
SOLVENT ANALYSES 

Wilsonville Run 

Wilsonville Coal 

Elemental Analyses, Wt% 
c 
H 
N 
S 
0 

Distillation, Ut% 
IBP- 650" F 
650-935°F 
935+"F 

Solubility, U t %  
THF Insolubles 
Toluene Insolubles 
Hexane Insolubles 

257 

Illinois No. 6 

89.26 
8.83 
0.57 
0.08 
1.26 

0.36 
58.26 
40.45 

0.12 
1.07 
7.96 

152 



TABLE 3 .  
Liquefaction of Illinois No. 6 Coal: Distilled Product Yields 

Yields, Wt% of 
MAF Coal 

c1-c3 

C1.-360"F 

8 . 9  9 .3  10 .1  8 . 5  9 . 1  11 .0  10.5 

1 1 12 7 10 11 8 

11 360-650°F I 35 I 35 I 43 I 40 I 39 I 41 I 4 3  

650-935'F 

935'F+ 

C,-935'F 

5 13 12 21 19 16 22 

28 15 1 8 8 5 3 

41 56 61 68 66 68 12 

Conversion 

H, Consumption 

C - With AmocatM 1C catalyst T - Without Amocatm 1C catalyst 

93.2 9 1 . 1  93.9 94.6 96.3 95.7 94.5 

5 . 6  5 .4  6 . 1  5 . 1  5.7 4 .9  4 . 8  
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TABLE 4 .  
Liquefaction of Illinois No. 6 Coal: Product Analyses 

Process C/C T/C T/C Slurry Slurry Slurry Slurry 

Residence 3 3 3 3 3 1.5 3 
Time, Hours 

Stage 1 "F 790 800 820 800 800 820 800 

C - With Amocatm 1C catalyst 
Nominal residence time was about 3 hours for these periods. 

T - Without Amocat" 1C catalyst 
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TABLE 5. 
Analyses of Spent AmocatM 1C Catalyst Samples: 

Illinois No. 6 Liquefaction 

BET Surface Area, 
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TRANSITION METAL CARBIDES AND NITRIDES 
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S. Ted Oyama's2, Rajat Kapoor' 
Departments of Chemical Engineering' and Chemistry' 
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Potsdam New York 13699-5705 
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INTRODUCTION 

The removal of nitrogen and sulfur from petroleum and coal feedstocks is an essential step in 
their refining to transportation fuels. Traditional catalysts have been sulfides of Co, Mo, W and 
Ni in various combinations supported on alumina. Although other transition metal sulfides 
have been found to be more effective in hydrodesulfurization (Os, Ru, Ir, Rh), their high cost 
has precluded their use as commercial catalysts (1). The resemblance of early transition metal 
carbides and nitrides to Group 8 metals (2,3) suggested their possible application in 
hydroprocessing. The objective of this study was to compare the catalytic activity of selected 
carbides and nitrides to a commercial sulfided Ni-Mo-P/A1203 catalyst in the hydroprocessing 
of a diesel feedstock. 

EXPERIMENTAL 

The transition metal carbides and nitrides were prepared by a temperature-programmed 
method in which a precursor oxide was treated in a flowing reactive gas stream as the 
temperature was progressively raised (4,5,6). The catalysts were passivated in a stream of 0.5 
mol% 0 d H e  after preparation. The surface areas of the catalysts were determined in a flow 
system by the 1-point BET method and were found to be 66 m'g-' for Mo2C, 59 m2g1 for 
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MozN, and 60 m2g-' for VN. Prior to catalytic evaluations the catalysts were reduced in sifu at 
723 K (450 "C) for 3h. 

The performance of the carbides and nitrides was compared to that of a state-of-the-art 
commercial catalyst containing 14 wt% Mo, 3 wt% Ni, and4-6 wt% P, supported on alumina. 
The surface area of the catalyst was 175 m2g-l. This catalyst was sulfided in 10 mol% HzS/H, 
at 623 K (350 "C) for 2 hours before the start of the reaction 

The catalysts were evaluated in a standard high pressure flow reactor system equipped with 
electronic flow and temperature controllers. The feedstock used for the evaluations was a 
finished diesel from a west coast refinery containing 0.02% S, 82 ppm N and 27 wt% aromatics. 
Hydrodenitrogenation was determined as N removed as ammonia as measured by the Antek N 
analysis of the product. Hydrodearomatization (HDA) was measured by the open column 
liquid chromatography (OCLC, ASTM D# 2549) method. The catalysts were compared at two 
conditions, moderate and severe, applied in succession to the same catalyst batch. The 
moderate conditions consisted of a LHSV of 3.0 h-', 4.8 MPa (700 psig), 573 K (300 "C) and a 
H, flow of 2000 SCFB. The severe conditions comprised a LHSV of 1.0 h'l, 10.3 MPa (1500 
psig), 653 K (380 "C), and a H, flow of 4000 SCFB. All catalysts were compared on an equal 
volume basis. 

RESULTS AND DISCUSSION 

The results of the catalytic evaluations are reported in Table 1 and 2. The tables also report 
the amounts of catalyst loaded in volume and weight. The comparisons are made at constant 
values of liquid hourly space velocity (LHSV), so that the hydrodenitrogenation activity 
(%HDN) of the different catalysts are on the basis of equal volume. For analysis, samples were 
collected at the reported time intervals, sometimes with mixing of aliquots. 

Table 1 compares the performance of the catalysts at moderate conditions. The Mo2C catalyst 
shows a decline in activity over the 64 h of test time. Such initial deactivation is normal in most 
hydroprocessing catalysts. In  contrast, Mo2N does not manifest any substantial deactivation 
and maintains its initial activity. The VN catalyst shows no catalytic activity at these conditions. 
The commercial Ni-Mo-P-S/A1203 catalyst shows the greatest HDN activity per unit volume. 
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Table 1 

Catalytic Performance of Catalysts at Moderate Conditions 
(Reactant N = 84 ppm, P = 4.8 MPa, T = 573 K, LHSV = 3.0 h', H2 flow = 2000 SCFB) 

Catalyst 

M o ~ C  

Mo~N 

VN 

Ni-Mo-P 

Volume Weight 
cm3 I g 

Product N 
PPm 

68 
74 
77 

70 
71 

84 
84 
84 

2s L 
Comments 

24 h, cuts 1-3 
40 h, cuts 4,s 
64 h, cuts 6,7 

24 h, cuts 1,2 
48 h, cuts 3,4 

24 h, cuts 1-3 
40 h, cuts 4,5 
64 h, cuts 6,7 

24 h, cuts 1,2 

Table 2 reports the performance of the catalysts at severe hydroprocessing conditions. At these 
conditions all catalysts are active, including VN. Of the carbides and nitrides MozN remains 
the most active, equalling the performance of the commercial Ni-Mo-P-S/AI2O3 in HDN and 
approaching it in hydrodearomatization. Interestingly, the carbide and nitride catalysts showed 
increased HDN activity with the progression of the test. This is contrary to what is generally 
found in hydroprocessing and suggests that the catalysts were not properly activated in the 
initial tests. This may explain the lower performance of these catalysts compared to the 
commercial Ni-Mo catalyst at the moderate conditions (Table 1). 

It should be pointed out that comparisons of catalyst performance in HDN at the severe 
conditions employed in Table 2 may be misleading because of the high conversions achieved. 
This would tend to eliminate differences between catalysts. However, it should also be noted 
that in all comparisons a volurne hasis was employed. If correction is made for the surface 
areas of the catalysts, the carbides and nitrides would manifest higher activities. 
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Table 2 
Catalytic Performance of Catalysts at Severe Conditions 

(Reactant N = 84 ppm, P = 10.3 ma, T = 653 IC, LHSV = 1.0 h-', H2 flow = 4000 SCFB) 

Catalyst 

Ni-Mo-P 

V o l y e  
cm 

4.3 

3.2 

5.8 

15 

Weight 
g 

5.2 

5.1 

5.2 

12.8 

Product N 
PPm 

4 
2 

17 
1 

27 
14 

1 
1 

HDN 
% 

95 
98 

80 
99 

68 
83 

99 
99 

HDA 
% 

22 
18 

31 
41 

6 
11 

43 
61 

Comments 

24 h, cut 8 
50 h, w t  9 

30 h, cut 5 
lWh, cut 6 

24 h, cut 8 
50 h, cut 9 

24 h, cut 3 
50 h, cut 4 
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INTRODUCTION 

UOP is continuing bench-scale research and development of coal and petroleum resid co-processing 
technology under the sponsorship of U.S. Department of Energy. Earlier work, under completed 
contract DE-AC22-84PC70002, has been reported in a series of papers and reports (1-7). The 
overall objectives, to evaluate the technical feasibility of the co-processing concept and to establish 
a co-processing data base, were met. The concept of single-stage, slurry-catalyzed co-processing was 
successfully demonstrated in laboratory batch experiments (1) and in continuous bench-scale 
operations (2). Good long-term operability with the UOPvanadium-based catalyst was demonstrated 
for nearly 2,000 hours on-stream (3). A method of recovering the catalyst was developed and 
demonstrated on a laboratory scale. Based on the long-term operability and catalyst recovery 
studies, a conceptual commercial design was completed for a co-processing unit integrated into a 
100,000 BPSD conventional refinery (3,4). 

The primary objective of the current contract, DE-AC22-87PC79818, is to extend and optimize 
the single-stage, slurry-catalyzed co-processing scheme. Catalyst economics plays a major role in 
determining the overall profitability of slurry-phase co-processing. Consequently, much work has 
been devoted to exploring new catalyst systems and improving catalyst activity, dispersion, and 
recovely techniques. Most of the early development work was done using a vanadium-based slurry 
catalyst. A newer molybdenum-based slurry catalyst has been developed. In autoclave testing, the 
molybdenum-based catalyst gave equivalent conversions and yields as the vanadium-based catalyst 
at one-tenth the metal concentration (8). This molybdenum-based catalyst has been evaluated in the 
continuous bench-scale unit. Plant modifications, including the addition of a recycle loop, have made 
bench-scale operations possible at much higher severities than were previously possible. Good plant 
operations have been achieved at temperatures up to 470°C and with catalyst concentrations as  low 
as 500 ppm molybdenum (9). Processing at high severities for short durations has demonstrated high 
nondistillable conversion without excessive carbon loss to retrograde reactions and light-ends yield. 
This important advancement in co-processing should significantly improve the process economics. 
A long-term operability study at high-severity conditions was needed to demonstrate that high- 
severity co-processing is feasible and can be run for extended periods without major operational 
problems. This paper reviews the results of a recent long-term operability study at high severity. 

Continuous Bench-Scale ODerations 

A simplified block diagram of the pilot plant is shown in Figure 1. The unit contains many of the 
essential features of the commercial flow scheme and is equipped to quantitatively measure the 
.hydrogen consumption in the operations. The slurry feed (finely ground coal, petroleum vacuum 
resid, and catalyst) is combined with a hydrogen-rich recycle gas and is preheated before it enters 
the bottom of an upflow reactor. The products from the reactor are separated into gas and oil 
streams in the high-pressure separator (HPS). The gas stream from the HPS is combined with 
makeup hydrogen before being recycled back to the incoming fresh feed. A portion of the oil stream 
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from the HPS is recycled back to the incoming fresh feed, and the remainder is sent to a stripper. 
The lighter hydrocarbon stream from the stripper is sent to a debutanizer, where it is separated into 
C, and C,, products. The heavier hydrocarbon stream from the stripper is sent to a vacuum 
fractionator to recover an overhead stream (light oil and vacuum gas oil) and a bottoms stream 
containing catalyst, coal minerals, insoluble carbonaceous material, and nondistillable hydrocarbons. 

The addition of a recycle loop to the plant, Le., the recycle of a portion of the HPS liquid 
back to the fresh feed, has greatly improved plant operability, especially at temperatures greater 
than 440°C. A recycle ratio of greater than 5 1  (based on recycle to fresh feed) is typically used. 
The space velocity of the fresh feed is maintained constant. The recycle results in increased liquid 
velocities and backmixing in the reactor. The improved mixing may help to eliminate the wall effect 
associated with a small bench-scale reactor. The liquid recycle also has a "flywheel" effect that helps 
to better withstand upsets in the fresh feed rate. 

Prior to the introduction of liquid recycle, the reactor temperature in the bench-scale unit was 
limited to a maximum of about 425°C. As the operating temperature was increased beyond 425"C, 
a rapid decrease in heptane insolubles followed by coking and plugging problems made the plant 
increasingly difficult to operate (2). 

With the addition of liquid recycle, the bench-scale unit can be run at much higher 
temperatures without developing coking problems (9). Temperatures of up to 470°C were achieved. 
The increased severity had little effect on the maximum coal conversion, which was still about 92%, 
but did result in about 20% increase in maximum asphaltene conversion (as measured by heptane 
insolubles) and an almost 30% increase in the 510"C+ nondistillable conversion. 

The mechanism for improved high-temperature plant operability and conversions with liquid 
recycle may be due to better contacting of the reactive coal fragments with hydrogen and catalyst 
as a result of improved reactor backmixing or to the decrease in the relative contact between the 
coke precursors and the hot reactor walls as a result of greater superficial liquid velocities in the 
reactor. Hydrodynamic differences resulting from recycle may have also affected the flow regime, 
heat transfer characteristics, or gas void volume in the reactor. Further reactor modeling studies 
are needed to thoroughly understand these phenomena. 

Feedstocks 

The feedstocks used for this study were reference feedstocks Lloydminster vacuum resid, designated 
as R10, and Illinois No. 6 coal, designated as C1.4. Feed properties are  given in Tables 1 and 2. 
Lloydminster vacuum resid (950"F+, 120-150 Pen.) was obtained from a commercial refinery in 
Canada. Uno i s  Coal No. 6 was obtained by the Kentucky Center for Energy Research Laboratory 
from the Burning Star Mine. Grinding (thru 200 mesh) and drying were done by Empire Coke 
Company of Holt, Alabama. The preparation procedure and equipment have been previously 
described (5). 

TEMPERATURE SURVEY STUDY 

An important part of the single-stage, slurry-catalyzed processing program is to determine the 
optimum conversion level that produces high liquid yields by selective catalytic conversion as 
opposed to thermal conversion. A temperature survey study was conducted to determine the highest 
processing temperature attainable without excessive carbon loss to retrograde reactions and light 
ends (9). Standard operating conditions were used: 3000 psig, 5 1  minimum liquid recycle ratio, base 
WHSV, 2 1  mixture of petroleum resid to coal, and 0.12% molybdenum catalyst concentration. 
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The run was started at  427"C, and the temperature was increased in a stepwise manner. Six 
test conditions (427,432,438,446,451. and 459°C) were run. The plant operated well, even at the 
higher processing temperatures, and showed no evidence of either thermal degradation or reactor 
fouling. The conversion showed a steady increase with temperature and no sign of decrease even 
at 459°C. The unconverted coal showed a steady decrease with temperature (Figure 2), and the 
heptane-insoluble conversion increased with temperature (Figure 3). The greatest impact of the 
higher temperature was the 30 wt-% increase in nondistillable conversion (Figure 4) without 
significant carbon loss to retrograde reactions and only about 6% increase in light-ends yields 
(Figure 5). Table 3 compares the yields and product properties at 427,446, and 459°C. The product 
distribution shows the expected trends when temperature was increased: an increase of lighter 
fractions (C,-C,, C,-177OC, and 177-343°C) and a decrease of heavier fractions (343-510OC and 
510+'C). The quality of the liquid product improved with increasing temperature. The API gravity 
and hydrogen content of the product increased; and heptane insolubles, sulfur, and nitrogen levels 
decreased. 

LONG-TERM OPERABILITY STUDY 

A long-term operability study at high-severity conditions was undertaken to determine if 
high-severity co-processing could be run continuously for extended periods without major 
operational problems or the gradual buildup of coke in the reactor. The run was conducted at 
standard operating conditions: 3,000 psig, 5:1 minimum liquid recycle ratio, base WHSV, 2 1 mixture 
of petroleum resid to coal, and 0.090% molybdenum catalyst concentration. The reactor temperature 
was held at  455°C during the initial three weeks of operation, then increased to 465OC, and 
maintained for 17 days. During the operation, daily weight balances were conducted to ensure the 
integrity of the operation. 

Catalyst and coal ash balances were followed to monitor fouling or deposition in the pilot 
plant. Product recoveries, H, consumption, and catalyst and ash balances indicated stable operation. 
The weight recoveries versus hours on-stream are shown in Figure 6 and can be compared with the 
average value, shown as a solid line. The weight recoveries were good and averaged 100.3 wt-%. The 
average reactor bed temperature for the 455 and 465°C operation versus hours on-stream is shown 
in Figure7: the solid line on the figure represents the average temperature of 455.5"C and 464.7"C. 
The run was ended by a planned shutdown after 38 days on-stream without any significant 
operational problem. Upon disassembling the reactor, the walls were found to be free of coke or 
any deposits. 

Conversions, product distribution, and total liquid product properties are shown in Tables 4 
and 5 for the 455°C operations and in Tables 6 and 7 for the 465°C operation. The average coal, 
heptane-insoluble, and nondistillable conversions were 90.5, 74.6, and 78.9 wt-%, respectively, for 
the 455°C temperature and 91.9, 86.3, and 84.2 wt-%, respectively, for the 465°C temperature. As 
shown in Figures 8, 9, 10, and 11 the conversions and yields are comparable to those obtained at  
the same temperature in the temperature survey study., 

CONCLUSIONS 

Long-term operability of co-processing at high-severity conditions was demonstrated. Plant 
operations and performance were extremely good, and no major operational problems were 
encountered. High nondistillable conversion was obtained without excessive carbon loss to 
retrograde reactions and light-end yields. The operability of co-processing at high severity represents 
an important advance that may significantly improve the process economics. 
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Table 1 
Analysis of Lloydminster Vacuum Resid (R10) 

API Gravity 
Specific Gravity 

Distillation, "C. 
IBP, VOL% 
5 
10 
20 
EP 
Vol-% over at EP 

6.6 
1.0246 

379 
455 
473 
509 
512 
22.0 

Analysis, wt-%: 
Carbon 
Hydrogen 
Sulfur 
Nitrogen 
Heptane Insolubles 13.56 
Carbon Residue (MCRT) 17.39 

Proximate Analysis: ' (AR Basis), wt-% 
Volatile Matter 38.84 
Fixed Carbon 45.80 
Moisture 4.08 
Ash 11.28 

(AR Basis), wt-% 
Carbon 66.75 
Hydrogen ' 4.66 
Sulfur 2.91 
Nitrogen 1.34 
Oxygen 8.98 
Ash 11.28 
Moisture 4.08 

Ultimate Analysis 

Table 2 
Analysis of Illinois No. 6 (C1.4) 

a By difference 
Corrected for Moisture 
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Table 3 
Effect of Severity on Yields and Product Properties 

Temperature, "C 

Yields, wt-% W F :  
H,O + COX 
H2s 
NH, 
C,-C, (Light Ends) 
C,-177"C (Naphtha) 
177-343°C (Distillate) 
343-510°C (VGO) 
510+"C (Resid) 
Unc. MAF Coal 
H, Consumption 

Total 

C,, Total Liquid Product: 
W F ,  wt-% 
API Gravity 
Carbon, wt-% 
Hydrogen, wt-% 
Sulfur, wt-% 
Nitrogen, wt-% 
Heptane Insolubles, wt-% 
MCRT, wt-% 

- 
427 

6.7 
1.6 
0.2 
2.5 
5.4 
17.6 
29.3 
34.0 
5.6 

100.0 

86.2 
12.9 
84.7 

2.1 
0.9 
9.8 
12.7 

10.0 

- - 

- 
446 - 
4.0 
3.3 
0.4 
5.5 
12.0 
24.0 
26.1 
24.2 
3.6 

100.0 
a 

86.3 
17.0 
84.0 
10.3 
1.4 
0.8 
9.1 
11.2 - 

459 

4.3 
3.5 
0.8 
9.1 
14.5 
36.0 
22.9 
10.3 
2.3 

@&) 
100.0 

83.7 
1g.9 
84.4 

1.1 
0.4 
3.1 
6.2 

11.0 
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Table 4 
Conversion and Product Distribution 
of 455°C High-Severity Co-Processing 

4 

Table 5 
Total Liquid Product Properties 

of 455°C High-Severity Co-Processing 
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Table 6 
Conversion and Product Distribution 
of 4 6 5 T  High-Severity Ca-Processing 

Table 7 
Total Liquid-Product Properties 

of 465°C High-Severity CcrProcessing 
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FIauRE 1 flOURE 3 

UNCONVERTED COAL YIELD 
vs. TEMPERATURE OF 0.12% MO 

HEPTANE INSOLUBLE CONVERSION 
VS. TEMPERATURE OF 0.12% Mo 

40, 

FIQURE 4 FIDURE 5 

NONDISTILLABLE CONVERSION LIGHT-ENDS YIELDS 
VS. TEMPERATURE OF 0.12% Mo VS. TEMPERATURE OF 0.12% Mo 

169 



FIGURE 6 

HIGH-SEVERITY CO-PRQCESSING 
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THE TWO-ALPHA VALUE FOR IRON FISCHER-TROPSCH 
CATALYSTS: FACT OR FICTION? 

Burtron H. Davis 
Center for Applied Energy Research 

University of Kentucky 
3572 Iron Works Pike 
Lexington, KY 4051 1 

Keywords: Fischer-Tropsch Synthesis, Selectivity, Two-Alpha Plots 

INTRODUCTION 

The Fischer-Tropsch Synthesis may be viewed as a simple polymerization reaction, the 
monomer being CO or a C, species derived from it. Schulz (1.2) derived an equation for the 
distribution of molecular weights of polymers obtained by a free radical polymerization process, 
that is, through a one-by-one addition of monomer to a growing chain. The Schulz distribution 
function is applicable generally if there is a constant probability of chain growth, a, and a e 1; 
the latter requirement applies when some reaction limits the chain growth. The probability for 
chain growth, a,  is defined as: 

a = rp/(rp + Zr,) [I1 

where rp is the rate of chain propagation and rt is the rate of chain transfer or chain termination. 
The probability of the chain growth step !o take place P times without termination is 

Pp = a ,  a2 a j . . . ap  = ap 121 

The number of molecules per degree of polymerization P, np, is proportional to the probability 
of their formation 

np = const ap 131 

The mass fraction mp is proportional to np as well as the molecular weight of the components 
of the fraction (MP = M,P, where M, is the molecular weight of the monomer) 

nap = A P a P  [41 

where A contains the constant M,. The mass fraction is defined so that 

Emp = 1 

The mass fraction is considered to be a continuous function so that 
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j I m p d P  = Ajo'PaPdP = 1 

and 

A = l / / - P a P d P  0 [71 

Solving the integral (a e 1, a" = 0) and combining equations [4] and [7] leads to 

mp = (h2a)PaP 

Rearranging gives the more familiar form 

log(mp/P) = log(h*a) + flog a ) P  [91 

Thus, a plot of log (mJP) versus P should result in a straight line. 

Flory published a number of theoretical distribution functions for this and other types of 
macromolecular formation (e.g.. reference 3). Thus, polymer scientists usually designate 
distributions as represented by [9] as conforming to a Schulz-Flory distribution. 

Similar equations were derived, apparently independently, by catalysis scientists (4-6). Anderson 
continued his efforts to develop chain growth mechanisms and to account for the products 
formed by chain branching (7). Many catalysis scientists therefore recognize Anderson's 
contributions to the Fischer-Tropsch Synthesis by designating equation [9], and plots based 
upon it, as an Anderson-Schulz-Flory (ASF) equation or plot, and we shall follow this practice. 

Anderson (8) summarized product distribution results up to about 1954. Included in this review 
were the results of the Schwarzheide tests using catalysts from Lurgi, Brabag, K.W.I., I.G. 
Farben, Ruhr Chemie, and Rheinpreussen as well as tests at the larger U.S. pilot plants, and 
Standard Oil Co. of New Jersey (figure 1). These results included operations with iron catalysts 
both in fixed and fluidized reactors. The results in figure 1 clearly indicate that a single a value 
does not adequately describe the data. Up to carbon number 9 to 11 the data fit one alpha 
value for equation [9] very well; however, a second a value is needed to describe those 
products higher than carbon number 9 to 11. These early workers did not have the benefit of 
gas chromatography to analyze the higher molecular weight products. Thus, while Anderson 
noted the need for two or more alpha values to describe the products from FTS using iron 
catalysts, it received little attention. Furthermore, FTS products from a cobalt catalyst were 
adequately described with a single alpha value. 

Madon and Taylor (9) conducted extensive tests with a precipitated, alkali-promoted iron-copper 
catalyst. They reported a product distribution for the condensed products from FTS using a 
plug flow reactor that exhibited a two-alpha plot (figure 2) but the break occurred at a higher 
carbon number than those in figure 1. Madon and Taylor (9) noted that Anderson and 
coworkers (10) had obtained such a plot but with the break occurring at a lower carbon number. 
Madon and Taylor noted that Hall &I. (1 1) had suggested that in addition to stepwise growth 

' 
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with a single carbon intermediate, multiple build-in of growing chains could occur and that this 
could affect the growth rate of heavy hydrocarbons. Madon and Taylor, after considering this 
explanation, suggested instead that chain growth takes place on at least two types of sites, each 
having a slightly different chain growth probability a. 

NovakH A. (12) considered the impact of readsorption of a-olefins upon the products from a 
continuous stirred tank reactor (CSTR) and a plug flow reactor (PFR). They also considered that 
a-olefins could only initiate chain growth. or that they can also isomerize to internal olefins as 
well as be hydrogenated. For the CSTR, these authors concluded that, even with such 
secondary reactions, the products still exhibit an ASF plot. For the PFR, the products deviate 
from an ASF plot when a-olefins can undergo 3 chain initiation. If, however, as is the case 
in a more realistic situation, the a-olefin also undergoes hydrogenation and isomerization in 
addition to chain initiation, the distribution rapidly becomes similar to an ASF distribution. Finally, 
these authors considered the case where the chain growth parameter was allowed to vary along 
the length of a PFR by forcing the C, surface concentration to vary and found, in this case also, 
that the distribution is quite close to a Flory distribution. 

Sattertield and Huff (1 3) initially concluded that the products for a doubly promoted catalyst (C- 
73, United Catalysts, Inc.) in a CSTR yielded a precise linear relationship between the log of the 
mole fraction of the products and the carbon number as predicted by an ASF distribution 
provided all products, including oxygenate species, were included. The linear relationship held 
over four orders of magnitude of the moles of products and for carbon numbers from 1 to about 
20 over a wide range of gas compositions. The chain growth probability factor, a, increased 
slightly from 0.67 at 269OC to 0.71 at 234OC. 

Huff and Satterfield (14), after re-examination of their previous data and a consideration of new 
experimental data on three different iron catalysts, reported that in some cases, the ASF 
distribution plot can only be well represented by two straight lines with a marked break 
occurring at about C,@ However, when the products are considered on the basis of compound 
classes, the situation shown in figure 1 is an oversimplification. As shown in figure 3, Huff and 
Satterfield found that only the paraffins deviate from the ASF plot; oxygenates and alkenes 
appear to follow a single ASF plot with a 0.55. 

Egiebor &I. (15) also reported that the break in the ASF plot was due to the alkanes. These 
authors showed that a-olefins and cis- and trans-fl-olefins all show straight line plots with 
different slopes. They concluded that all these compounds are primary products. The fact that 
only paraffins show a break in the ASF slope proves that paraffins are not secondary products 
derived from a-olefins. These authors advanced the view that growth of linear chains proceed 
at the same rate (a) for all species and that it is the termination event which is species specific. 
The break in the paraffin ASF plot is therefore caused by a sharp change in the rate of 
termination at about C,* Since a number of investigators have found that the carbon number 
where the break occurs is about the same and since the break is observed with a variety of 
catalysts, they state that it may be that the phenomenon is governed by the nature of the C,, 
molecule as well as the catalyst. 

Gaube and coworkers (16,17) also observed a two a plot. For an iron catalyst the C, - C, 
products exhibit a linear ASF plot that only required a single a value (figure 4). However, when 
the catalyst contained alkali (added as K.$OJ, the ASF plot needed two a values to adequately 
describe the data. However, others have found the need for two alpha values for catalysts that 
do not contain potassium or other alkali metals (e.g., 18-21). 
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Donnelly @ 4. (22) extended the chain growth theory to include two growth probabilities; thus, 
rather than equation [4] one should write 

nap = APaP + BPaP [lo1 

The contribution of each growing chain will be equal at the break point. They offer this as an 
improved equation for analyzing FTS product distributions, and show that this equation 
adequately described their data. 

Dictor and Bell (18) found a two-alpha plot for both reduced and unreduced iron oxide catalysts. 
Furthermore, these authors found that the ASF plot for n-aldehydes yielded a two-alpha plot just 
as was the case for the hydrocarbon products. Furthermore. the break for the aldehydes was 
at the same carbon number as the hydrocarbons, provided the aldehyde ASF plot was based 
upon n-1 rather than E, as was used for the hydrocarbons (figure 5). This was taken to support 
the view that aldehydes are formed by CO insertion into a growing surface alkyl group and 
subsequent reductive elimination of the acyl group (23,24); hydrocarbons on the other hand are 
believed to be formed in a termination step that occurs by elimination of a hydrogen from an 
alkyl group. Since the break occurs at n for hydrocarbons and n + 1 for the aldehydes, it 
appears that the oxygenate and hydrocarbon products are derived from a common surface 
species. 

Donnelly and Satterfield (20) utilized a Ruhrchemie catalysts in a CSTR and found that both the 
n-alkanes and 1-alkenes fii a two-alpha ASF plot (figure 5) whereas earlier work from that 
laboratory (14) showed that only n-alkanes deviated from ASF. In contrast to Dictor and Bell 
(lo), Donnelly and Satterfield (20) found that oxygenates followed a single alpha plot even 
though they now find, in contrast to earlier results, that both n-alkanes and 1-alkenes deviate 
from ASF. These data serve to illustrate the difficulty in deciding the one or two-alpha plot 
question. 

Stenger (25) showed that the two site ASF equation used by Huff and Satterfield was equivalent 
to one based on a distributed-site model in its ability to fit the molecular weight product 
distribution from an iron catalyst promoted with potassium. In the promoted catalyst, a 
distribution of sites proportional to the concentration of potassium relative to iron is utilized. In 
his model, Stenger assumed a normal distribution of K on the surface and postulated an 
exponential dependence of alpha on the random distribution variable, X, that is proportional to 
the potassium distribution. 

lnoui et 4. (26) introduced a single criterion to differentiate between the two-site model (20) and 
a distributed site model (25). However, for typical values of a, and a2 for iron catalysts (" 0.6 
and 0.8, respectively) the fit to the ASF plot should make it difficult to distinguish the two models, 
even using the approach suggested by lnoui 

Kikuchi and ltoh (27) utilized an iron catalyst based upon uitrafine particles loaded with 1% K 
and found a break in the ASF plot at C,w The data fit the model based upon two kinds of sites, 
A and B, with A exhibiting the lower and B exhibiting the higher growth probability. The fit of the 
experimental data and the calculated curve was satisfactory (figure 6). 

lglesia et 4. (28) reported that olefins readsorb and initiate surface chains that are 
indistinguishable from those formed directly from CO/H,. Diffusion enhanced olefin readsorption 
leads to an increase in chain growth probability, a, and in paraffin content with increasing pore 

a. 
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and bed residence time. Deviations from conventional (ASF) polymerization kinetics were 
quantitatively described by transport effects on the residence time of intermediate olefins within 
the liquid-filled catalyst pores without requiring the presence of several types of chain growth 
sites. The results reported for this study were obtained with a Ru catalyst, and not an iron 
catalyst. 

Not all of the earlier studies require two or more a values to describe the distribution of products 
from FTS with iron catalysts. Three examples of this will be noted. Zwart and Vink (29) report 
that the product from zeolite supported iron catalysts derived from iron carbonyl complexes 
produced a product distribution in the C, range which obeyed ASF statistics in all cases. 
Eilers a 4. (30) report that in a few hundred independent FTS experiments with various catalyst 
formulations under different operating conditions it was confirmed that the carbon number 
distribution were in close agreement with the ASF kinetics (figure 7).  However, neither of the two 
data sets for the iron catalysts cover the total range of carbon numbers where the break in the 
ASF plot is observed. Cannella (31) reported a linear ASF plot that only required one alpha 
value to fit the C,, products for an unsupported iron catalyst but that a two-alpha plot was 
required for the K-promoted catalyst. Linear ASF plots were alwayS obtained for the C3+ 
products produced over each of the supported iron catalysts. 

Tau 4. (32) found that a doubly promoted C-73 catalyst incorporated I4C labeled 1 -pentanol, 
added to the CO/H, feed, into higher carbon number products. They found that product 
accumulation in the CSTR was not adequate to explain the deviation from a constant 14C 
activily/mole with increasing carbon number for higher carbon number alkane products. 

C labeled ethanol served only as a chain initiator; this is demonstrated by the constant I4C 
activity/mole for the C, through C, products (figure 8). The constant activity of C, and C, that 
is equal to ethanol indicates that only one C, species derived from ethanol was incorporated into 
these products. These results are in agreement with the earlier data obtained by Emmett and 
coworkers (1 1, 33-37). 

However, the data in figure 9 clearly indicate that the C,, - C,, paraffins exhibit a different l4C 
activity pattern with increasing carbon number than those in the C, - C, range. The higher 
carbon number products are diluted by the products accumulated in the reactor prior to the 
addition of 14C labeled I-pentanol. Analysis of the wax withdrawn from the reactor prior to the 
addition of the 14C tracer provided data to calculate the impact of these products in diluting the 
14C content of higher carbon number products. Dilution did provide a minor contribution to the 
negative slope of the ASF plot in figure 9; however, the points corrected for accumulation (+) 
provided only a modest correction toward that exhibited by the lower carbon number products 
where 14C/mole was constant with increasing carbon number (figure 8). Hence, the effect of 
accumulation alone cannot account for the experimental data. 

Another explanation for the deviation from the ASF plot is that hydrogenolysis of higher carbon 
number compounds produce more lower carbon number hydrocarbon products than can be 
accounted for by ASF. Using the same (2-73 catalyst, Huang 4. (38) used octacosane, 
labeled at the carbon-14 position of the chain, to show that a detectable amount of 
hydrogenolysis did not occur even after one week of operation at !he same conditions as was 
used b y  Tau a 4. (32). Thus, hydrogenolysis is eliminated as an explanation for the two-alpha 
ASF plot for a promoted iron catalyst. 

Tau et a. (32) concluded that the two alpha values in figure 1 correspond to different product 
groupings. For the smaller alpha (about 0.62) the typical Fischer-Tropsch products are formed 

14 
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(alkanes, alkenes, oxygenates, etc.). However, for the larger alpha (about 0.82) the only 
significant product obtained corresponds to alkanes. The data in figure 10, after first correcting 
for accumulation and then for the two different product groups, show a constant '*C/mole, 
causing the conclusion based upon the higher carbon alkane products to be consistent with the 
one based on the lower alkane products. 

In conclusion, it is evident that many groups using a variety of iron catalysts have found that two 
or more alpha values are needed ASF kinetics are to account for the FTS products. The 
summary of the two-alpha values (39) for eight studies emphasize this conclusion. It is possible 
for deficiencies in the analytical determinations or loss of certain carbon number ranges during 
sampling or testing could cause the break in the ASF plot. However, this is not possible for the 
14C studies since the conclusion is based upon the 14C/mole rather than the total number of 
moles. Recent data using ''C-ethanol (40) and analysis of a wider carbon number range than 
in reference 32 provide additional support for the results reported by Tau &t 4. Furthermore, 
similar results are obtained for the addition of "C labeled C,, C,. C,, C, and C,, alcohols and 
C,, C, and C,, alkenes (41,42). With emphasis on the 14C tracer studies, we conclude that it 
is likely that at least two chains are growing independently, and that these independent chains 
lead to different groups of products. These in turn require at least two-alpha values for the ASF 
to adequately describe the FTS data. 
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Figure 1. Anderson-Scliulz-Flow (ASF) plots for the products from Schwarzheide for catalysts 
for four sources and Standard Oil Company of New Jersey (reproduced from ref. 
(81, P. 208). 

Plot of In WJn versus carbon number n. Open points, unsulfided catalysts; solid 
points, sulfided catalyst (reproduced from ref. (9)). 

Figure 2. 

CARBON NUMBER 

Figure 3. Flory distribution of MnO/Fe catalyst; 283OC, 1.24 MPa, (HJCO), = 1.19 
(reproduced from ref. (14)). 
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Figure 4. Product distribution from FTS using an iron (top) and potassium promoted iron 
catalyst (bottom) (redrawn from ref. (16)). 
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(left) Component Schulz-Flory diagram for overhead products. Ruhrchemie 
Catalyst MPa, 0.034 Nl/min/gc,, (HJCO)!,,, = 0.7, 600 hours-on-stream 
(reproduced from ref. (20)). (right) Distribution of hydrocarbons and aldehydes 
from a common effluent sample. Each point for hydrocarbons represents the sum 
of 1 -olefin plus n-paraffin; only straight-chain aldehydes are measured (reproduced 
from ref. (18)). 
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Carbon number 

Flory plot of hydrocarbon products over potassium-promoted Fe UFP (ultrafine 
particle) catalyst. Reaction conditions: temperature, 220°C; pressure, 30 atm; 
H$CO, 1 mol/mol; W/F, 300 g-cat.min/CO-mol. Potassium addition: 1 wt.% of 
catalyst. Solid line represents the simulated distribution based on two-site ASF 
equation (reproduced from ref. (21)). 
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Figure 8. Relative 14C/mole in gaseous products from the synthesis (7 atm, HJCO = 1.2, 
262OC) with 3-volume % (based on alcohol and CO) ['4C-l]-ethanol was added 
during a 24 hour period (redrawn from ref. (32)). 
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Figure 9. Composite figure showing relative radioactivity for the lower carbon number 
compounds (e); the measured values for the higher carbon number compounds 
(+), and the values for the higher carbon number compounds (m) after correcting 
for reactor accumulation effects (redrawn from (41)). 

Figure 10. Radioactivity of the: alkane products (e); experimental data corrected for 
accumulation using data shown in Table I (m), and experimental data corrected for 
both accumulation and the two alpha mechanism (see text for details) (+) (redrawn 
from ref. (41)). 
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I n t r o d u c t i o n  

The Pi t tsburgh Energy Technology Center i s  responsible f o r  implementing the U.S. 
Department o f  Energy's (DOE) I n d i r e c t  L iquefact ion program as p a r t  o f  the Coal 
L iquefact ion program. The o v e r a l l  goal of t he  Coal L iquefact ion program i s  t o  
develop the s c i e n t i f i c  and engineering knowledge base t o  he lp i ndus t r y  market 
economically compet i t ive and environmental ly acceptable advanced technology f o r  the 
manufacture o f  synthet ic  l i q u i d  f u e l s  from coal. 

Th is  a r t i c l e  examines t h e  s t a t e  o f  knowledge i n  iron-based ca ta l ys ts  f o r  use i n  
slurry-phase synthesis reac to rs  used i n  the  I n d i r e c t  L iquefact ion o f  coal .  The 
advantages o f  using i r o n  c a t a l y s t s  are (1) they are inexpensive. (2) spec i f i c  
a c t i v i t y  f o r  Fischer-Tropsch (FT) synthesis i s  high, and (3)  some i r o n  ca ta l ys ts  
have h igh water-gas-sh i f t  a c t i v i t y  and can convert low H,/CO r a t i o  synthesis gas 
wi thout  an external  s h i f t  r eac t i on  step. 

Stoichiometry o f  the FT Reaction: 

The i n t r i n s i c  s to ich iometry  o f  t h e  FT synthesis reac t i on  i s  represented by eq 1. 
Many FT ca ta l ys ts  are a l so  a c t i v e  f o r  water-gas-sh i f t  (WGS) reac t i on  represented by 
eq 2. Cata lysts  t h a t  are a c t i v e  f o r  both react ions can be used t o  convert synthesis 
as w i t h  hydrogen-to-carbon monoxide r a t i o s  as low as 0.5 i n t o  hydrocarbon products 9 see eq 31. This p o i n t  i s  s i g n i f i c a n t  because o f  t he  development o f  several 

advanced coal g a s i f i c a t i o n  processes t h a t  d i r e c t l y  produce synthesis gas w i t h  
approxi mate1 y t h i  s r a t  i 0. 

CO + ZH, + -CH,- + H,O (1) 

CO + H,O + H, + CO, (2) 

2CO + H, + -CH,- + CO, (1) + (2) = ( 3 )  

I n  current  commercial p r a c t i c e  (SASOL, South A f r i ca ) ,  t he  i n d i r e c t  1 iquefact ion 
rou te  f o r  the conversion of coal t o  l i q u i d  fue l s  invo lves f o u r  p r i n c i p a l  stages [l] ,  
namely, coal gas i f i ca t i on ,  gas p u r i f i c a t i o n .  hydrocarbon synthesis, and product 
upgrading. 
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O f  these, the g a s i f i c a t i o n  step i s  the most expensive; hence, technological 
improvements associated w i t h  t h i s  step o f f e r  the greatest  po ten t i a l  f o r  reducing 
costs. 

A number o f  advanced g a s i f i c a t i o n  processes (e.g., Texaco and Shell-Koppers), which 
are now i n  various stages o f  commercial development, s i g n i f i c a n t l y  improve on SASOL 
technology [2] which uses the conventional Lurg i  g a s i f i e r .  The advanced g a s i f i e r s  
not  only e x h i b i t  improved e f f i c i e n c i e s  bu t  a l so  produce a smaller propor t ion o f  
undesirable by-products (e.g., CH,. CO, and H,S). A t  the same time, however, the 
hydrogen-to-carbon monoxide r a t i o  o f  t he  synthesis gas produced i s  much lower (0.5- 
0.9, compared t o  2.1 f o r  Lu rg i ) .  I t  has been shown t h a t  hydrocarbon products can 
be produced a t  reasonable reac t i on  ra tes  from t h i s  low HJCO synthesis gas [3-51, 
provided the c a t a l y s t  i s  a c t i v e  f o r  both react ions 1 and 2. 

Depending on the process conf igurat ion,  the des i red products from slurry-phase FT 
synthesis could be l i q u i d  f u e l s  (e.g., gasol ine, d iese l ,  j e t  f ue l ) ,  l i g h t  o le f i ns ,  
and/or wax. The l i g h t  o l e f i n s  could be ol igomerized t o  l i q u i d  fue l s  through known 
processes such as MOGD 161. The wax could be t rea ted  by c a t a l y t i c  hydrocracking t o  
provide l i q u i d  f u e l s  [ 7 ] .  

Slu r rv  Phase FT Svnthesis: The development o f  a slurry-phase F i  scher-Tropsch process 
using an iron-based c a t a l y s t  has drawn considerable a t ten t i on .  The advantages o f  
the slurry-phase reac to r  system are (1) the  a b i l i t y  t o  use low H,/CO r a t i o  synthesis 
gas produced by the  advanced g a s i f i c a t i o n  processes, (2) the a b i l i t y  o f  the l i q u i d  
phase t o  withdraw heats o f  reac t i on  e f f i c i e n t l y  and thereby con t ro l  react ion 
temperature, (3) h igh  c a t a l y s t  and reac to r  p r o d u c t i v i t y ,  (4) favorable condi t ions 
f o r  c a t a l y s t  regeneration, and (5) simple const ruct ion and low investment costs. 

I n i t i a l  eva luat ion o f  FT ca ta l ys ts  f o r  s l u r r y  bubble column reactors  i s  performed 
i n  bench-scale, mechanica l ly -s t i r red,  s l u r r y  reactors .  These reactors  o f f e r  

0 excel lent  temperature con t ro l  and f l e x i b i l i t y  i n  ope ra t i n  condi t ions.  Descript ions 
o f  such reactors  and t h e i r  operation are ava i l ab le  !SI. Since the i n te rna l  
composition o f  such reactors  i s  uniform, they f a c i l i t a t e  development o f  k i n e t i c  
models wi thout  t he  complications invo lved i n  the analys is  o f  i n teg ra l  data obtained 
i n  a f i x e d  bed reactor .  The k i n e t i c  models w i l l  permi t  the p red ic t i on  o f  
performance of the c a t a l y s t  i n  a s lur ry-bubble column reactor .  

The production o f  hydrocarbons us ing t r a d i t i o n a l  FT ca ta l ys ts ,  such as Fe o r  Co, i s  
governed by chain growth o r  polymerization k ine t i cs .  This can be described by the 
Anderson formalism [g], which i s  re la ted  t o  the Schulz-Flory polymerization equation 
[ lo ] .  The nature o f  the product and the  product d i s t r i b u t i o n  among the carbon 
numbers w i l l  depend upon the  c a t a l y t i c  surface, composition (H,/CO r a t i o )  and the 
r a t e  o f  f l ow  o f  the feed gas, reac t i on  pressure, and the  temperature a t  which the 
FT synthesis react ion i s  performed. The above parameters w i l l  a f f e c t  the r a t e  of 
hydrogen and CO d issoc iat ion,  hydrogenation, degree o f  polymerization, and 
desorption o f  t he  product species. 

Chain Growth Kinet ics :  The chain growth p r o b a b i l i t y  i s  designated by the quant i ty  
a and represents the p r o b a b i l i t y  t h a t  an oligomer w i t h  ( r -1)  carbon atoms w i l l  grow 
t o  an oligomer w i t h  r carbon atoms. The product d i s t r i b u t i o n  among the carbon 
numbers fo l lows the  polymerization equation 

The above expression, usua l l y  known as the  Anderson-Schultz-Flory (ASF) poly- 
mer izat ion equation, i s  w r i t t e n  
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log(W,/n) = n l o g  a + log[(l-a)*/a] (5) 

One would then expect a l i n e a r  r e l a t i o n  between log(W,/n) and n, w i t h  slope l o g  a ,  
as shown i n  Fig. 1 [4]. The theo re t i ca l  maxima f o r  various hydrocarbon f rac t i ons  
i n  the FT roduct  such as gas, naphtha, heavy d i s t i l l a t e ,  and wax have been 
ca l cu la ted  fll] and can be seen i n  Fig. 2. 

Cata lyst  Synthesis 

Va r ie t i es  o f  i r o n  ca ta l ys ts  have been examined f o r  FT synthesis i n  s l u r r y  reactors. 
These inc lude  (1) p r e c i p i t a t e d  i r o n  ca ta l ys ts  [3-5.12,13], (2) fused i r o n  ca ta l ys ts  
[14-16], (3) u l t r a f i n e - p a r t i c l e  c a t a l y s t s  [17-191, and (4) c a t a l y s t s  produced by 
l a s e r  p y r o l y s i s  [20,21]. 

The pioneering work o f  Kolbel i n  Germany t o  develop the  Rheinpreussen s l u r r y  reactor  
process a f t e r  World War I 1  used a p r e c i p i t a t e d  i r o n  c a t a l y s t  [3]. The resu l t s  
obtained by Kolbel were very favorable, and e f f o r t s  are ongoing t o  reproduce the 
space-time y i e l d s  or c a t a l y s t  a c t i v i t i e s .  Koppers [22] o f  Rheinprussen claimed 
s l u r r y  reac to r  space-time y i e l d s  o f  up t o  2800 kg/m’ p e r  day i n  a laboratory  
reactor, but  a l l  o the r  s tud ies publ ished by h i s  group repor ted considerably lower 
values (e.g., 940 kg/m’ e r  day i n  a p i l o t - s c a l e  reac to r  and 740 kg/m’ per day i n  
a laboratory  reac to r  [23f). These inves t i ga t i ons  and l a t e r  work by the  Mobil group 
[4.5] us ing  p r e c i p i t a t e d  i r o n  c a t a l y s t s  i n  a s l u r r y  bubble column reac to r  (see Table 
1) have resu l ted  i n  a sustained i n t e r e s t  i n  t h i s  type o f  ca ta l ys t .  Accordingly, the 
e f f o r t  i n  the DOE program has been centered on p r e c i p i t a t e d  i r o n  ca ta l ys ts .  

P rec io i t a ted  I r o n  Cata lysts :  

The development o f  p r e c i p i t a t e d  i r o n  ca ta l ys ts  fo r  slurry-phase synthesis was based 
on e a r l i e r  work t h a t  was performed w i t h  i r o n  c a t a l y s t s  intended f o r  use i n  fixed-bed 
processes [l]. The f e a s i b i l i t y  o f  t he  use of p r e c i p i t a t e d  i r o n  ca ta l ys ts  has been 
demonstrated under r e l a t i v e l y  m i l d  Arge-type condi t ions a t  SASOL [1,24]. Apart from 
the  t e s t s  conducted on a l i m i t e d  scale a t  Rheinpreussen [3] and Mobil [4,5], these 
ca ta l ys ts  have not  been s u f f i c i e n t l y  demonstrated i n  a s lur ry-bubble column reactor  
representat ive o f  c o m e r c i a l  operation. The main reason f o r  t h i s  i s  the lack of 
prec ise in format ion i n  the p u b l i c  domain regard ing the  fo l l ow ing  fac to rs  in f luenc ing 
t h e  a c t i v i t y .  s e l e c t i v i t y ,  and s t a b i l i t y  of the ca ta l ys ts :  (1) pH o f  p rec ip i t a t i on ,  
(2) concentrat ion o f  Fe and other  components such as Cu i n  the p r e c i p i t a t i o n  
reactor. (3) temperature o f  p r e c i p i t a t i o n ,  (4) residence t ime o f  Fe and other  
components i n  the  p r e c i p i t a t i o n  reactor, (5) f i l t r a t i o n  r a t e  o f  the hydrated gel ,  
(6) washing r a t e  o f  the hydrated i r o n  oxide gel ,  (7) use o f  binders such as s i l i c a  
t o  prov ide mechanical strength, and (8) procedures such as spray d ry ing  t o  obta in  
uniform s i z e  spher ica l  p a r t i c l e s  w i t h  a mean diameter o f  about 30 microns. 

Under the DOE program an iron-based c a t a l y s t  w i t h  the  des i red p roper t i es  has been 
developed [25] f o r  study i n  the  A l t e r n a t i v e  Fuels Development U n i t  i n  LaPorte, 
Texas. E f f o r t s  are underway t o  scaleup the syn the t i c  procedure i n  order t o  make 
about 2.000 pounds o f  the c a t a l y s t .  Some features o f  the c a t a l y s t  are (1) spherical 
p a r t i c l e s  o f  average diameter o f  about 30 microns, (2) FT and WGS a c t i v i t i e s  tha t  
are h igher  than those o f  the commercial Ruhrchemie Fe ca ta l ys t ,  and (3) favorable 
suspension behavior i n  the  s l u r r y  medium. 

K ine t i cs  o f  t he  Fischer-Tropsch Synthesis over Fe Cata lysts  

The CSTR i s  we l l - su i ted  f o r  measuring the i n t r i n s i c  k i n e t i c s  o f  the FT react ion as 
the in f luence o f  heat and mass t r a n s f e r  e f f e c t s  i n  t h i s  reac to r  can be ignored [8]. 
The k i n e t i c  models t h a t  have been proposed f o r  the FT reac t i on  w i l l  now be examined. 
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To date, no model can account f o r  the reac t i on  r a t e  under a l l  condi t ions.  
the models agrees w i th  the experimental r e s u l t s  under c e r t a i n  condi t ions.  

Anderson's r a t e  expression [9] 

Each o f  

i s  appl icable when the WGS a c t i v i t y  i s  low. The r a t e  expression i s  suggestive o f  a 
competit ion between water and CO f o r  the ava i l ab le  s i t e s  on the  ca ta l ys t .  

Ledakowicz e t  a l .  [26] have proposed t h a t  the r a t e  expression 

could be used a t  h igh WGS a c t i v i t y .  This r a t e  equation impl ies t h a t  the in f luence 
o f  CO, i s  more important than t h a t  o f  H,O under these condi t ions.  

S a t t e r f i e l d  e t  a l .  [27] drew a t t e n t i o n  t o  the  f a c t  t h a t  water i n h i b i t s  the FT 
synthesis r a t e  more than does CO . I t  was the re fo re  reasonable t o  suppose tha t  the 

I t  

Based on 

0 (or the H,OfH, r a t i o )  i s  more important than the concentrat ion 
i n  a f f e c t i n g  the ox ida t i on  s t a t e  o f  t he  cata lyst .  
i n h i b i t i o n  a t t r i b u t e d  t o  CO, by Ledakowicz e t  a l .  [26] 

was instead a c t u a l l y  caused by H,O formed by the  reverse WGS react ion.  
these arguments. t he  fo l l ow ing  r a t e  equation [29] was favored: 

To use equation (8). i t  i s  important t o  have r e l i a b l e  methods f o r  analyzing H,O and 
H . H,O tends t o  t a i l  i n  some GC columns, but  methods t o  q u a n t i t a t i v e l y  determine 
the H,O concentrat ion have been establ ished [30]. The k i n e t i c s  o f  the FT synthesis 
has recen t l y  been reviewed by Wojciechowski [31]. 

I n  add i t i on  t o  f l u i d  dynamic data. the development o f  r e l i a b l e  k i n e t i c  r a t e  
expressions f o r  i r o n  ca ta l ys ts  i s  important f o r  the p r e d i c t i o n  o f  the behavior o f  
s l u r r y  bubble column reactors. The ongoing research t o  develop a c t i v e  and s tab le 
Fe FT ca ta l ys ts  f o r  t he  s l u r r y  phase w i l l  s t imu la te  add i t i ona l  work t o  develop 
accurate k i n e t i c  r a t e  expressions. 

Predic t ina C a t a l y t i c  Performance i n  a S lu r r y  Bubble Column Reactor 

From CSTR data obtained on a p r e c i p i t a t e d  i r o n  cata lyst ,  Abrevaya and Shah [12] have 
predic ted the  performance i n  an SBCR. The ca l cu la t i on  was based on the COtH, 
conversion measured i n  a CSTR a t  265°C and 275°C a t  var ious feed f lowrates (Fig 3 ) .  
They assumed t h a t  t he  s l u r r y  bubble column reac to r  could be modelled as 11 s l u r r y  
autoclave reactors- in-ser ies operating a t  8%, 16%, 24% ... 88% conversions. Since 
data were no t  ava i l ab le  below 35% conversion a t  265'C and 50% a t  275°C ( f i g  3), i t  
was assumed t h a t  the reac t i on  r a t e  and s e l e c t i v i t y  a t  these temperatures d id  not 
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change below 35% and 50% conversion respect ive ly .  The ca l cu la t i ons  made using these 
assumptions are summarized i n  Table 2. Subsequent improvements i n  the ca ta l ys t  
resu l ted  i n  c a t a l y s t  performance t h a t  was much c lose r  t o  the t a r g e t  performance. 

Table 2 

Performance o f  P rec ip i t a ted  I r o n  Cata lyst  [12] i n  
11 Autoclave Reactors i n  Series a t  21 ATM, 0.7 H,: CO Feed 

(wt-5) 

265°C 275°C Tarqet 
- _ _  c, 4.3 5.8 

C, (Ethane + Ethylene) 4.6 6.0 _ _ _  
c, + c, 8.9 11.8 7 
Sv. nL/h-gFe 1.1 1.6 22 

Concluding Remarks: 

From the survey on Fe FT ca ta l ys ts  f o r  slurry-phase operation. i t  i s  evident t ha t  
add i t i ona l  research i s  needed f o r  the development o f  reproducib le  synthesis o f  
ac t i ve  and s tab le  cata lysts .  A more complete understanding o f  the behavior o f  i r o n  
ca ta l ys ts  t h a t  can be obtained from modern surface and bulk  a n a l y t i c  techniques i s  
required. The c o r r e l a t i o n  o f  c a t a l y s t  p roper t i es  w i t h  k i n e t i c  data w i l l  es tab l i sh  
a sound bas is  f o r  t h e  c m e r c i a l  manufacture o f  Fe FT ca ta l ys ts  f o r  s l u r r y  bubble 
column reactors. 
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INTRODUCTION 

Mn-Fe catalysts have been studied extensively during recent years, 
primarily because they can enhance the selectivity for low 
-molecular weight olefins in the Fischer-Tropsch (FT) synthesis 
(1-9!. The reason for the increased selectivity towards light 
olefins on Mn-Fe catalysts remains controversial. A chemical 
and/or electronic promoter effect of Mn on the available iron 
surface has been proposed (4). The change in selectivity upon the 
addition of Mn to iron catalysts has also been attributed to a MnO 
species sitting on the Fe surface (1). Moreover, a surface spinel 
phase (MnFe204) has been proposed to play an important role in 
providing high selectivity to light olefins ( 2,3,5,6). It is still 
an open question as to whether the spinel phase (MnFe204) is 
responsible for the activity and selectivity during the FT 
synthesis. 

In general, Mn-Fe catalysts were prepared by coprecipitation (or 
impregnation) of the corresponding nitrates. The degradation of a 
metal complex, a simple method employed in this study, has not been 
widely utilized. In this study, MnFe2(C204)3 was decomposed to 
prepare the Mn-Fe catalysts. Some of the major advantages of this 
method are the following : (a) degradation of this complex can lead 
to the formation of various Mn-Fe oxides by calcination at 
different temperatures; and (b) pure Mn-Fe spinel can be prepared 
with the correct stoichiometric metal ratio, Fe/Mn=2. 

Previous studies have reported that hydrogen adsorption on iron 
catalysts can be activated and dissociative, and carbon monoxide 
adsorption on iron catalysts includes both associative and 
dissociative adsorption (4,10,13,14). In an attempt to gain a 
better understanding of the role that the spinel phase (MnFea04) 
plays in Mn-Fe catalysts, a TPD study of Mn-Fe catalysts was 
conducted. 

EXPERIMENTAL 

MnFe2(C204)3 was prepared as described by Wickhem (15). The 
catalyst precursor MnFe2(C204)3 was calcined in air at different 
temperatures (1300, 1000, 700, and 500 OC) for 5 hours, followed by 
quenching in nitrogen. Fez03 was prepared from the precursor 
Fe(C204) by calcining at 500 OC for 5 hours, followed by quenching 

192 



in nitrogen. 

High purity argon, hydrogen, and carbon monoxide were used in this 
study. Gas flow rates of 30 ml/min were used for experiments 
conducted in this study. A temperature-programmed, catalyst 
characterization system (AMI-1) manufactured by Altamira 
Instruments, Inc., was used to obtain the TPD spectrum. A ramp of 
15OC/min was used for all experiments in this study. 

Catalyst samples were first exposed to a stream of argon gas at 
12OoC for one hour, then they were reduced in hydrogen at 35OoC or 
45OoC for 12 hours. The catalyst was cooled under flowing hydrogen 
from the reduction temperature to ambient temperature, flushed in 
argon for one-half hour to remove the weakly held hydrogen, then 
heated to 65OoC and held at 65OoC for one-half hour. The TPD 
spectra obtained from this sequence are referred to as high 
temperature (HT) H2-TPD. After being purged with argon at 65OoC 
for about one-half hour, the catalyst samples were then cooled to 
ambient temperature. The catalysts were exposed to adsorbate gas 
(HZ or CO) at ambient temperature for one hour, followed by 
flushing in argon for one-half hour, and then heated in argon to 
65OoC and held for one-half hour. The TPD spectra obtained from 
this sequence are referred to as low temperature (LT) H2 (or 
CO) -TPD. 

RESULTS AND DISCUSSION 

The amount of hydrogen absorbed (or desorbed) was determined from 
the TPD spectra shown in Figs 1 to 3. The effects of varying cal- 
cination and reduction temperatures on hydrogen uptakes are pre- 
sented in Table 1. For each catalyst, two hydrogen uptakes are 
measured. One is determined from the HT H2-TPD, and the other is 
calculated from the LT H2-TPD. Three to 50 times as much hydrogen 
uptake is obtained by comparing the HT H2-TPD to that of LT H2-TPD. 
Based on these two hydrogen uptakes at any reduction temperature, 
it is apparent that hydrogen adsorption is an activated process 
over Mn-Fe catalysts. These data are in agreement with previous 
studies that have shown hydrogen adsorption on iron catalysts can 
be highly activated (3,13). Noticeably, a high temperature of 
reduction significantly suppresses the amount of HT-Hz uptake 
obtained from the MnFe1300 catalyst (Table 1). This result cor- 
relates well with our reaction data that there is a higher syngas 
conversion of 28% from the MnFe1300 catalyst with a lower reduction 
temperature, 35OoC, versus that of 21% when the catalyst was 
reduced at 45OoC (16). The lower uptakes of hydrogen obtained 
from higher reduction temperatures may be a result of catalyst 
sintering and/or MnO encapsulated with iron particles during the 
higher temperature of reduction. The MnO encapsulated with iron 
particles has been verified by our XPS observations (16). 

XRD results obtained for each of the catalysts are also shown in 
Table 1. These results show that various phases can be formed by 
calcination at different temperatures, as anticipated. High 
calcination temperature (13OOOC) favored the formation of a Mn-Fe 
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spinel before reduction. A mixture of spinel, manganese oxide, and 
iron oxide was observed when catalysts were calcined at 1OOOoC. 
Lower calcination temperatures (700 and 50OoC) led to the formation 
of manganese oxide and iron oxides. Different reduction 
temperatures can also result in the formation of different phases. 
In general, two phases, MnO and Fe, were observed when catalysts 
were reduced at 450 and 350oC. However, the additional spinel 
phase (MnFe204) formed when the catalysts were calcined at 1000 or 
1300oC and reduced at 350%. These results are consistent with 
previous studies on the effects of reduction temperature on spinel 
phases. Studies on the Mn-Fe catalysts, prepared by the 
coprecipitation method, indicated that reducing catalysts at a 
higher temperature than 375% results in the complete decomposition 
of the spinel phase to MnO and metallic Fe phases. however, 
reduction at a lower temperature than 375% results in a mixture of 
Fe, MnO, and mixed spinel phases (3,5-7,9). Fe was the only phase 
observed after the reduction of the Fe500 catalyst prepared using 
the oxalate precursor. 

Figs 1 and 2 illustrate the effects of calcination and reduction 
temperature on HT H2-TPD of Mn-Fe catalysts. Some general 
observations can be made by comparing the TPD spectra with the XRD 
results in Table 1. Two desorption peaks (90 to 12OoC and 450 to 
51OoC) can be correlated with the Fe phase (Figs la, 2a). As 
indicated by XRD results, MnO and Fe phases were the only two 
phases present when catalysts were reduced at 45OoC. By 
correlating TPD spectra in Figs 2b to 2e with XRD results, the MnO- 
related peaks can be assigned as those peaks with temperatures near 
140 to 19OoC and 570 to 63OOC. These MnO-related peaks were also 
observed in Figs 1c and Id. The XRD results also indicate that 
when catalysts are calcined at 1000 or 130OoC and reduced at 35OoC, 
the spinel phase (MnFe204) is present along with MnO and Fe phases. 
The shapes of the TPD spectra for these materials (Figs IC and Id) 
are significantly different from other spectra in Figs 1 and 2, in 
that they have an additional peak centered at 35OoC. This 
additional peak, centered at 350oC, can be clearly correlated with 
the spinel phase (MnFe204). The surface of the Mn-Fe catalyst is 
probably complex. However, through a systematic series of 
experiments, the Fe, MnO, and MnFe204 related TPD spectra can be 
assigned. Fig. 3 shows the effects of calcination and reduction 
temperatures on LT H2-TPD of Mn-Fe catalysts. Noticeably, the LT 
H2-TPD spectra are much smaller than that in Figs 1 and 2. 
Combining the TPD spectra on Fig. 3 with the XRD information 
obtained in Table 1, the following conclusions were reached. The 
peak centered at 100°C is correlated with the Fe phase (Fig. 3). 
A broad desorption peak centered at 230% may be correlated with 
the MnO phase (Figs 3a. 3b, and 3c). The spinel phase related 
peak (with peak temperature centered at 350% in Figs IC and Id) 
was also observed in Figs 3-c and 3-d. Based on the information 
collected from Figs 1 to 3, the spinel phase does adsorb hydrogen 
and it is an activated process. Weatherbee et al. indicated that 
highly activated adsorption of hydrogen on reduced iron could lead 
to hydrogen-adsorption limiting kinetics and a hydrogen-poor 
surface resulting in the modification of the product distribution 
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during hydrogenation (13). Less adsorbed hydrogen that may be 
available for the hydrogenation on the Mn-Fe catalysts under 
reaction conditions thus could favor the formation of olefins. 
Moreover, an additional experiment was conducted to verify the 
hypothesis that the spinel phase does adsorb hydrogen. The pure 
spinel, MnFe204 was first heated to 65OoC in argon to desorb any 
impurities that ‘remained during the preparation. Then the catalyst 
was cooled to 280% in argon, followed by exposure to hydrogen for 
10 minutes at 28OoC. It was cooled down to ambient temperature in 
hydrogen, then switched to argon. The TPD spectrum obtained from 
this experiment showed only one desorption peak, centered at 350°C, 
which was identified as the spinel phase related hydrogen 
desorption peak previously identified. 

The LT CO-TPD spectra are shown in Fig. 4. It was found that all 
the desorption peaks consisted solely of carbon monoxide. Based on 
the observed peaks, two forms of desorbed CO could be 
distinguished; one type desorbed at a temperature of about 90 to 
llO°C and the other at about 590 to 63OoC. Both desorption peaks 
can be correlated with the Fe phase. The lower temperature peak is 
probably related with the desorption of molecular CO, whereas the 
higher temperature peak might correlate with the recombination of 
surface carbon and surface oxygen. The two desorption peaks are 
consistent with previous studies (4.12). It is interesting to note 
that the relative ratio of the higher temperature peak versus the 
lower temperature peak is affected by the reduction temperature 
(Fig. 4b to 4d and 4e to 4c). A larger ratio is obtained from Fig. 
4b and 4e, when the catalyst is reduced at 350oC, while a smaller 
ratio is observed from Fig. 4d and 4c. when the catalyst is reduced 
at 450 oC. This difference in relative ratio correlates well with 
the reaction results (16). The CO conversion for the MnFe1300,350 
catalyst (Fig. 4b) was 23%, while the conversion for the 
MnFe1300,450 catalyst (Fig. 4d) was 17%. These reaction results 
indicate that the lower reduction temperature catalyst has a higher 
CO conversion. The higher relative ratio of the two TPD peaks, 
obtained from the lower reduction temperature material (Fig. 4b) 
suggests that the CO dissociation is enhanced at lower reduction 
temperature. The peak around 230 to 25OoC may be correlated with 
the MnO-related phase from Figs. 4c and 4d. No spinel phase 
related peak could be assigned in Fig. 4b and 4e. From the CO TPD 
spectra, it can be inferred that the spinel phase does not adsorb 
CO at room temperature. An additional experiment was also con- 
ducted to verify the hypothesis that the spinel phase does not 
adsorb CO. The pure spinel phase was first heated to 65OoC in a 
stream of argon to remove any impurities. Then the catalyst was 
cooled to 28OoC and the CO was introduced to the catalyst and held 
for 10 min followed by cooling to room temperature in CO. The flow 
was then switched to a stream of argon. The TPD spectrum obtained 
from this experiment showed no desorption of CO. An attempt was 
also made to verify whether or not the spinel phase alone is an 
active phase for syngas conversion. The MnFe204, which had been 
calcined at 130OoC for 5 hours from the spinel precursor, was 
exposed to synthesis gas at 28OoC and 21 bar. In the absence of a 
reduction stage, it exhibited no activity during the 72-hour 
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testing period. The phase of the catalyst after calcination was 
shown to be a MnFe204 spinel (Table 1). After exposing the 
catalyst to synthesis gas, the phase was still a MnFe204 spinel, as 
determined by X-ray diffraction. These results suggest that the 
MnFe204 spinel phase is not responsible for syngas conversion when 
it is present alone. It is speculated that the lower electron den- 
sity on the catalyst surface is responsible for this effect. It is 
well known that the MnFe204 spinel is a near normal spinel in 
structure. Fe+++ ions are distributed on both tetrahedral sites 
and octahedral sites in a 1:9 ratio. Fe+++ differs from Feo mainly 
in its lower electron density (11). Hence, electron back donation 
from the Fe+++ ions into the 27f orbitals of CO is too weak to 
involve a metal-carbon bonding. A metal-carbon bonding is a 
prerequisite for syngas conversion, and therefore, no reaction 
takes place. 

CONCLUSION 

In the light of the TPD spectra, XRD results, and our reaction 
results, we have concluded that MnFe204 may not be an active phase 
itself during FT synthesis, because it does not chemisorb CO. The 
MnFe2Oq phase does chemisorb hydrogen in an activated process. The 
temperature of reduction determines the phases of the Mn-Fe 
catalyst. The hydrogen adsorption over the Mn-Fe catalysts is an 
activated process and at least three types of adsorption state may 
be assigned, namely Fe, MnO, and MnFe204 related phases. 
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TEMPERATURE, "C 
Fig. 1. Temperature-programmed desorption spectra of hydrogen ( H T  H,-TPD) from catalysts 
as a function of calcination temperatures (catalysts were reduced at 35O'C). (a )  FelOS calcined 
500'C; ( b )  MnFe500 calcined 500°C; (e)  MnFelOOO calcined I(M0"C; (d} MnFe1300 calcined 
1300'C. 
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Fig. 2. Temperature-programmed desorption spectra of hydrogen (HT H,-TPD) from catalysts 
as a function of calcination temperatures (eamlysts were reduced at  450°C I .  (a j Fe201 calcined 
5 0 0 ' C  (b) MnFeSM) calcined 5W'C: (c )  MnFe700 calcined 700°C; ( d )  MnFelOOO calcined 
IOOO'C; (e) MnFe1300calcined 1300°C. 
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TEMPERATURE, "C 
Fig. 3 Temperature-programmed desorption spectra of hydrogen ILT H,.TPD) from catalysts 
as a function of calcination temperatures. (a) MnFe700 calcined 700°C. reduced 450°C. (b) 
MnFe1300caleined 13OO0C,reduced45O"C; (e l  MnFelOOOcalcined 1000°C. reduced350"C; ( d )  
MnFe1300 calcined 1300°C. reduced 350°C. 
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%. 1. Temperature-propmmed desorption of spectra of carbon monoxide f LT CO-TPD) from 
catalysts a a function of calcination temperatures and reduction temperatures. ( a )  Fe,Ol. 350 
calcined 500'C reduced 350'C: f b )  MnFe1300. 350 calcined 1300'C reduced 350°C (e )  Mn. 
Fe1m.450calcined 100OCCreduced450'C: f d )  MnFe1300.450calcined 1300'C r e d u d  450:C: 
( e )  MnFel3M). 350 calcined 1300'C reduced 350'C. 
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INTRODUCTION 

Previous work in this laboratory has shown that the addition of ammonium 
tetrathiomolybdate catalyst precursor ( A m )  to coal at low seventy conditions primarily increased 
the asphaltene yield from subbituminous coals, while for bituminous coals, A'ITM primarily 
increased the oil yield [I]. For coals with higher crosslink density (lower rank coals), the catalyst 
promoted dissolution, while coals with lower crosslink density did not need catalyst to dissolve, ant 
the catalyst instead mainly participated in the hydrogenation of asphaltenes to oils [l]. Our earlier 
work has now been extended to several additional coals to include liquefaction data with and without 
catalyst, This data will be compared with coal aromaticity data determined by 13C NMR and solvent 
swelling data in pyridine. 

EXPERIMENTAL 

Two different catalyst precursors were used. Sulfided ammonium molybdate ( S A M )  was 
prepared, as described in several publications [l-61, by bubbling H2S into a solution of ammonium 
heptamolybdate. Ammonium tetrathiomolybdate (A'ITM) was purchased from Aldrich. 

The coal was impregnated in the same manner as reported previously [l-81. Coal was 
slurried with catalyst precursor solutions for 2 hours and dried to less than 1% moisture. Although 
several molybdenum sulfide precursors were used, previous data have shown that the predominant 
active catalyst species is MoS2 [1-8] and relative comparisons can be made about the effect of 
molybdenum catalysts on coal liquefaction. However, it should be recognized that the degree of 
dispersion of the precursors on coal could be different because two different catalyst precursors were 
used. 

A total of eight coals was used. Data on the elemental composition of each coal are contained 
in Table 1. All reactions were carried out in 25 ml microautoclave (tubing bomb) reactors, and 
heating was accomplished in a temperature controlled fluidized sandbath. The catalyst loading was 
1% expressed as weight of molybdenum (not of molybdenum compound) on a daf basis. The 
reactor was flushed three times with hydrogen, with the final addition pressurized to 6.9 MPa (cold). 
The reactor was vertically oscillated 2.5 cm at 200 cycles per minute. The coals PSOC-487, PSOC- 
831, PSOC-1379, and DECS-12 were reacted in a single stage reaction at 360°C for 1 h (PSOC-1488 
for 35OOC for 1 h). The solvent used was phenanthrene (naphthalene for PSOC-1488) at a 2/1 
solvent-to-coal ratio, and the mass of the coal reacted was 2.5 g. The coal PSOC-1488 was reacted 
in a temperature-staged reaction (35OOC for 1 h followed by 425OC for 10 min). A Texas lignite and a 
hvB bituminous coal used the following reaction conditions: phenanthrene solvent at a 1/1 solvent-to. 
coal ratio, with the coal mass 5 g, and the reaction was temperature-staged at 275OC for 30 min and 
425OC for 30 min. The can (Turkish) coal was reacted in phenanthrene and dihydrophenanthrene (5 
g of each of solvent and coal) in temperature-staged reactions of 275OC for 30 min and 425OC for 30 
min. 

For PSOC-1488, the cooled reactor was vented into a glass expansion bulb, and the contents 
were analyzed by gas chromatography using a Varian model 3700. The contents of the reactor were 
then rinsed with tetrahydrofuran (THF) into a dried Soxhlet thimble and extracted for about 12 h 
under nitrogen. The THF was removed by 'otary evaporation. The solid residue was dried at l00OC 
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for 12 h before weighing. Conversion was calculated by subtracting the weight of the residue from 
the weight of the coal and dividing by the dmmf weight of the coal. Liquids were further separated 
into asphaltenes and oils by adding hexane to the THF-soluble portion. This mixture was refluxed 
for 12 h under nitrogen, followed by filtration into hexane-solubles and insolubles. The hexane was 
removed by rotary evaporation, and the samples were dried at 100°C for 1 h before weighing. The 
oil (hexane-soluble) yield was calculated by difference from the conversion percentages of the gas 
yield, THF solubles, and the THF insolubles. 

not determined, so the calculated difference for the oils includes the gas yield as well. Gas yields 
vary only slightly, so any uend in oil plus gas really reflects changes in oil yield. Once the pressure 
was vented from the reactor, the contents of the tubing bomb were rinsed with hexane into a dried, 
weighed ceramic thimble and Soxhlet extracted for about 24 h under nitrogen. The hexane was 
removed from the extract by rotary evaporation. The hexane-insoluble residue was then Soxhlet 
exmcted with toluene to separate asphaltenes from the residue. Toluene was removed from the 
extract by rotary evaporation. The toluene-insoluble residue was then Soxhlet extracted with THF to 
separate preasphaltenes from the residue. THF was removed from the extract by rotary evaporation. 
Preasphaltenes, asphaltenes, and residue were dried overnight under vacuum at 1 10°C. Conversion 
was calculated by subtracting the weight of the residue from the weight of the coal and dividing by 
the daf weight of the coal. 

Solid state *3C NMR was performed using a Chemagnetics NMR Model M100S. The 
experiment was the standard CPMAS and pulsed Fourier transform (PFT) technique to collect the 
NMR spectrum. This technique was used for determination of fa and to characterize the structure of 
each coal. The conditions used for this were: contact time, 1000 p; acqu 
carbon frequency, 25 MHz; the time of the 90' pulse, 5.5 ps; and a pulse delay of 1 s. Table 2 
contains fa data. 

Solvent swelling was performed according to the same procedure as Artok et al. [7] and 
Davis et al. [8]. About 1 g of coal (-60 mesh) was placed into a graduated cenmfuge tube fitted with 
a screw cap. The coal was cenmfuged for 30 m i n  at 3000 rpm (mom temperature), and the height of 
the coal (&) was recorded. Pyridine (Q7ml) was added to the coal, and the sample was shaken to 
ensure that all the coal was wetted with the pyridine. The samples sat for -24 h. The sample was 
again cenmfuged for 30 min at 3000 rpm, and the new height of the coal (H,) was recorded. The 
solvent swelling index, Q, was calculated by H A .  Table 2 contains the results of this experiment. 

RESULTS AND DISCUSSION 

For the rest of the coals, the work-up procedure was changed slightly. Gas percentages were 

It is important to mention that much of the data discussed in this paper were obtained as part 
of several different projects. Because each of the projects had somewhat different objectives, 
different reaction conditions were used to obtain the original data. Therefore i t  would be impossible 
to draw quantitative statistical conclusions. However, some useful qualitative comparisons can be 
discussed. Tables 2 and 3 contain the solvent swelling data, the aromaticity data, and the liquefaction 
data for all the coals. Table 2 contains single-stage data and Table 3 contains temperature-staged 
data. The first part of the discussion will focus on the low temperature single-stage data. 

For the low temperature single-stage reactions, at every reaction condition, using 
molybdenum sulfide catalyst shows an increase in the total conversion, even at 275OC. The principal 
factor of concern in this paper is the change in the light fraction-to-heavy fraction ratio (UH) 
compared to the coal rank, the solvent swelling index, and the aromaticity cfa). The UH ratio is 
calculated by dividing the oil plus gas yield by the preasphaltene plus asphaltene yield. For all the 
subbituminous coals (PSOC-487, -1488, and DECS-I), the L/H ratio decreases when comparing the 
catalyzed reaction to the uncatalyzed reaction. It appears at low severity that the catalyst functions to 
depolymerize the coal, not to hydrotreat preasphaltenes and asphaltenes to oils and gas. For the 
bituminous coals (PSOC-831, PSOC-1379, DECS-6, and DECS-12), the UH ratio increases when 
comparing the catalyzed reaction to the uncatalyzed reaction. It appears that the catalyst functions not 
only to depolymerize the coal, but also to hydrogenate asphaltenes to oils and gas. These data are 
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similarto data presented in the previous work [I]. It was shown by Burgess et al. [I] that earlier 
work by Weller and Pelipetz [9] and Garg and Givens [lo] fits into this pattern. 

There are some other comparisons that can be made for the liquefaction data at 350-36OOC. 
The organic sulfur in the coals can be qualitatively classified as high (2 0.83%) or low; the crosslink 
densitycan be high (-1.7). medium (-lS), or low (-1.1); organic oxygen can be high (2 15%) or 
low; and the solvent quality is high (phenanthrene) or low (naphthalene). For the uncatalyzed 
reactions, the two systems indicating the highest conversions - PSOC-831 and DECS-12 - share the 
following characteristics: high organic sulfur, a medium crosslink density, and low organic oxygen, 
while using a relatively good solvent during liquefaction. Organic sulfur is a point of 
macromolecular decomposition [ 111 and is important for liquefaction reactivity [ 121. It seems odd 
that a coal with a medium crosslink density would be a better liquefying coal than one with a low 
crosslink density, but the coal with the medium crosslink density liquefies better than the coal with 
the high one (the fewer the crosslinks to cut, the easier the liquefaction). High organic oxygen can 
mean a high percentage of carboxyl groups, and it is thought that carboxyl groups play a role in 
preventing the hydrogenation of free radicals that can lead to retrogressive crosslinking during 
liquefaction [13]. 

conversions are PSOC-1379 and DECS-12. However, there is no apparent distinction for these 
coals based on coal properties (at least sulfur, fa, oxygen, and Q). However, consider the 
comparison of PSOC-487 and -1379. These coals have comparable Q and oxygen. Note that the 
higherconversion is obtained with the higher sulfur coal, and furthermore, the higher sulfur coal 
gives a significant increase in oils. For PSOC-831 and DECS-12, both have comparable Q and 
oxygen, though lower Q and oxygen values than those of PSOC-487 and -1379. In this case, the 
coal with higher sulfur gives lower conversion. A possible explanation for these observations is that 
sulfur is not as important as a reactive site in the higher rank coals (Given found that sulfur was 
important for lignites [12]). When there is a lower oxygen content, there is less likelihood of 
retrogressive crosslinking at oxygen sites [13], and hence the intervention of H2S (generated from 
hydrogenation of the sulfur compounds) is much less important. For the 487/1379 pair of coals, 
where sulfur is important, increased conversion comes largely from oils. In the 831/12 pair, where 
sulfur apparently has no effect, the increased conversion comes largely from asphaltenes and 
preasphaltenes. It is possible that H2S facilitates conversion to oils [l 1, 121. 

1488 and DECS-1 are compared, they both have similar oxygen contents, with DECS-1 giving much 
better liquefaction conversion. Notice the big increase in conversion is due to oils. The better 
conversion of DECS-1 is consistent with its relatively high organic sulfur content, although the 
effectsof solvent quality and crosslink density must also be considered. 

The reaction conditions of temperature-staging plus catalyst give comparable conversions for 
the three coals (not including the ultra-reactive high organic sulfur coal Can). However, this is 
consistent with previous arguments [l], that if a sufficiently severe reaction condition is used (and in 
the context of the work discussed here catalytic temperature-staging is severe), then the seventy of 
the reaction conditions simply overwhelms effects of coal suucture and most coals can be driven to 
high conversions. The main difference in the reaction for the Can coal is that the conversion in 
phenanthrene and catalyst is quite high (96.3% for total conversion and 62.0% for the oil +gas yield) 
and that the conversion in DHP without catalyst is quite high (93.8% for total conversion and 49.0% 
for the oil + gas yield). When reacting the Can coal in DHP and catalyst, there isn't much otherwise 
reactive coal left to break apart, so the catalyst acts mainly in hydrogenating preasphaltenes and 
asphaltenes to oil and gas. It is also evident with the Can coal that even without using catalyst or 
hydrogen donor solvent, the temperature-staged liquefaction conversion would be very good, hence 
the coal itself is quite reactive. The Can coal is also very high in sulfur. 

CONCLUSIONS 

For the single stage catalyzed reactions at 350-36OoC, liquefaction reactions giving the highest 

The discussion will now focus on temperame-staged reactions without catalyst. If PSOC- 

. 

For the single stage liquefaction experiments, using a catalyst with a subbituminous coal will 
likely be an asset to help depolymerize the coal, and using a catalyst with a bituminous coal will help 
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depolymerize the coal and hydrogenate asphaltenes to produce higher oil yields. For the temperature- 
staged data, there is no correlation for rank. There is no correlation for solvent swelling and 
aromaticity to the liquefaction data when comparing catalyzed experiments to uncatalyzed 
experiments. For the low rank coals, coals with higher sulfur content tend to have higher 
conversions, mainly in the oil fractions. For the bituminous coals, the effect of sulfur is minimal. 
Future work includes more extensive analysis of the structure of these coals as well some additional 
coals. 
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1.0 INTRODUCTION 

Catalytic hydrocracking is a flexible reliming process that can accommodate a wide range of feedstocks 
and generate a range of useful producu. Part of this flexibility derives from the use of a bifunctional catalyst. A 
metal function allows for hydrogenation of polynuclear aromatics (PNAs) and dehydrogenation of alkanes to 
olefm intermedialer An acid function promotes isomerization and cracking. Acting in concert, these functions 
and the process conditions of temperature, hydmgen pressure. WHSV, etc., combine to lower the molecular 
weight and increase the HK d o  of the feedstock. 

Clearly the feedstock specifications also play a crucial role. For example, in PNA hydrocracking. the 
apparently subtle reactant sv~clural  feature of six versus five carbon-containing rings can lead to important 
process implications. The hydrocracking of PNA's containing exclusively six-carbon-membered rings, such as 
anthracene, phenanthrene and naphthalene, proceeds by the predominant patterns 1-3 oE terminal ring 
hydrogenation. followed by cyclohexyl ring isomerization, ring opening and dealkylation to yield a lower 
molecular weight ammatic product and Light gases (e.g., C4). On the other hand, the reaction of the five-carbon- 
membered ring containing PNA fluoranthene (I) involves hydrogenation to teuahydrofluoranthrene. center ring 
opening to 5-phenyl tetralin, and biphenyl bond cleavage to teualin and benzene, as shown in Equation I? 

Table 1 summarizes important hydmcracking pathways of fl~oranthene~, 9-ethyl fluorene, 9-phenyl 
anthracene, and 2-phenyl naphlbalene deduced from reactions with H2 and an indusbial equilibrated NMMSY- 
Zeolite cafalyst These model compounds all generate shuctures that can undergo the direct biphenyl cleavage. 
Inspection of Table 1 reveals the minimum structwal moiety for direct biphenyl cleavage. Fluomthene. 2- 
phenyl naphthalene. and 9-phenyl anthracene, all fully ammatic, require hydrogenation and cracking steps before 
they have the shucture capable of direct biphenyl cleavage which occurs from rows 111 to IV in Table 1. In 
contrast, 9-ethyl fluorene has aliphatic character and as a result requires fewer uansformations before forming 2- 
propyl biphenyl, which can be directly cleaved. 

It is also instructive to consider the reactions of related compounds that did not follow the ef?icient bond 
cleavage pahway. Fluorene, for example, ring opens to I-phenyl toluene, which contains a benzylic hydride but 
not the additional p saturated carbon whose deprotonation to an olefin would allow hydrogenation to afford the 
f d  alkyl-substituted product '. 2-Methyl biphenyl likewise suffers from the Same shuctural deficiency. and 
undergoes only isomerization reactions. Biphenyl does not directly cleave to form two moles of benzene per 
mole of biphenyl reacted; rather. it is postulated thal cracking occurs via cyclohexyl benzene. Thus the 
minimum structure necessary for efficienl cleavage is proposed Lo be a biphenyl moiety with an alkyl group, 
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comprising at least two carbons. bonded ortho IO the biphenyl bond. 

Additional experiments with the NiMoRISY-Z industrial catalyst and 9-ethyl fluorene revealed 
kinetically significant reactions: cleavage of the center fused cyclopentyl ring, transalltylation. and condensation 
reactions IO form 9-methyl phenanthrene. Comparison of the 5-phenyl temlin and 2-propyl biphenyl 
intermediates observed from reaction of fluoranthene and 9ethyl fluorene, respectively, highlights the causes of 
these new pathways. The formal [I>] shift is the only significant pathway for 5-phenyl tetralin. In contrasL the 
n-propyl group can participate in ring closure and uansalkylation. Thus somewhat subtle changes in reactant 
structure can engender a wide range of available pathways. It is reasonable to expect similar sensitivity with 
regard lo catalyst strucrure. 

’Ihe reactions noted above comprise several key molecular msitions: hydrogenation, the net [ I S ]  
biphenyl cleavage, center ring opening of cyclopentyl ring, isomerization. transalkylation. and ring closure.. 
Each of these is influenced by the catalyst propelties to a different degree. Herein, we report the preliminary work 
aimed to determine the catalyst function that influences the kinetics of each. 

As a f m t  step, the acidity of the catalyst was probed by varying the sodium content of the zeolite-Y 
support The procedure used followed the early work of Ward 6-9 and Hansford and Ward ’Os1 ’ . These 
workers concluded that the concentralion of Bmnsted acid sites increases linearly with decreasing sodium content 
of the zeolite until 60-705% of the sodium ions have been replaced. They also found that o-xylene isomerhiion 
activity increased with decreasing sodium contenL The activity per site also increased with decreasing sodium 
content. 

The foregoing suggesu that hydrocracking reactivity can be viewed as a rate functional: which 
combines snucWfunct ion relations f(S) for both the catalyst (Sc) and reactant (Sa. Observed reactivity R is 
thus a function of both f(Sc) and f(SR). as in Equation (2). 

The objective of this paper is lo report the results of hydmmcking experiments with a standard 
commercial catalyst and a range of KaClant molecules, as a probe of f(sR). and also experimenu involving a 
probe reactant (9ethyl fluorene) and a range of carefully prepared catalytic materials that mimic aspects of the 
indusvial catalyst The goal is lo lay a foundation for unraveling more quantilative aspects of R. 

2.0 EXPERIMENTAL PROCEDURES 

2.1 Material Synthesis 

zeolite) and synthesized zeolite were used. Sodium zeolite Y was synthesized following an early patent by Breck ’’. Zeolite-Y was synthesized from an aged gel and then washed and f d d .  The samples were dried overnight 
at 110°C and lhen calcined under a flow of air. The calcination program was heating at 350T for lhree hours and 
then calcining at 500°C for four hours. 

m e  catalysts prepared for the present work were designed as follows: both commercial (Smm Na-Y 

A series of acid supports was made by ion exchanging either commercial or synthesized zeolite-Y with 
ammonium nirrate solutions. The hydrogenation activity was provided by sullided CoMo. The metal loading 
and in!mduction meihods are as reported by Cid and co-workers l4-I6. The metal function was varied through 
the use incipient wetness impregnation, ion exchange/ipregnation. and rotary vacuum impregnation. 

2.1 Zeolite Characterization by XRD and TEM 

X-Ray powder diffraction (XRD) of the zeolite samples was accomplished using a Philips XRG 3OOO x- 
ray generator coupled to an AF’D 3520 controller. n e  radiation employed was CuKa with a wavelength of 
1.540562 A. All samples were scanned from 6O to 60° 28. The peak heights above the background of the 5 
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largest peaks of calcined NaY were used to compute % crystallinity according to: 

% Crystallinity = (- I x l o o  
(Chts. of 5 peaks)standard 

Metal oxide and metal sulfide species in the catalyst samples were identified using Table 2 which lists the 
characteristic peaks for each of the non-zeolitic phases. 

Transmission elecvon microscopy m M )  of the samples was accomplished using a philips EM 400 
hammission electron microscope. n e  sample was prepared for microscopy by dispersing some of the zeolite in 
n-hexane. uansferring a drop of the suspension onto a copper grid and allowing the solvent to evaporate. The 
average crystal size of the parent zeolite. n, was o w n e d  fmm micrographs by counting and measuring - ux) 
cryslals. Nole that n = Z((dini)/ki where di is the diameter of the ith panicle and ni is the number of crysulls of 
diameter i. 

2.2 Catalytic Hydrocracking Reactions 

The hydrocracking pathways and hnetics of 9ethyl fluorene. 9-phenyl anthracene and 2-phenyl 
naphthalene in he presence of an equilibrated NiMdZ-USY w m  studied I 310380T and 153 am hydrogen. 
Experimental methods am delailed elscwhere 4,17. In brief. hydrocracking experiments were conducted in a 
batch autoclave or in batch agilated tubing bombs. Expenments conducted in he slirred batch autoclave were in 
the presence of hexadecane solvent. whereas reactions in the tubing bombs were withour 

Additionally. the hydmcmking of 9ethyl fluorene, I-phenyl naphthalene. biphcnyl. and naphthalene in 
the presence of the synlhesized cakdytic nmenals were studied at325T and 153 atm. hydrogen pressure. These 
experiments were conducted in 12cm3 SS agitated tubing bombs in the absence of solvent. 

H2/10% HzS at flow rate of 30 cm3/m,n for 2 hours at 400°C. Gas chromatography and gas 
chromatography/mars spcmmeoy  were uscd to identify liquid.phase reaction products. 

For all lypes of experiments, the catalyst was ground to 80-100 mesh. It was then sulfided with 90% 

3.0 RESULTS AND DISCUSSION 

3.1 Zeolite Characterization 

XRD analyses showed that CoMoO4 was found in all samples whether the cobalt be inuoduced by 
impregnation or ion exchange. Co(imp)Mo(imp)NaY also showed evidence of C q O 4 ,  but after exchange with 
N&+ and subsequent calcination, this oxide could no longer be detected. MOO3 could not be unambiguously 
assigned to any of the samples, except for Co+mp)Mc+np)NaY, since its two strongest lines very nearly 
coincide with Nay lines 15. The sulfided Co(ex)Mo(imp)NaY did not contain x-ray crystalline CogSs or 
MoS2. Note, however, that since the detection Limit of XRD is - 2nm. the above results do not necessarily 
imply that the oxide and sulfide species mentioned were absent 

Table 3 lisu the crystallinities of thecalcined materials. Clearly impregnation decreased Crystallinity. 
This has also been reporled by Cid et al. 14,15 who observed crystallinities < 40% for high Mo loadings (9% 
and above). The loss of crystallinity upon impreghalion was ascribed to the parual d e s w t i o n  and distortion of 
the zeolile lauice by the interaction of molybdate anions with framework oxygen. It was noteworthy that 
impregnation by the rotary evaporation technique yielded slightly more crystalline materials than the incipient 
wetness technique. When Co was inco~~~lated into the zeolite by aqueous ion exchange prior to Mo 
impregnation. the reduction in crystallinity was far Iw pmnounced. 

The results from the ' E M  showed an average crysral size of 0.7 p, with a sue range of 0.2 - 1.1 p. 
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3.2 Reactant and Catalyst Structure/Function 

Reliminary reactions are reported with the following materials: a CoMo imprepaled Slrem sodium 
zeolib-Y (Co(I)Mo(I)/Na-Y), Co ion exchanged Mo h p r e g ~ I e d  Strem sodium zeolite-Y (Co(ex)Mo(I)/Na-Y). 
and a CoMo impregnated onto a twice ammonium exchanged, calcined Smm sodium zeolite-Y 
(Co(I)Mo(l)/Suem 2X ex NaH-Y). AU impregnations used the incipient wetness technique. Reactions with 
biphenyl, naphthalene, 9ethyl fluorene, and I-phenyl naphthalene reactants revealed broad mds. Under the 
reaction conditions of 325OC. 150 a m  hydrogen, the main reaction product yield and selectivities are summarized 
in Table 4. 

The first catalyst used was the CoOMoiJ)/Na-Y. Naphthalene.1-phenyl naphrhalene. 9ethyl fluorene, 
and biphenyl were separately contacted. For naphthalene and I-phenyl naphthalene, the main m t i o n  was 
hydrogenation. Naphthalene hydrogenated to temlin; no decalins were observed. The selectivity to teoalin 
formation was 54% after 30 minutes reraction time. 'Ihe naphthalene moiety of 1-phenyl naphthalene was 
preferentially hydrogenated as the main product was I-phenyl-1~.3,4-teaahydronaphthalene. The hydrogenation 
kinetics of naphthalene and 1-phenyl naphthalene were of the same order of magnitude. Biphenyl and 9ethyl 
fluorene did not react over this catalyst. 

The second catalyst examined was a Co(ex)Mc@/Smm Na-Y. Naphthalene, I-phenyl naphthalene. 9- 
ethyl fluorene, and biphenyl were individually reacted. 

Naphthalene hydrogenated to teualin with the cobaltexchanged catalysr some transalkylation reactions 
o c c d  to form methyl naphthalenes. The selectivities for tetraln, 2-methyl naphthalene. and I-methyl 
naphthalene were 59.7.4. and 4.2%. respectively, after 25 minutes reaction time. The kinetics of hydrogenation 
were of he same order of magnitude as with the previous catalyst sample. 

minutes). All four hydrogenation products of I-phenyl and 2-phenyl naphthalene also formed. The temporal 
varialion of products' yields showed lhat 1-phenyl and 2-phenyl-l,2,3,4 Wahydronaphthalenes cleaved to form 
terralin and benzene. 

I-Phenyl naphthalene preferentially reacted lo form %phenyl naphthalene (selectivity of 69%. 30 

Biphenyl underwent predominantly lransalkylation reactions to form methyl biphenyls and fluorene with 
the Co(ex)Mo(I)/Na-Y catalyst. No single ring cleavage products were observed. 

Finally, 9ethyl fluorene was exposed 10 the Co(ex)MNI)/Na-Y catalys~ The center cyclopentyl ring 
cleaved to form 2-propyl biphenyl (selectivity of 0.75%). No single ring aromatics or naphthenics were observed 
in the product spectrum. The intermediate 2-propyl biphenyl did undergo ring closure to form 9-methyl-9,lO- 
dihydrophenanlhrene and, ultimaely, 9-methyl phenanthrene (selectivity of 1.8.3.8%, respectively, 32 minutes). 
Transalkylation reactions were dominant. forming methy1,ethyl-fluorenes with a selectivity of 45%. 32 minutes. 

m e  third catalyst was a Cc@MoOi2x(ex) NaH-Y. The reaction of 9ethyl fluorene led to center ring 
cleavage and Iransalkylation as the predominant reactions. The selectivity lo 2-propyl biphenyl was 2.6% (40 
minutes). The selectivity for the transalkylation products was 1 I% after 40 minutes. 
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Table 2: Identification of non-zeolitic phases 

Species Largest peak (2Q) 2nd largest peak (2Q) 

CT304 36.80 31.30 (*) 

M0o-j 27.30 (*) 23.30 (*) 
CoM004 26.50 23.30 (*) 
cogs8 52.00 29.90 (*) 

(*) :partial overlap with NaY peaks 
MoS2 14.40 39.50 (*) 

Table 3: XRD Crystallinities of metal-zeolite Y materials 

NaY 100 
NaHY(2x exch.) 100 
Co(imp)Mo(imp)NaY 25 
Co(imp)Mo(imp)NaHY(2x exch.) 30 
Co(imp)Mo(imp) rot vap. NaY 45 
Co(imp)Mo(imp) rot. vap. NaHY (lx exch.) 40 
Co(ex)Mo@np)NaY 90 
Co(ex)Mo(imp)NaY, sulfided 70 

Note: rot. vap. = impregnation by rotary evaporation. Other samples impregnated by incipient 
wetness 
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Table 4. Hydrocracking reaction selectivities for naphthalene, I-phenyl 
naphthalene, 9ethyl fluorene, and biphenyl 

Reactant: 

Catalyst: 
T. 'C 
Plam (at T) 
1. mm 
umvasion of xactanl 

Product Selectivities 

b e  
cyclohexyl benzene 
methyl indans 
tetralin 
naphthalene 
mwlyl letralis 
2me naphthalene 
Ime naphlhalene 
2-methyl biphenyl 
3-methyl biphenyl 
Cmethyl biphenyl 
hexahydro flumes 
Zpropyl biphenyl 
mw 16% 
k x a h ~ ~ - f l ~  
fluorene. 38.09 
9-me dihydm phenamlume 
methyl 9-1 fluorene8 
UhylW fluorene. 53.18 
9-me phenanthrene. 60.4 
I-phenyl tetralin 

Ephenyl kualin 
2-phenyl naphthalene 
phenyl leualins 
meUlyl phmyl naphthalenes 

1 = Co(l)Mo(IyNa-Y 
2 = cooMoo/Na-Y 
3 = co(l)Mo(IyLxNaH-Y 

Naph 1-PN Naph I-F'N 9-et fl biphenyl 9-el fl 

1 1 2 2 2 2 3 
325 325 325 325 325 325 325 
150 150 150 150 150 150 150 
30 21 25 30 32 25 40 

0.057 0.065 0.634 0.877 0.111 0.035 0.075 

6.71E-02 

3.11E-03 
SA2E-01 2.79&02 5.90E-01 7.14&02 

1.89&02 8.69E-03 
2.82E-02 1.16E-03 

1.6OE-02 7.39EU2 6.01E-04 
5.46E-(n 4.18E-02 5.04E-W 

2.46802 
7.54803 
1.21 E01 
3.54EM 
5.94E-03 
3.78E-02 
4.54E01 
4.50E-02 
3.75E-02 

3.51B01 
9.74B02 

1.04E-02 
6.97E-03 
6.90E-01 
1.88E-01 
1.02802 

3.55E-02 
2.84E-02 

3.7OE-02 
1.35E-01 
4.15E-01 

1.37E-01 
2.59E-02 
1.38E-01 
1.89E-01 

1.20E-01 6.5Z.E-02 

LIOE-01 
6.75E-02 
5.998-03 
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INTRODUCTlON 

Catalyst pore structure determines how easily the reactants can access the interior surface of the cakdysl. The pore 
structure paramelers include pore sizes and their distribution, pore volume and surface area. Various classification of pore 
sizes can be found in literature, but the International Union of Pure and Applied Chemistry W A C )  classifies pores of 
different sizes in the following manner: micropores. c 20 A; mesopores. 20-500 A; and macropores, > 500 A in 
diameter. The IUPAC classification will be used in this paper. In general, hydrotreating catalysts are prepared by 
impregnation methods and the catalyst pore structure is determined mainly by the suppon. Earlier repom by Ho and 
Weller [1981], Benolacini et al. 119781, and Shimada et al. I19841 have shown that pore diffusional limitation of 
reaction rales can be serious in hydroliquefaction of coals over supported catalysts. The catalyst pore structure is also 
very important for hydroprocessing of heavy coal liquids due to diffusional limitations [Tischer et al.. 1985: Yoshimura 
et al., 1986; Song et al., 1988a, 1989a, 1991al. However, systematic knowledge of pore size effects is still very 
limited for hydroprocessing of heavy coal-derived liquids. Reviews of previous work in this area may be found 
elsewhere [Derbyshire. 1988; Onuma. 1988; Song et al., 1991bl. 

The present work involves the upgrading of several solvent refined coals (SRC) derived from thermal liquefaction of 
coals, which contain both asphaltene and preasphaltene. This work attempts to provide a beller understanding of the 
relationship of catalyst pore smcture and suppon type lo the conversion of asphaltene and preasphallene, which in turn 
could lead to the development of more effective catalyst. This paper will describe 1) the effects of pore size of Ni- 
Mo/A1203 catalysts on their performance in hydroprocessing of two different SRCs in terms of oil yields and 
conversions of heavy fractions. and the interactive chemistry involved in h e  pore-size dependence for simulmwus 
conversion of asphaltene and preasphaltene on catalyst surface, 2) the differences in reactivity of heavy fractions in 
several SRCs and their convertibility in catalytic runs, and 3) comparative examination of alumina- and silica-supponed 
catalysu as well as carbon-coated catalysts. 

EXPERIMENTAL 

Catalyst Preparation. The four gamma-AI203 cylindrical extrudates are the same supports that have been 
in a previous work [Song, 1991al. The Si@ supports were two spherical Cariact-50 and Cariact-IO beads from Fuji- 
Davison Chemical Company. Table 1 gives their properties provided by the manufacturers. Four Ni-Mo/AI2Og 
catalysts (NiO: 2.9, MoO3: 15.8 wt%) were prepared by co-impregnation of (NHq)6Mo7024,4H20 and 
Ni(hQ)26H@ from their aqueous solution, followed by calcination and sulfidation [Song etal., 1991a. 1991bl. Two 
Mo/Si@ catalysts containing 15.8 wt% Mo03 (Cat-SA. Cat-SB) were prepared by using the same procedure. Figure 1 
shows the pore size distribution of the prepared Ni-Mo/A1203 catalysts measured by using a Shimadzu AutoPore-9200 
mercury porosimeter. The maximum intrusion pressure was 60,000 psi, which corresponds to pore radius of 18 A as 
dictated by Washbum equation with contact angle and surface tension of mercury taken as 140° and 480 dyn/cm. 
respectively. A commercial caulyst, Akzo Ketjenfine 153s sulfided Ni-Mo/AI203 [Song et al.. 1988, 1991~1 was also 
used in some experiments. 

SRC Upgrading. Solvent refined coals (Table 2) derived from Wandoan subbituminous coal (wan-SRC) and 
Akabm bituminous coal (Aka-SRC) were used as feedslocks. Aka-SRC was produced from Run 551 1 at 420 "C for 34 
minutes, and Wan-SRC from Run 5512 at 440°C for 34 minutes in a 3 ton/day coal liquefaction plant at Sumitomo 
Coal Mining Co. IHanaoka et al., 19881. In some experiments we also used a SCT-SRC sample produced from short 
conlacl time pyrolytic liquefaction (SCT'-PL) of Wandoan coal at 440465°C for 5 minutes in H-donor solvent under 
N2 aunosphere [Song et al.. 1989bl. The hydroprocessing was canied out in a 60 ml SUS-316 stainless steel rocking 
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autoclave at  425 "C for 1 h with 4.9 MPa H2 (5 g SRC : 0.5 g catalyst : 5 g tetralin). The runs of SCT-SRC were 
carried out under the same conditions, but using 2.5 g SRC. 5 g tetralin, and 1 g catalyst. 

Product Separation a n b  Analysis The volume of gaseous products was measured by a continuous flow-type 
gas volume meter. through which the gases were inuoduced from the reactor into a plastic gas bag. The gases were 
analyzed by GC (Shimadzu GC-RA). The liquid and solid products were separated into oil (hexane soluble), asphallene 
(hexane-insoluble but benzene-soluble) and BI or preasphaltene (benzene-insoluble). The concentrated oil plus the 
reaction solvent were analyzed by GC IO determine the teualin/naphthalene ratio. After the solvent has been removed 
by vacuum distillation (up to 115T,  8 mmHg). the oil products were subjected IO elemental and IH NMR analyses 
[Song etal., 1988~1. The catalysts that have been used once in SRC hydroprocessing were also analyzed (after benzene 
exuaction and drying) by using scanning electron micrograph (SEM, Hilachi S-450) combined with electron probe 
microanalysis (EPMA, Horiba EMAX-1800E). 

RESULTS AND DISCUSSION 

Property and Reactivity of SRC. As shown in Table 2. Wan-SRC and Aka-SRC have similar carbon and 
hydrogen contents, although Wandoan and Akabira coals differ significantly in elemental composition. Both SRCs 
contain a high proponion of heavy fractions such as asphaltene and preasphaltene. Wan-SRC conlains less benzene- 
insolubles and more asphaltene and oil. as compared lo Aka-SRC. Analysis of the fractions from both SRCs showed 
that the H content and atomic WC ratio decrease, but N and 0 contents and the average molecular weights (MW) 
increase in the order of oil, asphaltene, and BI. The avcrage MW values determined by vapor pressure osmometry are 
about 590-600 and 270-320 for asphaltene and oil fractions, respectively [Song el al.,1988al. In addition, relative IO 
the SRCs from long residence time runs in pilot plant. the SCT-SRC from laboratory SCT-PL has higher oil content 
and WCratio. and lower preasphaltene content. 

Table 3 gives the data on the thermal runs and somc catalytic runs at 425°C. The oil yields from Wan-SRC are 
generally higher than those from Aka-SRC. Relative to the raw SRCs, thermal runs increased oil yields by 16-18 % 
and produced 4-5 % gas. The use of a catalyst promoted the production of oil. It appears lhat the BI fraction of Aka- 
SRC is more reactive than that of Wan-SRC, and this uend becomes more remarkable when a calalyst was used. 
Probably this is due in part to the lower severity of conditions used for producing Aka-SRC than that for Wan-SRC. 
In addition, SCT-SRC of Wandoan coal (see below) appears IO be much more reactive than both Wan-SRC and Aka- 
SRC in terms of higher BI and asphaIlene conversions. These results demonstrated that the liquefaction conditions 
affects Ihe reactivity of the products; the SRC derived from a lower-severity run exhibits a higher reactivity. 

Comparison of S i 0 2  and AI203-Supported Catalysts. We examined two Mo/Si@ and a number of Ni- 
Mo/A1203 catalysts. Since a Si02-supponed calalyst is less active as compared IO a AI203-supponed one for 
hydromting. and since a Ni- or Co-promoted Mo catalyst is more active than a unpromoted catalyst. one would 
expect a higher activity of Ni-Mo/AI203 catalyst. As shown in Table 3, KF-153s and Cat-l did afford higher 
asphaltene conversion than the Si@-supporled Cat-SB. However, it is very interesting u) note that Cat-SB exhibited 
considerably higher effectiveness for convening BI fractions of both Wan-SRC and Aka-SRC. It  is known that the 
acidity increases in the order of Si@ < AI203 < Si@-A1203 [Saueriield, 19911. Because Cariact-50 has much lower 
surface area than the AI203 supporl(78 vs. 203 m2/g) and Cat-SB contains no Ni promoter, the observed superiority 
of Mo/Si02 catalyst over Ni-Mo/AI203 in BI conversion can be attributed to the large pore diameter (507 A) and/or 
lower surface acidity of the silica suppon. 

Table 4 compares the results for runs of Wan-SRC at 400 "C using 20-32 mesh panicles of two Mo/Si@ and KF- 
153s Ni-Mo/A1203 catalysts. The data for Cat-SA and Cat-SB show that a largc pore silica (Cariact-50) is better than 
a small pore silica (Cariact-IO) in terms of higher BI conversion. Relative to the two MolSi02. KF-153s Ni- 
Mo/A12@ afforded higher oil yield and higher asphaltene conversion. However, the conversion of BI was substantially 
higher with Mo/SiO2 than with KF 153s. Combination of data in Tables 3 and 4 reveals that using silica suppon is 
more effective for converting preasphaltene. the BI fraction, while the use of alumina gives higher conversion of 
asphaltene and in most cases, higher oil yields. 

Effect of Particle Size of Ni-Mo/AI203. Table 5 shows the effects of crushing KF-153s Ni-Mo to <IO0 
mesh particles for hydroprocessing of SCT-SRC. The higher oil yield and conversion with crushed catalyst provide 
another indication of the intapankle diffusional limitations occurring during SRC hydroprocessing. In fact. relative IO 
the thermal NILS, the cylindrical KF-153s Ni-Mo and its 20-32 mesh (0.84-0.50 mm) panicles promoted asphaltene 
conversion but did not improve BI conversion both for Wan-SRC (Tables 3 and 4) and for SCT-SRC (Table 5). 
However, the use of < I 0 0  mesh (<0.15 mm) KF-153s resulted in significant increase in BI conversion (Table 5). 
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These results indicate that improving mass uansfer has greater impact on conversion of preasphaltene. The superiority 
of the fine catalyst panicles can be attributed to greatly increased external surface area and decreased length of 
diffusional path, as compared to the 1.5 mm exuudate. In practice, the lowest catalyst sizes permitted in industrial 
fixed-bed operations are 0.8-1.6 mm. Described in the subsequent sections is SRC conversion using 0.8-1.5 mm 
cylindrical exrmdate Ni-MdAI203. 

Effects of Pore Size of Ni-MoIAI203 on Product Distribution. In order to examine the pore size 
effects on a unifred basis. one should prepare the cadysts having unimodal and narrow pore size distribution, different 
mediin pore diameters, and similar chemical composition. As can be seen from Figure 1, the unimodal pore structure 
and the significantly diffmnt pore sizes of Cat-I through Car4 prepared by using the same procedure, enabled us 10 
evaluate h e  pore size effects. 

Figure 2 presents the results for Wan-SRC hydroprocessing over a series of cylindrical Ni-Mo/A1203 catalysts with 
different MPD. Also shown in Fi ure 2 are the dam from the run with KF-153s sulfided Ni-Mo, which has a MPD 
value (90 A) similar to that (100 8) of the well known Shell 324M Ni-Mo [Baker et al., 1987. Lee et al.. 19911. All 
of these catalysts were used in the form of cylindrical extrudate. It should be noted that Cat-l though Cat4  is 
alumina-supported catalyss while KF-153s contains 4.5 wt% Si@. Relative u) thermal run, each of the four prepared 
catalysts enhanced the production of oil. Figure 3 shows the results for Aka-SRC which originally contained more BI 
and less asphaltene and oil as compared IO Wan-SRC. As can be Seen from Figures 2 and 3, bolh for Wan-SRC and 
Aka-SRC, the conversion of SRC into benzene soluble products increased in the order of Cat-1 < Cat-2 < Cab3 2 
C a t 4  This order is contrary IO that of catalyst surface area. The yields of asphaltene. however, deneased with 
increasing MPD in the small pore size region, but rose with funher increase in MPD in the large pore range. The oil 
yields from catalytic NILS of both SRCs with the four prepared Ni-Mo did not vary considerably. but the oil yield from 
Wan-SRC with KF-153s was lower. The gas yields were nearly constant in the runs of both SRCs. 

Pore-Size Effects on Conversion of Heavy Fractions and  Interactive Chemistry. Table 6 
compares the product distribution and hydrogen consumption for typical runs of Aka-SRC in this work and its isolaled 
asphallene fraction Aka-Asp reponed in previous paper [Song 19911. The oil yields from thermal runs of Aka-SRC 
and Aka-Asp are relatively similar to each other, but the catalytic run of Aka-Asp with Cat-1 gave 11% higher, and 
that with Cat-3 afforded 17% higher oil yield than the corresponding values for runs of Aka-SRC. This is surprising 
because Aka-SRC originally contained about 32% oil but Aka-Asp contained no oil. The conversions of asphaltene as 
well as the consumption of gas phase H2 are considerably higher in the runs of the isolated asphaltene than for the 
whole SRC. This comparison indicates that catalytic conversion of asphaltene into oil is suppressed during the runs of 
whole SRC. Pmbably the presence. of preasphaltene inhibits the catalytic reaction of asphaltene. 

Table 7 compares the results for hydroprocessing of Wan-SRC and its BI fraction Wan-BI. Apparently, the runs of 
whole SRC gave better product spectra than those of its BI fraction. This is because Wan-BI is composed of about 85 
% preasphaltene and about 15 5% quinoline insolubles (Table 2). which are the heaviest fractions in coal liquids. 
Taking inro account the oil content of original Wan-SRC, the oil yields produced from Wan-BI with Cat-3 and Cat4  
are only 2-3% lower, and that with Cat-l is about 6% lower than the corresponding values for net oil production from 
Wan-SRC. The net conversion of BI fraction appears to be higher for the runs of isolated Wan-BI than for the whole 
Wan-SRC. However, such a difference is much smaller as compared to that between the runs of whole SRC and 
asphallene. Therefore, the negative impact of asphaltene on preasphallene conversion is very limited, but preasphaltene 
materials appear IO inhibit the catalytic conversion of asphaltene. 

Carbon-Coated Catalysts. Analysis of the benzene-exmcted spent catalysts that have been used once in runs of 
Wan-SRC by using SEM-EPMA showed that the deposition of carbonaceous materials and metal species such as Ca, 
Fe and Ti took place in the 1 h reaction. being consistent with the findings of Stiegel et al. [1983] and Stohl and 
Stephens (19871. These catalysts are denoted as carbon-coaled catalysts, in which the amounts of benzene-insoluble 
malerials are estimated to be around 10 ~ 1 % .  We also conducted the runs of Wan-SRC using the carbon-coaled Ni- 
MoIA1203 catalysts. The consumption of gas-phase H2 decreased and the oxygen content of oil and asphaltene 
products increased slightly, as compared to the runs with fresh Ni-Mo. which suggest a small decrease in catalytic 
activity. However. the conversion of BI fraction was substantially higher with the carbon-coated Ni-Mo than with the 
fresh Ni-Mo. while oil yields with each pair of fresh and cartmn-coated Ni-Mo were similar to each other. 

Figure 4 shows the relationship bsween MPD and conversions of BI and asphaltene for runs of Wan-SRC and Aka- 
SRC over fresh and carbon-coated Ni-Mo catalysts. lncreasing catalyst MPD up to about 150 A increased the 
conversion of both asphaltene and preasphaltene. Within this range, the Bl has relatively less inhibiting effect on 
asphaltene Conversion. Further increasing MPD leads to further increase in conversion of preasphaltene, but this 
results in decrease in asphaltene conversion. The decrease in the apparent asphallene conversion is considered IO be due 
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to two different effects: 1) increasing MPD increased conversion of,preasphaltene. producing more asphaltene. as 
suggested by data in Table 7, and 2) diffusion and preferential adsorption of highly polar and polyammatic BI m;uerials 
on surface inside pores of large-pore catalysts, which inhibits the adsorption and conversion of asphaltene on catalyst 
surface. as revealed by the data in Table 6. 

It is interesting 10 note lhat carbon-coated catalysts gave substantially higher conversion of BI than the fresh catalysts. 
but the fresh Ni-Mo gave higher asphaltenc conversion. We also observed that pure Si@-supprled catalysts gave 
h ighs  BI conversion. The KF-153s. which contains 4.5 wt% Si02  and is more. acidic than pure alumina-supported 
Ni-Mo. did not improve BI conversion, as compared lo the thermal runs. All of these results point to the conclusion 
that less acidic hydrogenation catalysts are more effective for conversion of BI materials into asphaltene. These 
observations are consistent with the findings of M y s h i r e  et al. [I9881 and Masuyama el al. [I9901 who reported the 
improved performance of carbon-coated alumina supported Mo catalysts or carbon-suppomd Mo catalysts and Ca- 
modified Ni-Mo. respectively, for hydrotreating of coal liquids. Ca addition serves lo neuaalize or passivate. and carbon 
coating covers the surface acidic sites. These results, however. are in distinct contrast with those of McCormick et al. 
[I9891 who repolted that relative to the other catalysts a Co-Mo/A1203 catalyst containing 5% Si@ exhibits an 
extremely low coking tendency because of the Bronsted acid sites on the. silicaled alumina. 

A New Concept lor Catalyst Design. In industrial practice, a compromise between the need for high 
activity and for extended life can be achieved by using a bimodal pore size distribution. Some recently developed 
catalysts such as Shell 317, Amocat IC and,Amocat 1A are Ni-Mo or Co-Mo supported on bimodal AI203 suppons 
[Lee et al, 1991; McCormick et al., 19891. A1203-supported bimodal catalysts have been shown to exhibit better 
apparent activity for coal liquids upgrading [Tischer, 19851. However, the present results point to the conclusion that 
less acidic and larger-pore hydrogenation catalysts are more effective for preasphaltene conversion, but efficient 
conversion of asphaltene requires mild hydrocracking catalysts. These results suggest a new concept for design of coal 
liquids upgrading catalyst: two component-bimodal catalyst consisting of a moderately acidic mild hydrocracking 
component having mostly mesopores and a less acidic hydrogenating component with large mesopores or mostly 
macmpores. This concept needs to be verified by funher investigation. 
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Table 1. Properties of AI203 and Si@ Supports Used for Preparing the Supported Mo Catalyst 

Si& Support AI203 Support 
Cariact-10 Cariact-50 s-1 s-2 s-3 S-4 s -ca  

Surface area, mug 267 78 203 174 255b 
Pore volume, mUp 1 .OO 1.05 0.79 0.65 1.05 1.49 0.56b 
a) The Kejenfine 153s catalyst contains 4.5 wt% Si@. b) The values measured for Ihe K F  153s calalysL 

Median pore diam, A 90 507 11s 120 280 750 9ob 

Table 2. Representative Analyses of Samples 

Elemental (wt%, daf) Fractional (~1%.  daf)) 
Atomic Ash 

sample c H N s ga wc oil ~ s p .  ~r=p.b  ~ ~ o r ~ y i c  ( ~ 1 % )  

Solvent Refined Coals 
Wan-SRC 85.7 6.1 1.5 0 6.7 0.85 35.7 33.1 26.4 4.8 0.9 
Aka-SRC 84.9 6.2 1.8 0.3 6.8 0.87 31.5 27.0 39.9 I .6 0.5 
SCT-SRC 86.3 6.7 1.2 0 5.8 0.93 46.0 34.1 19.9 0 - 

Raw coals 
Wandm 78.3 5.9 1.0 0.1 14.7 0.90 0.9 4.7 1.7 92.7 7.3 
Akabi 83.2 6.2 2.1 0.6 7.9 0.89 0.8 0.9 19.5 78.8 8.4 

a) By difference; b) Quinoline or pyridine soluble; c) quinoline or pyridine insoluble. 

Table 3. Results of Thermal and Catalytic Hydroprocessing of SRC at 425°C 

Catalyst Products (Wl%) Conv (wt%) H Consum ( ~ 1 % )  

Name Composition Gas Oil Asp BI Asp BI H2 Tetralin 

Original Wan-SRC - 35.7 33.1 31.2 0 0  - -  
None None 4.6 54.4 22.9 18.1 30.8 42.0 0.7 O.@ 
KF-153s Ni-Mo/Al& 6.2 58.7 14.6 20.6 55.9 34.0 1.4 0.3 
Cat- 1 Ni-Mo/Al20j 3.6 65.2 15.4 15.8 53.5 49.4 1.6 0.8 
Cat-SB Mo/si@ 3.9 61.5 23.0 11.6 30.5 62.8 1.6 0.3 

on’- Aka-SRC - 31.5 27.0 41.5 0 0  - -  
None None 5.0 48.2 23.7 23.1 12.2 44.3 0.7 0.9 
Cat-1 Ni-Mo/Alz@ 4.3 59.2 20.7 15.8 23.0 61.9 1.4 0.4 
Cat-SB Mo/SiQ 5.4 58.7 25.4 10.5 5.9 74.7 1.3 0.3 

a) This value Seems to be lower than real value, as compared 10 the data in Table 4. 

Tab& 4. Hydroprocessing of Wan-SRC over 20-32 mesh SiO2- and AlzO~g-Supponed Catalysts at 4 o ° C  

CatalySl Yields (wt%) Conv (wt%) H consum ( ~ 1 % )  

Name Composition Gas Oil HZ Tetmlin 

None None 1.9 45.9 16.9 20.8 0.7 1.0 
CM-SA MdSi@ W 1.8 49.7 21.2 28.2 0.9 0.4 
Cat-SB M@i@ 507a 1.9 S1.3 19.0 35.9 1.1 0.4 
KF-153.9 Ni-MdAlfi 90 1.9 55.5 44.4 22.4 ND 0.3 

a) Mcdin pore diameter of Si@ suppons Cariact-10 and Cariact-SO, respectively. 
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Table 5. Hydroprocessing of SCT-SRC over Cylindrical Exuudare 
and Finely Crushed KF-153s Ni-Mo/AI203 Catalysts at 425’C 

Catalyst Conv (wtW) 
Gas + Oil 

Composition Size ( ~ 1 % )  Asp BI 

chig. SCT-SRC - 46.0 0 0  
None - 70.9 40.5 55.8 
Ni-MdAIzOj 1.5 mm cylinder 81.5 72.4 54.8 
Ni-MdAlza e100 mesh powder 87.8 80.6 71.9 

Table 6. Comparison of Hydroprocessing of SRC and IIS Asphaltene Fraction 

Aka-SRC Aka-Aspa 
Sulfided 
Ni-MdA12m None Cat-l Cat-3 None 0 1 - 1  Cat-3 

h d u c t s  (wt%) 

W D  (A) 120 290 120 290 

Gas 5.0 4.3 4.3 5.7 5.2 5.1 
oil 48.2 59.2 62.5 50.7 69.8 80.3 
Asphaltene 23.7 20.7 21.7 32.3 22.4 12.8 
BI 23.1 15.8 11.5 12.2 2.6 1.8 

H Consumed ( ~ 1 % )  

H2 0.7 1.4 1.5 0.5 2.1 2.3 
Tetralin 0.8 0.5 0.3 0.4 0.3 0.2 

a) Hexane-insoluble but benzene soluble fraction of Aka-SRC. 

Table 7. Comparison of Hydroprocessing of SRC and IIS Preasphaltene (BI) Fraction 

Wan-SRC Wan-BP 
Sulfided 
Ni-MdA12W Cat4 Cat-3 Cat4 0 1 - 1  Cat-3 Cat4  

MPD (A) 120 290 730 ’ 120 290 730 

Roducts ( ~ 1 % )  

Gas 3.6 3.7 3.6 10.5 7.6 10.3 
oil 65.2 66.8 66.0 23.5 27.9 27.1 
Asphaltene 15.4 18.2 19.6 24.8 30.1 33.1 
BI 15.8 11.3 10.8 41.2 34.4 29.5 

H Consumed ( ~ 1 % )  

H2 1.6 1.7 1.7 1.7 1.7 1.9 
Teualm 0.8 0.5 0.4 ND ND ND 

a) Benzene insoluble fraction of Wan-SRC. 
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Cat-l Cat-2 Cat-3 Cal4 

MPD,A 120 150 290 730 

SA,mZ/g 152 128 126 80 
PV,mL/g 0.49 0.45 0.84 1.01 3.0 

Cat-4 

1 0 ’  1 o 2  1 o 3  1 o 4  
0 

Pore Radius (A) 

Figure 1. Pore size distribution of prepared Ni-Mo/Al2Og catalysts. 
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Figure 2. Hydroprocessing of Wan-SRC over unimodal Ni-Mo/AlzO3 catalysts with 
different median pore diameter. See Figure 1 for MPD values. 
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3. Effects  o f  pore  s i ze  of Ni-Mo/AIz03 ca ta lys t s  on p r o d u c t  d i s t r ibu t ion  

f o r  h y d r o p r o c e s s i n g  of a so lven t  r e f ined  c o a l  (Aka-SRC) .  
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Asp C o w  / W-SRC / C-C 

Figure 4. Relation between median pore diameter and conversion of BI and asphaltene with fresh 
and carbon-coated (C-C) Ni-Mo/A1203 catalysts for hydroprocessing of Wan-SRC and Aka-SRC. 
Note that incorporation of the data with KF-153s Ni-Mo containing 4.5 % S i 0 2  resulted in some 
deviation at MPD of 90 A. 
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INTRODUCTION 

In the presence of catalyst, the specific reaction conditions have a direct effect on conversion in coal 
liquefaction and on the product distribution [l]. At temperatures lower than 3 W C ,  catalyst 
precursors such as ammonium teaathiomolybdate may not be converted to a catalytically active form 
and thus have no benefit on liquefaction [2]. However, at severe reaction conditions, such as high 
temperature, retrogressive reactions will take place, and crosslinking or recombination of radicals 
generated in thermal cracking will reduce the possibility of breaking the coal macromolecule into 
smaller molecules. In an effort to achieve highest conversion and desired product distribution, low- 
seventy processes have been studied by several research groups. It has been found that 
temperature-programmed and temperature-staged liquefaction are efficient to maximize the 
conversion and minimize the retrogressive reactions [3,4,5]. 

The objective of the work reported in this paper is to study the catalytic effect of ammonium 
tetrathiomolybdate, techniques to disperse this catalyst precursor onto coal, and the optimum 
reaction conditions for the highest conversion. 

EXPERIMENTAL 

The coal sample was a Montana subbituminous (DECS-9, PSOC-1546) coal obtained from Penn 
State Coal Sample Bank. Its composition is summarized as follows: 24.68% moisture, 4.80% ash, 
33.46% volatile matter and 37.06% fixed carbon on an as-received basis, 76.1 1% carbon, 5.14% 
hydrogen, 0.91% nitrogen, 0.33% organic sulfur and 17.50% oxygen on a dmmf basis. The coal 
was dried at 95OC in vacuum for two hours before use. 

The catalyst precursor, ammonium tetrathiomolybdate (A'ITM), was dispersed on coal by incipient 
wetness method. The loading was 1% of molybdenum on the basis of dmmfcoal. Water and a 
mixture of H 2 0 m  (44 : 56) were employed as impregnation solvents. After loading of the 
catalyst precursor, the coal sample was dried in vacuum for two hours at 105OC, then removed and 
stored under a nitrogen atmosphere. 

Liquefaction experiments were conducted in microautoclave reactors (tubing bombs) in a preheated 
fluidized sandbath. For each reaction, 4 grams of coal and 4 grams of Wilsonville Middle Distillate 
(WIMD) as reaction solvent were added to the reactor, following which hydrogen was purged thrw 
times, wth a final pressure of 7 MPa at room temperature. The reactor was then plunged into the 
sandbath and agitated at 200 cycles per minute. The tubing bomb reached the reaction temperature 
in about three minutes. F9r a single-staged liquefaction (SSL), the tubing bomb was rapidly 
heated-up to 4ooOC and held for 30 minutes followed by rapid quench. For a temperature- 
programmed liquefaction (TPL), the tubing bomb was rapidly heated-up to a relatively low 
temperature (2000C-3OOOC) and soaked in sandbath at that temperature for 15 minutes. The 

. 
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temperature was then gradually increased to a higher temperature level (4WC-45OOC) and held for 
30 minutes, followed by rapid quench. The rate of temperature increase was 3°C/min to 
8.30C/min, depending on the difference between the lower temperature and the higher temperature. 
The heat-up period was about 30 minutes, and the total reaction time was about 75 minutes. 
Temperature-staged liquefaction (TSL) was a different procedure from TPL. A tubing bomb was 
rapidly heated-up to a low temperature (2000C-3WC), soaked at that temperature for 15 minutes, 
then it was immediately (without a heating period) transferred to another sandbath of a higher 
temperature (4000C) and held for 30 minutes followed by rapid quench. Since there was no 
heating period between two temperature stages, the total reaction time was about 45 minutes, which 
is different from TPL. 

After the reaction, the gaseous product was vented into a gas sample bag and later analyzed by gas 
chromatography. The liquid and solid products and residue were washed into a tared ceramic 
thimble using hexane. Then the products were separated under a niuogen atmosphere by Soxhlet- 
exuaction using hexane, toluene and THF as solvents, the products being classified as oil, 
asphaltene and preasphaltene respectively. Solvents were removed by rotary evaporation and the 
products were dried in vacuum at 1 1  OOC for about 12 hours, except for the hexane solubles. The 
solid residue was washed first by acetone and then by pentane several times and dried in the same 
procedure as the reaction products. The asphaltene, preasphaltene and residue were then weighed, 
and conversion and product dismbutions were calculated based on dmmfcoal. 

RESULTS AND DISCUSSION 

The effects of TPL and SSL are compared in Table 1 .  In the absence of a catalyst, TPL total 
conversion is 6.4 percentage units higher than SSL. This is mainly due to the gains in asphaltene 
and preasphaltene yields, while the oil yield remains almost identical in both cases, about 30.2%. 
In the presence of AlTM as catalyst precursor, total conversion increases again in TPL by 6.6 
percentage units, similar to those experiments without catalyst. It is noticed that, different from 
non-catalytic liquefaction, the oil yield increases drastically by 8.8 percentage units in TPL, while 
asphaltene decreases by 4.9 percentage units. This may suggest that TPL, with presence of the 
catalyst, promotes the further cracking or hydrogenation of asphaltene to oil, though the detailed 
mechanism is not yet clear. 

Another comparison is liquefactiori'with and without catalyst. In SSL runs, total conversion 
increases 32.2 percentage units by employing AlTM as catalyst. This is mainly due to an oil yield 
increase (by 12.5 percentage units) and an asphaltene yield increase (by 16.4 percentage units), and 
to a lesser extent, to a preasphaltene yield increase (by 3.3 percentage units). In TPL runs, catalytic 
liquefaction achieves 32.4 percentage units higher than non-catalyst run in total conversion. Gas 
and oil yield increases are the predominant (by 21.2%) contribution to the increase in total 
conversion. Asphaltene and preasphaltene increase by lesser amounts, 6.7 and 4.4 percentage units 
respectively. This comparison presents that the addition of AlTM as catalyst efficiently improves 
both the total conversion of liquefaction and the selectivity of products to the more desirable oils. 

As mentioned in previous section, in the procedure of sample preparation, both H20 and H 2 O m  
(44 : 56) were employed as impregnation solvents. The volume of the H 2 0 M  mixture required 
to achieve incipient wetness is about three times of that of pure water. It is apparent that the mixture 
has higher affinity toward the coal surface than water. This difference in affinity may lead to a 
different dispersion of the catalyst precursor on coal, which will subsequently result in a difference 
of catalyst performance. Table 1 provides the conversion data to compare the solvent effect on 
liquefaction. For SSL runs, samples prepared using H 2 0 m  appear a bit more active than 
samples prepared using Hz0. For TPL runs, the difference is more pronounced. By using 
H2O/THF as impregnation solvent, total conversion increases by 10.4 percentage units, which is 
due to the increase of gas and oil yield (by 10.3 percentage units). The asphaltene and 
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preasphaltene yields are identical within experimental error. This set of data supports the 
assumption that by employing H 2 0 m ,  better catalyst dispersion will be achieved, thus leading to 
a better catalyst performance. 

Temprature-programmed liquefaction may be advantageous over temperature-staged liquefaction 
because TPL provides a heating period which could slowly generated radicals and allow 
hydrogenation to take place. Table 2 compares TPL with TSL. For 2001400 runs (the first number 
indicates the first stage temperature and the second number indicates the second stage temperature), 
the total conversion increases slightly (1.5 percentage units) in TPL with a remarkable increase in 
gas and oil yield (7.5 percentage units). In contrast, the asphaltene and preasphaltene yields 
decrease slightly. For 3001400 runs, the same phenomenon is observed, though in 3001400 runs, 
both TPL and TSL achieve higher total conversion and gas oil yield. It is apparent that TPL is more 
favorable to achieve high conversion and better product selectivity. Consistent with the previous 
observations, the asphaltene yield decreases in TPL experiments. This again reflects the fact TF’L 
promotes the interconversion of asphaltene to oils [6]. 

Figure 1 shows the conversion as a function of the temperature in the fist stage in TPL runs. The 
curve starts at room temperature, which is in fact the SSL run. The total conversion reaches a 
maximum at 2000C (91%) and starts to decrease as temperature increases, 86.6% at 25WC and 
89.7% at 300OC. The oil yield changes in a very similar way as total conversion, 51.5% at 2 W C ,  
46.8% at 25OOC and 50.6% at 300OC. The low temperature stage is used to allow time for the 
reaction solvent to penetrate into the interior of coal particles [3]. If the temperature of this stage is 
too high, the reaction solvent may evaporate before penetration. In this case, less solvent will be in 
the interior of coal and this could result in reduced H-transfer to the coal radicals, which will 
consequently cause poor liquefaction results. The temperature of the first stage may also affect the 
activation of catalyst precursor, but how this will subsequently affect the liquefaction is still 
unknown. 

The effect of changing temperature of the second stage in TPL is shown in Figure 2. Although the 
total conversion, as well as the yields of asphaltenes and preasphaltenes, show a trend of 
decreasing, the gas and oil yields show a remarkable increase as the temperature increase from 
4ooOC to 45WC (51.5% to 62.4%). This indicates that an increase of second stage temperature 
may not favor high total conversion of liquefaction, but it has some benefit in achieving high yield 
of oil and gas. The decrease of total conversion might be caused by retrogressive reactions. At 
temperatures as high as 4500C. radicals formed in thermal cracking immediately crosslink and 
recombine with one another to form some very stable compounds that are difficult to liquefy. 

CONCLUSIONS 

Addition of AlTM as catalyst precursor will increase the total conversion substantially. In the 
impregnation procedure, using organic compounds in the impregnation solvent appears to lead to a 
better dispersion of catalyst precursor thus giving a higher conversion. Temperature-programmed 
liquefaction is advantageous over temperature-staged and single-staged liquefaction regardless of 
whether a catalyst is used. The change of f is t  and second stage temperature in TPL will influence 
the conversion, though determining the reasons for these influences relies on future research. 
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rxn Cond. Tot. Conv. Gas +Oil Asph. Preasph. 

TPL 91 5 1.49 23.93 15.5 
TSL 89.46 43.98 27.62 17.87 
TPL 89.67 50.61 22.67 16.4 
TSL 87.9 1 42.66 28.37 16.89 

Table 1. Comparison of TPL and SSL Effect on Liquefaction. 

Oil: hexane soluble. 
Asphaltene: toluene soluble but hexane insoluble. 
Preasphaltene: THF soluble but toluene insoluble 
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J n t r o d u c t i o n  
Bimetallic zeolite catalysts which contain M o  are of great interest as  
bifunctional catalystsl-4. However, there are difficulties in preparing such 
catalysts since it is  difficult to exchange the cations of a zeolite for  
molybdenum ions directly because high valence cationic molybdenum can 
only exist in a very acidic solution where ion-exchange equilibria are  
unfavorable and many zeolites are unstable. Ion exchange with neutral and 
anionic species results in a large amount of surface loading. In order to  
overcome the difficulties of aqueous ion exchange, molybdenum i s  
introduced into zeolites by a solid-ion exchange method. A special procedure 
was developed recently for initiating controlled immigration of M o 0 2 ( 0 H ) 2  
into the pores of HY and NiY using Moo3 in the presence of water vapor.5 

EXAFS is an effective physical method for determination of the local 
structure of specific atoms in complex systems such as highly dispersed 
supported metal catalysts. It has been successfully applied to some metal 
zeolite catalysts: viz. Pt-Y-zeolite6, Cd-Y-zeolite7 and Ni, Mo-Y-zeolite8 and 
other bimetallic catalysts9-10. In this work, we studied by EXAFS the 
change of the environment around Mo and Ni as  a function of preparation of 
the Mo, Ni-Y-zeolite to follow the incorporation of Mo and Ni into the 
framework of the Y-zeolite and to see if there are any Mo-Ni interactions. 

E x p e r i m e n t a l  

Samoles 
The IINaY was prepared by exchange of NaY with a 0.1 N NIi4N03 solution at 
365K for 1 hour, followed by a direct calcination at 823K for 5.5 hours in a 
closed vessel. The modified solid ion exchange was performed as following: a 
mixture of 27 g HNaY and 1.2g Moo3 was ground in a mortar (hereafter 
denoted as MoHY), placed in a quartz tube and then calcined at 7233, water 
vapor at 323K (118 torr) was carried through the mixture using 112 as 
vector gas with a flow of 45ml/min. The sample obtained after calcination 
was then denoted as MoHYR and that after dehydration at 673K as MoHYRD. 
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The NiY was prepared by ion exchange of HNaY in a 0.5N Ni(N03)2 solution 
at 318K for 3.5 hours, followed by washing and drying a t  393K. To prepare 
one bimetallic catalyst, MoHYRD was subjected to the same ion exchange 
process in Ni(N03)2 solution. This sample was denoted as MoNiY (Mo 1.63 
wt. %, Ni 2.09 wt. %). A second sample was prepared starting with NiY and 
using solid ion exchange to incorporate Mo. This sample is  denoted NiMoY 
(Ni2.07%, Mo 2.5%). After dehydration they are denoted as MoNiYD and 
NiMoYD respectively. The Mo and Ni contents of the samples were then 
analyzed by AAS and Na contents were determined by ICP, and X-ray 
powder diffraction measurements were made using a Cu-target x-ray tube. 

S-rav Absorotion Measurements 
X-ray absorption experiments were performed on beam line X-l1A of the 
National Synchrotron Light Source (NSLS), Brookhaven National Laboratory. 
The X-ray absorption spectra for Mo and Ni K-edges .were recorded with the 
ring operating at 2.5 GeV beam energy and a beam current of 40-180 mA. 
The pressed powder samples were mounted on the holder and measured at 
liquid nitrogen temperature in the transmission mode. 

Data analysis was carried out with using standard methodsll and the fitting 
was done using experimentally determined Mo-0 (from ZnMo04),  Mo-Mo 
(from metallic Mo) and theoretically calculated Mo-Si, Mo-Ni, Ni-Si, Ni-0 and 
Ni-Ni (using FEFF)I phase shifts and backscattering amplitudes. Both single 
or multiple shell models were assumed for fitting the various filtered 
Fourier transform (FT) peaks. 

Resul ts  and Discussion 

Mo i n  M a N i  - -  Y z e o W  
As mentioned above, two different preparations were used: one put Mo into 
the zeolite first using solid-ion exchange and then introduces Ni cations by 
aqueous ion exchange. The other incorporates Ni first followed by Mo. Will 
the different order of incorporating MO and Ni into Y-zeolite produce 
different local environments of Mo and Ni in  these two catalysts? For these 
low loading and highly dispersed metal-zeolites, only EXAFS studies of the 
individual metal elements in them can give the answer to  this question. 

From Fig.1 it can be seen that the X-ray absorption profile of Mo in NiMoY 
and NiMoYD in which Mo was introduced into Ni-Y-zeolite are similar to 
those in Moo3  and MoHY7 having a clear pre-edge peak and the weak 
structure in the extended absorption region. The spectra of Mo in MoNiY and 
MoNiYD are virtually the same as those in MoHYR and MoHYRD7: no pre- 
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edge absorption and with a strong oscillation in the extended region which 
means prominent higher coordination shells. 

Fourier transforms of k3.x(k) for the Mo K-edge EXAFS of figure 1 shows 
that these differences are in both the first and higher shells (Fig.2). The Mo 
environment in NiMoY is very similar to Moog. The clear decrease of a Mo- 
Mo feature and a longer M o - 0  distance in NiMoYD. in comparison with 
NiMoY indicates that Moo3 is further dispersed into the Ni-Y zeolite by the 
further calcination and dehydration. This is also. consistent with the decrease 
in the higher (Mo-Mo and Mo-0)  shells. The fitting results listed in Table 1 
quantitatively demonstrate these changes. For both MoNiY and MoNiYD, 
where Mo was introduced into Y-zeolite by solid-ion exchange, the higher 
coordination shell structures surrounding Mo are similar and sharper than 
those in NiMoY and NiMoYD. It is  also known that the infrared absorption 
spectra are nearly same for both 'MoNiY and MoNiYD.7 The long metal 
oxygen bonds at around 2.6A in both MoNiY and NiMoY (see Table 2) have 
been observed before in metal-zeolites.13 A Mo-Mo interaction (R-3.63 A) 
also was observed by EXAFS in MoOg/TiO2 catalysts after calcination.14 
From fitting the experimental k3x(k) data for MoNiY and MoNiYD isolated 
from the shells between. 2.86 and 3.74A with Mo-Mo, Mo-Si and Mo-Ni 
models it can be demonstrated that the Mo has not only Mo and Si which are 
present in MoIlYR and MoHYRD but also a small amount of Ni atoms as its 
neighbors. An example is shown in Figure 3 for the case of MoNiY. The 
presence of an interaction between Mo and Ni in Mo,Ni-Y-zeolites may be 
significant for the catalytic properties of these bimetallic zeolite catalysts. 

. .  
I in Mo.Ni-Y -zeolites 

The Ni K-edge absorptions for MoNiY, MoNiYD, NiMoY and NiMoYD all have a 
strong first X-ray absorption peak which can be related to the oxidation 
state of Ni (see Fig.4). However, further comparison indicates that there are 
slight differences in the edge region and a great change in the extended 
region between MoNiY and NiMoY in both the as-prepared and dehydrated 
forms. The Fourier transforms of the data in Figure 4 are shown in Figure 5 
and clearly show the differences between the MoNi and NiMo forms. The 
local environment of Ni in MoNiY is very close to that of dispersed NiO 
(CN=6, R=2.04 A) . After dehydration, the oxygen coordination decreases 
because of the removal of bound waters, and the Debye-Waller factor 
decreases. However, the higher shell coordinations still could not be found. 
N i 2 +  is still present in a highly dispersed state with a simple oxygen 
coordination structure only. This is in agreement with other work.15 The 
strong interaction between Mo and Ni, as indicated in the  previous 
paragraph, will inhibit the growth of Ni metal particles and results in the 
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fine Ni particles which would relate to excellent activity and selectivity 
toward hydrodemethylation of toluene.13 In NiMoY and NiMoYD the Ni -0  
first neighbors have overlapping contributions from higher shells. Multiple 
shell fitting showed that best fits were obtained for Ni-0, Ni-Si and Ni-Ni 
coordinations compared with those for Ni-0 and Ni-Si or Ni -0  and Ni-Ni only. 
An example of the results with Mo,Ni and 0 as the neighbors fitted to 
Fourier filtered data between 2.86-3.74 A in NiMoY is shown in Figure 6. It 
indicates that Ni has not only 0 and Ni but also Mo as its coordination 
neighbors consistent with the Mo edge results on the same samples. 

Summarv 
From Mo and Ni K-edee EXAFS studies we have studied the difference v 

between the local environments of Mo and Ni in Mo,Ni-Y-zeolites prepared 
by interchanging the order of introduction of metals into the zeolite. The 
results clearly indicate that significant differences occur. When Mo is 
introduced first it seems to be exchanged into the supercages as indicated 
by the coordination numbers and distances we have found. The subsequent 
addition of Ni seems t o  allow Ni to go into nearby cages where it can 
coordinate to Mo through oxygens. When Ni is added first it seems to go 
into a smaller cages in an aqueous phase. Subsequent addition of Mo does 
not affect this environment and the Mo seem to remain essentially as MoO3. 
This should not result in an effective interaction between Mo and Ni. These 
results clearly indicate the  importance of the order of exchange of metals 
onto zeolites in the preparation of bimetallic zeolite catalysts. 
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Table 1 Mo Coordination Shells in Mo,Ni-Y-Zeolites 

MoNiY MoNiYD 
Model CN R(A) DWF.lOZ d-m(eV) CN R(A) DWF.102 d-Eg(eV) 

Mo-0 3.2f.2 2.03f.01 O.O1f.OO -4.3f.6 2 . 2 2  2.OOk.01 -0.27f.02 -1.1f.1 
Mo-0 1.4f.l 2.62f.01 -0.69f.06 -7.6L.7 0.7.t.1 2.61f.01 -0.77f.04 8.4f.6 
Mo-Ni 0.9f.2 3.54f.01 0.40i.03 7.lf.6 O.lf.O 3.63f.02 -0.83f.05 7.0f.6 
Mo-Mo 3.4f.l 3.7Oi.02 -0.14f.01 6.lf.4 3.62.3 3.68f.02 -0.05f.02 6.0f.4 
Mo-Si 1.5f.l 4.05f.02 -0.02f.02 -3.0i.3 l.Of.l 4.00k.02 -0.40f.03 3.3f.3 

NiMoY NiMoYD 
Model CN R(A) DWF.102 d-Eg(eV) CN R(A) DWF.102 d-Eg(eV) 

Mo=O 0.5f.l; 1.55f.01 -0.03f.01 1 3 3 3 .  0.1f.O 1.53f.01 -0.37f.02 11.7f.9 
Mo-0 3.2f.3 1.71f.01 0.04k.01 6.8f.7 2.3f.2 1.72f.01 -0.06f.01 6.8f.6 
Mo-0 1.2f.2 1.98f.01 -0.48k.02 -12.6t.8 
Mo-Mo 2 2 . 4  3.31f.01 -0.03k.01 3.7t.3 

Table 2 Ni Coordination Shells in Mo,Ni-Y-Zeolites 

NiMoY NiMoYD 
Model CN R(A) DWF.102 d-Eg(eV) CN R(A) DWF.102 d-Eg(eV) 

Ni-0 4.3f.2 2.08t.01 0.01f.01 -0.6f.3 4.1f.3 2.07f.01 0.13f.01 2.4f.3 
Ni-Si 2.7f.2 2.68f.01 0.22k.01 12.8f.9 1.9.f.2 2.66f.01 O.lOi.01 14.3f.9 
Ni-Ni 2.3f.1 3.03f.01 0.77f.01 -1.2f.5 2 . 9 ~ 2  2.98f.01 0.72f.04 5.5f.5 
Ni-Ni 1.8f.1 3.94f.01 0.42k.01 8 2 . 7  2.lf.2 3.96f.01 0.40f.01 3.9f.4 
Ni-Mo 4 . e . 4  4.51f.02 0.72f.01 14.2f1. 4.0f.3. 4.53f.02 0.7Oi.08 15.0f1.2 
Ni-0 2.1f.2 4.95f.02 -0.91f.01 - 9 . 6 ~ 3  2.9?.4 4.97f.02 -0.78f.O -11.3f.4 

MoNiY MoNiYD 
Model CN R(A) DWF.102 d-Eo(eV) CN R(A) DWF.102 d-Eg(eV) 

Ni-0 4 . 9 ~ 2  2.04f.01 0.36k.01 6.5f.4. 3 2 . 3  2.05f.01 -0.13f.01 9.3k.4 

Note: The experimental standard data are used for fitting: Mo-O(CN=4,R=I .78) from 
ZnMoOq and Mo-Mo (CN=12.R=2.73A) from Mo metal foil; FEFF program was used 
to calculale the standard data for Mo-Si(CN=lZ, R=2.69A), Mo-Ni(CN=IZ. 
R=2.6IA),Ni-O(CN=6,R=2.09A), Ni-Si(CN=12,R=2.69A), Ni-Ni(CN=lZ.R=2,96A) and Ni- 
Mo(CN=12. R=2.61A). 
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Department of Chemistry, S.G. Mudd P6 
Lehigh University, Bethlehem, PA 18015 

Keywords: Alcohol dehydration, Ether synthesis 

Introduction 

Methyl-tertbutyl ether (MTBE) and tertamyl-methyl ether (TAME) 
technology is well established with methanol and a branched olefin 
(iso-butene or 2-methyl-butene) as source feedstock ( 1 , Z ) .  The 
recently announced engineering innovation of reaction with 
distillation led to a new process, ETHERMAX, by Dow-H6lse-Kohl ( 3 ) ,  
in which the thermodynamic equilibrium is shifted in favor of MTBE by 
the product removal directly in the catalytic reactor. Despite the 
very fast growth of the MTBE and TAME production capacity worldwide, 
there is a potential shortage of the feedstock olefins ( 4 )  and by 
some accounts of methanol (5), should MTBEfTAME be used as the 
principal oxygen additive and octane booster for partial replacement 
of aromatics in gasolines ( 3 ) .  

A s  isobutene can be obtained by dehydration of 2-methyl-l- 
propanol (isobutanol) and isobutanol can be directly synthesized from 
the syngas CO/H2 (6,7), there is an alternative route to MTBE via the 
syngas-derived isobutanol. Still a more attractive route to MTBE 
would be via the direct coupling of alcohols, 

CH3. 9 3  

C" 3 

\ I 
I I 
CHCHZOH + CH30H - > CH3-C-O-CH3 + H20 

MTBE 
CH3 

PI 

if the selectivity of the process could be controlled so that 
reaction [l] is the dominant route. There are several other 
reactions that can occur in a system that couples isobutanol with 
methanol: coupling of two methanolmolecules to dimethyl ether (DME) 
[2], of methanol and isobutanol to methyl-isobutyl ether (MIBE) 131 
which is a low octane isomer of MTBE, of two isobutanol molecules to 
di-isobutyl ether (DIBE) [4] or di-tertbutyl ether (DTBE) [ 5 ] ,  
dehydration of isobutanol to isobutene (IB) [6], and oligomerization 
of isobutene to C8, CI2, etc. hydrocarbons. 

2CH30H - > CH30CH3 + H20 m 

(CH3) 2CHCH2OH -+ CH30H--> (CH3) 2CHCH20CH3 + H20 PI 

DME 

MIBE 
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2 (CHJ) 2CHCH20H - 

2 (CHJ) 2CHCH20H 

-> (CH-,) 2CHCHZOCH2CH (CH3) 2 + H20 
DIBE 

CH3 
- C=CH2 + H20 \ 

I IB 
CH3 

(CH3) 2CHCH20H 

~41 

w 

All of the above reactions [l] - [6] are acid-catalyzed, and the 
use of solid acids is preferred to that of acid solutions. The 
factors influencing selectivity are thermodynamic constraints, the 
concentration and strength of the catalyst acid sites, and mass 
transfer related phenomena such as shape- or diffusion controlled 
selectivity in zeolites. In this work we report on the selectivities 
of isobutanol-methanol coupling over two classes of catalysts, 
organic polymeric sulfonic acids and inorganic acids based on silica- 
alumina, mordenite, montmorillonite, and sulfate-modified zirconia. 

Thermodvnamic Considerations 

The standard free energies for the key reactions involved in the 
set [l] - [6] are represented in Figure 1 for two temperatures, 298 
and 400K. It is evident that at 400K and above, the synthesis of 
MTBE from methanol and isobutene [7] 

CHjOH + (CH3)2C=CH2 - > (CH3) 3COCH3 

MTBE 

m 

becomes a thermodynamically uphill process while if the two alcohols 
are the reactants in reaction [l], the path to MTBE is exoenergetic. 
Further, the mixed ether isomer of MTBE, MIBE, that is readily formed 
over Nafion H ( E ) ,  is a thermodynamically less favorable product than 
MTBE. Elevated pressure will favor the ether-forming reactions [l] - 
[5] over the dehydration of isobutanol [6] in which the molar volume 
increases when going from the left to the right. 

Kinetic Considerations 

Although kinetics of reactions [l] - [6] and related processes 
have been studied in detail only over Nafion H ( 9 ) ,  it is important 
to summarize the main features of that kinetic behavior here, because 
the kinetic patterns provide guidelines for testing protocol over a 
wide range of catalysts. The results of kinetic studies of coupling 
methanol with isobutanol over Nafion H yield the following 
conclusions: 

Dehydration of isobutanol to IB, reaction [6], requires two 
acid sites, one of which binds isobutanol and one that 
supplies an acid catalyzing function for the isobutanol 
dehydration. The consequence of this kinetic behavior is 
that at high pressures, isobutanol poisons its own 

(i) 
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dehydration and the kinetic order becomes negative with 
isobutanol concentration. Methanol also exhibits a 
retarding effect on isobutanol dehydration by competitive 
adsorption and blocking of the acid sites. 

(ii) The formation of DME, reaction [2], and DIBE, reaction [ 4 ] ,  
requires two sites occupied by the respective alcohol, 
methanol for DME and isobutanol for DIBE. The consequence 
of this behavior is that at high pressures, the kinetics 
become "saturated" and the rates of DME or DIBE reach 
constant values. 

(iii) The formation of MIBE, reaction [3], requires two sites 
occupied by the two different alcohols. The consequence of 
this behavior is that there is a maximum rate at an optimum 
ratio of partial pressures of the two alcohols. 
Quantitative evaluation of the observed rates shows that 
isobutanol is approximately two times more strongly held by 
the acid sites of Nafion H than methanol. 
The conversion of MIBE to the thermodynamically more stable 
MTBE or isobutene and methanol is kinetically strongly 
hindered. 

The dual site character of all catalyzed reactions involved 
imposes a requirement that the acid sites be highly concentrated on 
the surface of any prospective heterogeneous catalyst. Further, 
pressure is recognized as an important variable controlling the 
selectivity to ethers (high pressures) or isobutene (low pressures). 

(iv) 

Orsanic Polvmeric Catalysts 

In this section, we compare the outcome of isobutanol-methanol 
coupling under standard test conditions developed in this laboratory. 
Reaction conditions were similar to those described in Nunan et a1 
( 8 ) .  The test reaction used 5 g of catalyst at 9 0 ° C  under a total 
pressure of 1 atm. The flow rate of each alcohol was 1.72 molfkg 
catjhr and was achieved by pumping an equimolar mixture of isobutanol 
and methanol. The flow rate of He and N2 is 16 molfkg catfhr. The 
catalyst bed was diluted to 20 cm3 with Pyrex beads. The organic 
polymers were all sulfonic derivatives in their hydrogen form, and 
they are listed in Table I. 

Steady state conversions were obtained within the first hour of 
the reaction. Data were collected for several hours time-on-stream 
during which no catalyst deactivation was detected. The results of 
the standard test over these polymers are summarized in Table 11. 
The major products, excluding water, of the reaction of the two 
alcohols are given in this table. In addition, minor amounts of C8 
and CI2 hydrocarbons, formed from the di- and trimerization of 
isobutene, were detected. The order of activity of the catalyst was 
found to be Amberlyst = Purolite > BioRad > Nafion. 

Product selectivities for the different catalysts are 
illustrated by Figure 2. Water, which is, of course, the major 
product of these dehydration reactions, is not included in the 
selectivity analysis. Under the standard reaction conditions, 
Nafion-H appears to be the best catalyst for MIBE production. The 
other Catalysts produce significant amounts of MTBE, along with other 
ethers, viz. DTBE, DIBE, and DME. The higher selectivity of Nafion 
towards MIBE formation may be due to the distinctly different nature 

238 



- 

of the acid sites of Nafion. The sulfonic acid groups Of 
perfluoronated Nafion contrast with the sulfonic acid groups of the 
other hydrocarbon based resins tested in this study. 

Inorsanic Solid Acid Catalysts 

The following inorganic acid catalysts were tested: H-Mordenite 
(Norton), Si02/A120, (Davison), Montmorillonite K-10 (Aldrich), and 
Zr02 treated with sulfuric acid, which will be designated as 
Zro2 1 SO4=. 

The preparation of ZrO,/SO,' was according to the work of Hino 
and Arata (lo). ZrOC12.8H20 was added to aqueous anUUOnia to 
precipitate Zr(OH)4 which was washed and dried at 100 OC overnight. 
The dried Zr(OH), weighing 10 g was placed on a folded filter paper 
and 150 ml of 1N HzSOp was poured through it. The wet powder was 
dried at llooc overnight and then calcined at 620 OC for 3 hr. 
Pretreatment of other catalysts consisted of calcination of Mordenite 
and Si02/A1203 at 4 0 0 ° C ,  the Montmorillonite catalysts being used as 
received. 

The reaction conditions and catalyst weight used for the 
inorganic catalysts were identical to those used for the organic 
catalysts mentioned above. In addition, in light of their much higher 
temperature stability, the inorganic catalysts were studied at 
reaction temperatures of 125OC, 150°C, 175OC, as well as 90°C. 

The results of the standard test over these inorganic catalysts 
are summarized in Table IV. 

The product selectivities of these catalysts are shown in 
Figures 3-6. Water, the coproduct of all the dehydration reactions, 
is not included in the selectivity calculations. 

The patterns that emerge are the following: 
(i) H-mordenite is a selective catalyst for dehydration of 

methanol to DME. Isobutanol is not converted to any ethers 
or dehydrated significantly to isobutene over H-mordenite 
under the conditions used. Evidently the pore size or 
shape of H-mordenite restricts reactions of isobutanol; 
even though the isobutanol molecule is small enough to 
enter the larger channel pores of mordenite, its conversion 
is suppressed by one or all of the following three classic 
mechanisms of zeolite shape selectivity: !a) 
inaccessibility of acid centers that possibly reside 
primarily in the narrow side channels of the mordenite 
structure; this type of size exclusion in alcohol 
dehydration was first studied by Weisz et al. (11) , however 
it should be noted that acid sites in mordenite are 
accessible to molecules as large as 1-methyl-2-ethylbenzene 
at higher temperatures (12) (b) retardation of isobutanol 
transport by preferential diffusion of methanol, diffusive 
selectivity was studied by Chen and Weisz (13) (c) size 
restrictions on the transition states involving isobutanol, 
isobutyl esters, and isobutyl oxonium ions. Csicsery first 
proposed the concept of restricted transition state 
selectivity in zeolites (12). 
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(ii) 

(iii) 

(iv) 

Sulfate-modified zirconia is an efficient and highly 
selective catalyst for the dehydration of isobutanol to 
isobutene, with methanol dehydration to DME suppressed. 
The reasons for this selectivity pattern have not been 
established but it is tentatively suggested that isobutanol 
is more strongly bonded than methanol to the sulfate groups 
on the zirconia surface so that methanol activation is 
suppressed. The relative bonding strength of isobutanol 
and methanol to the sulfate-modif ied zirconia would have to 
be more markedly different than that on Nafion H because 
DME and MIBE are co-products with isobutene over Nafion H 
but not over the sulfate-modified zirconia. 
There is an overall order of activities for the dehydration 
reactions over the inorganic acids used, 

Zr0,/S04' > H-mordenite > Si02/A1203 > H-Montmorillonite 
The inorganic catalysts are generally less active than the 
organic polymeric catalysts at 90°C except for H-mordenite 
which is active and selective for methanol dehydration to 
DME. Higher temperatures are needed for significant 
alcohol dehydration with inorganic catalysts. In general, 
the organic polymeric catalysts are unstable at these 
higher temperatures. 

conclusions 

Acid-catalyzed reactions of an equimolar mixture of methanol and 
2-methyl-1-propanol (isobutanol) gave rise to homo- and hetero- 
ethers, as well as to isobutene, depending on the catalyst used. The 
organic polymeric acids were selective towards MIBE which is a low 
octane isomer of MTBE. A particularly high selectivity to DME was 
displayed by H-mordenite, evidently due to a combination of factors 
that are summarily termed "shape selectivity". The sulfate-modif ied 
zirconia proved to be a selective catalyst for isobutanol dehydration 
to isobutene, with ether formation suppressed. The inorganic 
catalysts displayed a lower activity than sulfonated organic resins 
and thus higher temperatures were needed, but the sulfate-modified 
Zr02 has proven to be promising when isobutene is a desirable product 
of alcohol isobutanol dehydration in the mixture with methanol. The 
significant advantages of inorganic catalysts are their applicability 
at high temperatures and ease of regeneration. 
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TABLE I 
organic catalysts 

Polymer base Resin type Decomposition 

Amberlyst-15 Polystyrene 

Purolite 150 Polystyrene 

BioRad AG50WX2 Polystyrene 

Naf ion-H Fluorocarbon 

Macroreticular n120 o c  

Macroreticular =120 o c  

Ge 1 =120 o c  

Gel >200 o c  

TABLE I1 

Yields over Organic Catalysts 
(mol/kg cat/hr) 

Amberlyst-15 0.042 

Purolite 150 0.034 

BioRad AG50WX2 0.015 

Nafion-H 0.004 

0.041 0.053 0.013 0.014 

0.048 0.062 0.011 0.015 

0.011 0.040 0 .004  0.008 

0.002 0.014 0.0003 0.003 
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TABLE I11 

Yields over Inorganic Catalysts 
(mollkg catlhr) 

TReaction 

125OC 
Si02/A1203 15OoC 

Montmorillonite : /I 1:::: 

DME Butenes 

0.060 ----- 
0.6599 ----- 
0.83 0.068 

MIBE MTBE C8 ether 
I I I t  

0.003 
0.02 0.003 0.008 
0.068 0.009 0.017 
0.049 0.007 ----- 

----- ----- 

- - - - - - - - - - - - - -- 
0.011 0.001 0.003 
0.032 0.005 0.014 
0.049 0.007 0.016 

----- 
0.004 

0.019 0.004 0.014 
0.029 0.014 0.031 
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Fig. 4 Selectivity over Zro2/S0,' for the methanol + isobutanol 
reaction at various temperatures. 
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Fig. 5 Selectivity over SiO,/Al,O, for the methanol + isobutanol 
reaction at various temperatures. 
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INTRODUCTION 

Early work on isobutylene and isobutane synthesis employed thoria based catalysts. 
Later isoalkenes were produced when zirconia was used at lower pressures and 
temperatures of 623 to 773 K. The difficultly reducible oxide catalysts such as Tho, (1,2) 
and Dy,O,, (3) were used under very severe conditions. A CdO catalyst combined with acid 
supports was used under mild conditions. Recently, Maruya, et a1.(4) and Onishi et al. (5) 
reported the use of ZrO, at mild conditions, and methoxide species and formate ions have 
been observed on the surface of the Zr02 catalysts. Maruya, et al. (6) also produced a C, 
fraction with 99' % isobutylene with carbon C, selectivities in the range of 77 to 85%. The 
latter value was obtained when zirconia was impregnated with NaOH. The mechanism for 
formation of the branched alkanes has been postulated to be different than the mechanism 
for formation of linear alkanes. 

Vedage et al. (7) postulated that linear products are produced by CO insertion into an 
alkoxide instead of an aldol-like condensation scheme in which a formyl species reacts with 
an enolate (RCI+HCHO) at the carbon next to the carbonyl carbon. Mazanec (8) proposed 
a CO insertion scheme involving a bound aldehyde to produce a cyclic acyl which has two 
valence structures and the carbonyl carbon in one has carbenic character. Subsequent 1,2 
shifts of hydrogen or R can lead to linear or branched products. Condensations reactions 
between eta-enolates and alkoxides were proposed to account for deviations from the 
Shulz-Flory distribution. Tseng et al. (9) and Jackson and Ekerdt (10) present the results of 
a comprehensive study and discuss proposed mechanisms on isosynthesis using zirconia. 
The formation of C,s is postulated to be by addition and condensation reactions (4,6,9,10). 

This manuscript reports data on isobutylene synthesis using zirconia prepared by co- 
precipitation and modified sol gel procedures. 

CATALYSTS SYNTHESIS AND CHARACTERIZATION 

Synthesis The two procedures used for synthesizing the catalysts presented herein 
were as follows: 111 Reaction of zirconyl nitrate with ammonium hydroxide which precipitates 
as zirconium hydroxide and is then dried and calcined at 500 "C for 2.5 hours. This catalyst 
is labelled Cat 1. [2] The sol gel procedures developed by Dosch et al. (1 1) were used to 
produce a sodium hydrous zirconium oxide, which was ion exchanged with HCI to remove the 
sodium, washed wfih acetone, dried and calcined at 500 "C fo; 4 hours. This catalyst is 
referred to as Cat 2. 
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Characterization: Differentiation between cubic zirconia and tetragonal zirconia by use 
of XRD has been reported to be very difficult to impossible. Cubic zirconia is normally formed 
at temperatures above 1200 "C except in the presence of alkali or alkaline salts. The cubic 
form can then be stabilized at lower temperatures. Inspection of XRD powder patterns 
suggests that one should be able to distinguish between the cubic and tetragonal forms. 
However, this is very difficult to accomplish except for highly crystalline zirconia. Catalysts 
prepared by procedure 1 could be made as tetragonal or monoclinic depending on the 
procedure used in calcination. Only the zirconia which had a monoclinic structure as 
indicated by an XRD powder pattern was used in this study. 

The hydrous sodium zirconium oxide prepared by Dosch's method had an ion 
exchange capacity of approximately 4.5 meq/g. For the catalytic evaluations the sodium 
content was decreased to less than 0.3% using HCI exchange and then calcined at 500 "C 
for 4 hours. After calcination Catalyst #2 appeared to be monoclinic. Zirconia formed by this 
method should be more acidic than the zirconia prepared according to procedure #1. 

CATALYSTS EVALUATION 

Two reactor systems, one constructed by us referred to as BR1 and an AE MSBTR 
900 purchased from Autoclave Engineers, were used in the evaluation of the catalysts. For 
both systems the catalysts were loaded and purged with nitrogen at 400 "C for 4 hours prior 
to conducting the activity studies. Catalytic activity data reported herein for the precipitated 
catalysts, Cat. #1 batches 3 and 4, were obtained in the BR1 and AE MSBTR 900, and 
catalytic activity data reported for Cat. #2 were obtained using the AE MSBTR 900, only. 
Methanol and higher alcohols were detected as product from Cat. 1 when using the AE 
MSBTR 900, which had on-line analysis of the products. The analysis of the product for BR1 
was off-line, and no alcohols were detected in the product stream. Figure 1 illustrates the 
activity and effect of pressure on CO conversion for zirconia using catalysts CAT 1&2. The 
space time, 2, is defined as the bulk volume of the catalysts divided by the volumetric feed 
rate calculated at reaction conditions. The actual residence time is greater than the space 
time because of the decrease in the number of moles with reaction. However, at low 
conversions space time is a close approximation to residence time, which is dependent on 
the extent of reaction. Figure 1 shows that pressure does not have a significant effect on 
conversion at equal space times for a 1:3 or a 1:l CO:H, ratio. Similarly results were 
obtained by Pichler and Ziesecke (1,2) for thoria catalysts. The data also indicate that Cat. 
#2 is not as active as Cat. #1. Figure 2 illustrates the expected trend for change in 
conversion with space time at 95 atm. and 400 "C and 50 atm and 425 "C. A space time of 
90 seconds is required to obtain 20% CO conversion. Figure 3 illustrates the expected 
increase in conversion with increasing temperature for the two catalysts. The trends are the 
same indicating essentially the same reaction mechanism and activation energy. 

In order to gain some insight into the type of reactions occurring several ratios were 
calculated, and are presented in Table 1. Table 1 illustrates the average values obtained for 
the isosynthesis profile, the branched to linear C,s and the isobutylene selectivity within the 
C, fraction. The isosynthesis profile was defined by Jackson and Ekerdt (10) as the ratio of 
C,s to (C,s + Cas), and is a measure of the relative importance of the condensation reactions. 
Ratios obtained in this study are comparable with the values reported by Jackson and Ekerdt 

Figures 4,5, and 6 illustrate the effect of pressure, space time, and CO:H, ratio on the 
molar ratio of isobutylene to methane and the weight ratio of isobutylene to C,+ for Cat. #l. 
Figure 4 shows that for a 1 :3 CO:H, ratio and low CO conversions (<5%) the isobutylene to 

(10). 
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C; decreases as the pressure is increased, but the molar ratio of isobutylene to methane is 
essentially constant at 0.3. However, Figure 5 shows that for 95 atm and a 2:l CO:H, ratio, 
the isobutylene to methane molar ratio varies from 0.5 to 0.75 as the CO conversion is 
increased with an increase in residence time. Figure 6 shows the effect of temperature and 
pressure on the ratio of isobutylene to C,+. Low pressures and high temperatures increases 
the ratio. 

I 
CONCLUSIONS 

The bench scale reactor systems have been successfully operated for a period of 
approximately one month with the collection of a substantial amount of data. The data 
reported above are for batches 3 and 4, Cat. 1. Data were also obtained on a catalyst 
prepared by catalyst preparation #2. Batches 3 and 4 for preparation of Cat. 1 were chosen 
because the XRD patterns and Raman spectra indicated they were predominately monoclinic, 
unlike the result obtained for other batches. Cat 2 was used to study the effect of acidity, and 
the effect of using a the modified sol gel method for preparing the catalyst. Experiments on 
Cat #1 in both reactor systems demonstrated the reproducibility of our experimental 
techniques. The activity of the zirconia catalysts are low and long residence times are 
required to obtain high CO conversions. 
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Figure 1 .  Effect of Pressure on Activity for Catalysts #1 and #2. 
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Abstract 

The activity of small amounts of iron and molybdenum added as finely divided sulfated 
oxide/oxyhydroxide catalysts (FeOOH/SO,, Fe,O,/SO, and Mo/Fe,O,/SO,) for the direct 
liquefaction of low pyrite bituminous (Blind Canyon) and subbituminous coals (Wyodak) is 
reported in this paper. The quantification of dispersion and the composition of sulfated iron 
oxide/oxyhydroxide catalysts before and after coal liquefaction reactions is also reported. Catalytic 
dispersions (such as surface area and particulate size) were determined for the oxides and 
oxyhydroxides of iron containing 3-4 wt?A of sulfate anion as such and after their transformation 
from the oxide phase to the sulfides during the course of coal liquefaction. The rates of these 
transformations were studied at 400’C and information on the size and composition of the 
resulting sulfide particles was obtained. It was found that the initially added sulfated iron oxides 
were completely converted to pyrrhotite, Fe,.,S, after only five minutes of reaction at 40OoC. Fe,S,, 
prepared by treating sulfated iron oxide with sulfur in the presence of tetralin, was also used as 
a catalyst for coal liquefaction and was found almost as effective as the initial sulfated iron oxide. 
1000-5000 ppm of iron and 20-100 ppm of molybdenum were used in our catalytic systems with 
respect to coal. Molybdenum, used in small amounts, was more effective when used with the 
calcined form of the sulfated iron oxide than with its uncalcined form, FeOOH/SO,. 

Introduction 

Catalysis for direct coal liquefaction (especially for coal dissolution,) by highly dispersed 
catalysts is a topic of considerable interest among researchers in this field[ I. Application of finely 
divided and chemically modified powdered solid catalysts, especially those based on cheap and 
environmentally benign iron, is very promi~ing[‘.~.’~. The objective of our research has been to 
develop novel catalytic systems based on the sulfate and molybdate anion-promoted 
oxides/oxyhydroxides of iron which can provide high dispersions and activity for coal liquefaction. 

We have synthesized and characterized a number of sulfate-promoted oxides of metals 
such as Fe, Sn, Zr, Ti, and Hf.I3l. We recently reported on the use of sulfate-promoted iron and 
tin oxides for the direct liquefaction and coprocessing of Argonne Illinois No.6 coal with tetralin 
and with Maya ATE heavy oil re~pectively[~.’1. The sulfate anion treatment of iron(ll1)oxides was 
found to enhance their acidic character and bring about a decrease in the particulate size. 
Sulfated iron oxides were also found to be active as catalysts at low iron concentrations (3500 
ppm with respect to coal) for coal liquefaction. The sulfated iron oxide catalysts were completely 
converted to highly dispersed (average size = 15 nm) pyrrhotites (Fe,,S) under coal liquefaction 
conditions in the presence of enough sulfur. 
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In this paper, we discuss the properties and activities of a new class of sulfated catalysts. 
These are based on sulfated oxyhydroxides of iron, FeOOH/SO, and Mo/FeOOH/SO, A 
comparison is made between the activities of different sulfated iron oxyhydroxides promoted with 
molybdenum. The effects of small catalyst concentrations (20-100 ppm Mo and 1000-5000 ppm 
Fe) on conversion levels of a low-pyrite Blind Canyon coal were studied. An attempt was made 
to characterize the composition and the extent of dispersion of the sulfided catalysts obtained 
during coal liquefaction reactions. This includes study of the rate at which the initial sulfated metal 
oxide is converted to the corresponding sulfide under coal liquefaction conditions and also 
determination of the extent of catalyst particle agglomeration with time at reaction temperature. 

Experimental 0 

Catalvst PreDaration and Characterization: The sulfated oxides and oxyhydroxides of iron were 
prepared from either the sulfate, chloride, or nitrate salts precipitated with either ammonia water 
or urea depending on whether heterogeneous or homogeneous coprecipitation routes were 
followed. Small amounts of molybdenum (0.5-2 wP/O of the iron oxyhydroxides) were introduced 
into the catalysts by the incipient wetness impregnation technique from an aqueous solution of 
ammonium heptamolybdate. The catalysts were characterized by BET-surface area analysis, sulfur 
analysis, thermogravimetry (TGA), acidity measurements, thermal stability measurements, X-ray 
diffraction, and electron microscopy. The residues of coal liquefaction experiments were also 
analyzed using X-ray diffraction and a JEOL 2000 FX STEM (100 kV beam) with an energy 
dispersive X-ray spectrometer (EDX) to determine composition and dispersion information about 
the catalytic phases formed under liquefaction conditions. 

Reaction Studies: The low-pyrite Blind Canyon obtained from the Penn State Coal Research 
Bank and Wyodak (subbituminous) obtained from the Argonne Premium Coal Sample Bank were 
used for these studies. Elemental analyses of the two coals are shown in Table 1. Tetralin was 
used as the reaction solvent (3:l by weight to coal) and elemental sulfur (2:i by weight to 
catalyst) was used for catalyst sulfidation. Coal liquefaction reactions were carried out in both a 
300 cc stainless steel autoclave reactor and a 27 cc tubing bomb microreactor. Elemental sulfur 
was used in excess for sulfiding catalysts in situ. Soxhlet extraction with methylene chloride was 
used to determine coal conversion. Soluble products were recovered by rotary evaporation at 
45OC under vacuum. Pentane solubles (oils) were determined by adding 40 volumes of n-pentane 
to the methylene chloride soiubles and using Soxhlet extraction with n-pentane. Pentane-insoluble 
but methylene chloride soluble material was referred to as asphaltenes. 

Results and Discussion 

Catalvst Characterization : Specific surface areas of the sulfated iron oxyhydroxides and oxides, 
modified with small amounts of molybdenum, were determined by the BET method. In going from 
the unsulfated oxyhydroxides to the sulfated ones, surface areas increased from about 40 m2/g 
to 127 m'/g. Nitrogen adsorption porosimetry measurements indicated a bimodal distribution of 
the pores (essentially the void spaces between the primary crystallites). X-ray diffraction line 
broadening measurements and transmission electron microscopy indicated the particle size of the 
oxyhydroxides to be between 15-20 nm. The particles were elongated and needle-shaped. 
Differential thermal analysis studies of the sulfated oxyhydroxides indicated that crystallization to 
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the oxides occurred above 450°C. The presence of small amounts of the sulfate group in the  
oxyhydroxides, thus, delayed the crystallization (and therefore crystal growth) by about 150%. 
Sulfated oxyhydroxides also exhibited a significant chemisorption of pyridine at high temperatures 
indicating a strong surface acidic character. A summary of catalyst properties is given in Table 
2; the uncalcined sulfated iron oxyhydroxide has a specific surface area higher than its calcined 
form, sulfated iron oxide. The molybdate anion (MOO:), added in small amounts (3 wt% of the 
oxide), exhibits a similar influence on the catalyst properties as does the sulfate anion. 

Reaction Studies: 

1. Effect of Reaction Temperature : The following three catalytic systems were used for the 
liquefaction of Argonne Wyodak coal (0.17 % pyrite) at different temperatures to determine the 
qualitative effect of reaction temperatures on the activities of these catalysts for coal conversion: 
Fe,O, + S ,  Fe,O,/SO, + S,  and Mo/Fe,O,/SO, + S. As shown in Figure 1, the activities of 
sulfated catalysts for the production of oils (n-pentane solubles) from coal increased 
proportionately in going from 375 to 425OC. 

2. Sulfated Iron Oxyhydroxides and Molybdated Iron Oxide : The FeOOH/SO, and Fe,O,/MoO, 
catalysts resulted in comparable levels of coal conversion to n-pentane solubles as did the 
sulfated iron oxide for the liquefaction of Wyodak coal (Figure 2) under similar reaction conditions. 
From' these results we see that the effect of anions in modifying the catalytic properties of 
transition metal oxides is not anion-specific so long as the modifying anion is held by the oxide 
surface strongly even at high temperatures. The effect of adding sulfuric acid separately with the 
unsulfated iron oxide was not the same as that of previously sulfated iron oxide. The combination 
of pure iron oxide and dilute sulfuric acid resulted in a slightly higher conversion values than the 
iron oxide alone, but these conversions were lower than those obtained with presulfated iron 
oxide. 

3. Effect of Iron and Molybdenum Catalysts Loadings on Liquefaction of Low-Pyrite Blind Canyon 
Coal : In order to study the effect of small catalyst loadings on coal conversion levels, it was 
necessary to use a coal containing as low an amount of pyritic iron as possible. For this reason, 
Blind Canyon coal was chosen for these studies. Sulfated iron oxyhydroxide, which was found as 
active as the sulfated iron oxide catalyst, was employed as catalyst for the runs carried out to 
determine the effect of small loadings of iron on coal conversion (1000-5000 ppm with respect to 
coal). The results are shown in Figure 3. It can be noted from Figure 3 that the catalytic effect of 
added iron (as 15 nm size FeOOH/SO, catalyst) becomes significant only above 2500 ppm of iron 
with respect to coal. The incorporation of small amounts of molybdenum into this sulfated 
oxyhydroxide (Mo/FeOOH/SOJ was not as effective for coal conversion as that in the sulfated 
iron oxide (Mo/Fe,O,/SO,). The lack of high molybdenum dispersion due to the absence of a 
calcination treatment for the earlier catalyst might be part of the reason for its lower activity as 
compared with the calcined catalyst, Mo/Fe,O,/SO, The effect of molybdenum loadings between 
20-200 ppm (with respect to coal) added with 2500 pprn Fe as Mo/Fe,O,/SO, is shown in Figure 
4. Additional amounts of molybdenum in an already active sulfated iron oxide do not bring about 
significant enhancement in total coal conversions (conversions increase from about 75 % in the 
absence of MO to about 80 % in its presence), but the yield of light oil (n-pentane soluble 
products) is significantly enhanced in the presence of small amounts of Mo. This suggests that 
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molybdenum, due to its strong hydrogenation function (in the form of MoS,), helps to produce 
more oil at the expense of the asphaltenes. 

Catalvst Transformation and Sinterina Studies: It is well understood now that any iron-based 
catalyst precursor added at the beginning of coal liquefaction is converted to iron sulfides in the 
presence of enough sulfur under liquefaction conditions. The quantification of sulfided phases, 
thought to be catalytic, is essential for the understanding of the mode of action of the iron-based 
catalysts. We have made an attempt to investigate the rate of transformation (i.e. compositions 
of sulfides formed at different reaction times) and the extent of catalyst sintering (i.e. the degree 
of catalyst dispersion) of the iron-containing phases that result from addition of sulfated iron 
oxides during coal liquefaction. In general, the stoichiometry (or composition) of the iron phases 
formed during liquefaction is controlled by the following equation: 

Fe,OJSO, + S + H, c = = = = > Fe,S, + H,S 

The objective here is to determine the atomic ratio (Fe/S) and the grain sizes of the iron- 
phases in the coal liquefaction residues using analytical tools such as X-ray diffraction and 
electron microscopy. The composition of the catalysts (sulfated and sulfided phases) and their 
sizes have been studied at different reaction times using the following model systems: 

(I) Active carbon + tetralin + Fe,O,/SO, Catalyst 
(11) Tetralin + S + Fe,03/S0, (Presulfidation) 
(Ill) Low-pyrite Blind Canyon coal + S + finely divided iron catalysts + tetralin 

Active carbon was used instead of coal to avoid interference due to the mineral matter from coal. 
The reactions were carried out under identical conditions as coal liquefaction with the addition of 
elemental sulfur for metal sulfidation. When the reactions were carried out with a sulfated iron 
oxide catalyst for different reaction times, it was found that the initial sulfated iron oxide takes 
about five minutes at reaction temperature to convert completely to the sulfided iron phases, Le., 
pyrite and finally pyrrhotites. The grain size changes occur primarily during this transformation. 
No further changes (increases) in the grain size of iron-containing phases was obsewed even 
when the reaction was carried out for two hours. The initially added sulfated iron oxide catalyst 
(particle size = 20 nm) were converted completely to pyrrhotite after five minutes of reaction 
(particle size= 10-50 nm). A similar transformation picture was seen when a soluble precursor of 
iron, Fe(CO), was used. Figure 6 shows the transmission electron micrographs of the sulfated iron 
oxide before and after reaction treatment as in the model system (11) indicated earlier. As shown 
in Figure 5, all of the initial sulfated iron oxide had been converted to pyrrhotites, primarily, Fe,S,. 
There was no apparent increase in the grain size during this high temperature transformation. 
Figure 6 compares the particle sizes of the sulfided iron catalysts derived in situ from FeOOH/SO, 
and Fe(CO), p,recursors during direct liquefaction of Blind Canyon coal. The results of catalyst size 
and composition studies obtained using the model system (I) followed by examination of the 
residues by XRD, TEM, and EDX, are summarized in Table 3. Complete transformation of the 
initially added sulfated iron oxide catalyst to pyrrhotite occurred after five minutes at reaction 
temperature. The grain size change associated with this phase change was observed by electron 
microscopy, while particle sizes of the sulfided phases essentially remained the same without 
much further agglomeration or sintering for two hours of reaction time. 
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Conclusions 

The increase in total conversion as well as the increase in conversion to oils obtained with 
sulfated oxides is attributed primarily to enhanced "dispersion" (surface area/gm) with possibly 
a small contribution, made early on, from the high surface acidity of these oxides. Due to 
increase in the specific surface area and decrease in the average particle size of the oxides upon 
addition of small amounts of the sulfate group, conversion of the oxides to active catalytic sulfide 
phases, especially to non-stoichiometric sulfides of iron, is facilitated. More of the active catalyst 
surface of these sulfides becomes available for reaction and catalyst agglomeration is decreased. 
Sulfated iron-based finely divided catalysts result in better catalytic dispersion than soluble 
precursors such as Fe(CO),. Addition of small amounts of molybdenum to the sulfated iron oxides 
increases its activity, especially for the production of oils. 
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Figure 1. Activity of Sulfated Catalysts Figure 2. Activity of Oxyhydroxide and 
for Direct Liquefaction of Wyodak a Nev Molybdated Catalyst for 
Coal at Three Reaction Temperatures Liquefaction of Wyodak at 4OO0C 

Figure 3. Conversion of Blind Canyon 
vs. I r o n  Concentration at 4OO0C 
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e 
Figure 4. Conversion of Blind Canyon 
vs. Molybdenum Concentration at 4OO0C 
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ABSTRACT 

Iron-pillared montmorillonites were prepared by several methods and tested 
in hydrocracking and hydrogenation reactions. 
intercalated clays was necessary for maximum activities, as was removal of 
residual sodium ions by exchange with ammonium ions. Calcination and sulfidation 
of the iron-pillared clays resulted in the formation of pyrrhotite, much of it in 
particles large enough to exhibit sharp XRD peaks. Thus the iron tends to 
migrate from its originally dispersed state, and surface area decreases with 
collapse of the layers. Alumina-pillaring prior to, or simultaneously with, 
intercalation of the iron resulted in more stable catalysts. 
effects of clay acidity and hydrogen activation by the pyrrhotite resulted in 
high conversions in hydrocracking and hydrogenation tests. 
pyrrhotite resulted in minimal coking and condensation reactions. 

Rapid collection of the iron- 

The combined 

The presence of 

INTRODUCTION 

The goal of the UFDA catalyst research program is the development of 
disposable, highly dispersed, high surface area catalysts for the direct 
liquefaction of coal. These catalysts consist o f  sulfided iron clusters 
intercalated into smectite clays. 
silicate minerals, commonly found as components of soils and sediments and often 
found as large, mineralogically pure deposits (1) .  
useful in many chemical applications because of their small particle size (t2 p ) ,  
appreciable surface area for adsorption of organic molecules, and unique 
intercalating capabilities. Hence, they are utilized for supporting 
microcrystalline or metal cluster catalytic sites. Acid-modified smectites were 
used for a number o f  years a s  petroleum-cracking catalysts in the Houdry process, 
giving gasoline in high yields (1). In the mid 1960s they were replaced by more 
thermally stable and selective zeolite catalysts. 

The use of large stable cations to pillar the aluminosilicate layers of 
clays results in the formation of porous networks analogous t o  zeolites. In 
these pillared clays, intercalation of hydroxylated or complexed metal cations 
maintains the clay layer structure after loss of water and generates a large 
micropore dimension. These structures are stable up to 450" to 500°C in contrast 
to the nonpillared clays which dehydrate and collapse at temperatures over 200°C. 
Acid zeolites are more stable at high temperatures; however, their pores are too 
narrow to be useful for coal macromolecules. The advantage of the pillared clay 
catalyst over the zeolites is that pore size can be controlled and made larger 

The smectite clays are swelling phyllo- 

These materials are highly 
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than t h a t  o f  most o f  t h e  z e o l i t e s .  
be more e f f e c t i v e  i n  c rack ing  the  l a r g e  coal  macromolecules than the  conventional 
c a t a l y s t s .  The i n t e n t  o f  t h i s  work i s  t o  d iscover  how t o  o b t a i n  f i n e l y  dispersed 
i r o n  s u l f i d e  ( p y r r h o t i t e )  c a t a l y t i c  s i t e s  i n  the p i l l a r e d  c l a y  s t r u c t u r e  t h a t  
w i l l  be usefu l  f o r  coal  l i q u e f a c t i o n .  

Therefore, these p i l l a r e d  c l a y  c a t a l y s t s  may 

RESULTS AND DISCUSSION 

I n i t i a l  work was concerned w i t h  p repara t i on  methods f o r  i r o n - p i l l a r e d  
mon tmor i l l on i tes .  
p a r t i c l e  s i ze  i n  an aqueous medium w i t h  low concen t ra t i ons  o f  base. 
was p re fe r red  f o r  metal i o n  exchange reac t i ons  t h a t  g i v e  the i n t e r c a l a t e d  clays, 
s ince t h e  c l a y  l a y e r s  are h i g h l y  separated i n  t h i s  s t a t e  and mass t rans fe r  i s  
rap id .  I r o n  i n  the form o f  a p o l y o x y t r i i r o n  (111) complex 
(heptaacetatohydroxytriiron n i t r a t e )  was exchanged f o r  t h e  i n t e r l a y e r  ca t i ons  o f  
the d ispersed sodium mon tmor i l l on i te  ( 2 ) .  
subsequently ca l c ined  t o  form the  s t a b l e  po l yoxy i ron  c a t i o n - p i l l a r e d  c lays .  For 
c r e a t i o n  o f  c a t a l y t i c  s i t e s  f o r  a c t i v a t i o n  o f  hydrogen, t h e  oxy i ron  species were 
converted t o  s u l f i d e  forms by treatment w i t h  hydrogen s u l f i d e  o r  carbon 
d i  sul f i d e .  

The sodium form o f  t h i s  c l a y  d isperses t o  an extremely f i n e  
This  form 

The iron-exchanged c l a y s  were 

I n t e r c a l a t i o n  o f  p o l y o x y t r i i r o n  r e s u l t e d  i n  a change i n  p a r t i c l e - s i z e  
d i s t r i b u t i o n ,  w i t h  a subs tan t i a l  p o r t i o n  o f  l a r g e r  p a r t i c l e s  (78%) being formed 
by agglomeration o f  t he  very f i n e  p a r t i c l e s .  A f i n e  p a r t i c l e  f r a c t i o n  was a l s o  
i s o l a t e d  by high-speed c e n t r i f u g a t i o n .  
m a t e r i a l s  c o n s i s t i n g  o f  l a r g e r  p a r t i c l e s .  
ca l c ined  c a t a l y s t  precursor  f r a c t i o n s  showed t h a t  hemat i te  and maghemite (both 
Fe,O,) had formed. The ma te r ia l  from the  f i n e  c l a y  p a r t i c l e s  conta ined hematite 
i n  g rea te r  abundance than t h a t  f r o m  the l a r g e r  p a r t i c l e s .  
d i f f e r e n t  composit ions du r ing  the  c a l c i n a t i o n  o f  t he  iron-exchanged c lays  may be 
a t t r i b u t e d  t o  p a r t i a l  h y d r o l y s i s  o f  t he  t r i i r o n  c l u s t e r s  du r ing  washing and 
c o l l e c t i o n  procedures. The f i n e  p a r t i c l e s  were exposed t o  water f o r  a much 
g rea te r  pe r iod  o f  t ime. These data appear t o  be s i m i l a r  t o  those obta ined by Lee 
and o the rs  (3) f o r  p i l l a r i n g  w i t h  hydro lyzed f e r r i c  c h l o r i d e ,  which i n d i c a t e d  
t h a t  hemat i te  p a r t i c l e s  had formed. The do,, peak corresponding t o  the  i n t e r l a y e r  
spacing was q u i t e  broad i n  the 20 p l o t  f o r  both samples, i n d i c a t i n g  t h a t  spacings 
are i r r e g u l a r  i n  the  ca l c ined  products. 

The d i f f e r e n c e  i n  i r o n  ox ide composit ion between the  ca l c ined  f i n e  and 
l a r g e r  p a r t i c l e s  o f  i n t e r c a l a t e d  c lay  was f u r t h e r  i n v e s t i g a t e d  by us ing a more 
r a p i d  method i n  c o l l e c t i o n  o f  t he  f i n e  p a r t i c l e s .  X-ray d i f f r a c t i o n  o f  the 
ca l c ined  c lays  from the  f i n e  p a r t i c l e s  had a much smal ler  amount o f  hemat i te  than 
the c l a y  prepared by the former method. Thus the  20 p l o t s  o f  c a t a l y s t  precursors 
obta ined from bo th  the f i n e  and l a r g e r  p a r t i c l e s  i n  t h i s  p repara t i on  were very 
s i m i l a r .  

Methods f o r  conversion o f  the oxy i ron - in te rca la ted  c l a y s  t o  a c t i v e  s u l f i d e  
forms were compared. S u l f i d a t i o n  was c a r r i e d  out  e i t h e r  by hea t ing  the ca lc ined 
precursor  w i t h  a m ix tu re  of H,S (100 p s i )  and H, (900 p s i )  i n  the  rock ing  heater  
a t  400°C f o r  2 h r  o r  by i n  s i t u  r e a c t i o n  w i t h  40 mg o f  carbon d i s u l f i d e  t h a t  was 
added w i t h  the t e s t  compound, deca l i n  so lvent ,  o r  coal ,  depending on the  reac t i on  
being c a r r i e d  out .  The c a t a l y s t s  prepared by t reatment  w i t h  H,S e x h i b i t e d  major 
peaks corresponding t o  p y r r h o t i t e .  The p y r r h o t i t e  peaks were r e l a t i v e l y  narrow, 
i n d i c a t i n g  t h a t  t h e  p a r t i c l e  s i ze  o f  t he  i r o n  s u l f i d e  i n  the c a t a l y s t  may be 
l a r g e r  than des i red  f o r  h igh  c a t a l y s t  a c t i v i t y .  
cond i t i ons  may have mob i l i zed  the  i r o n  i n  the p i l l a r s  so t h a t  some l a r g e r  i r o n  
s u l f i d e  p a r t i c l e  formed, as described by Lee and o the rs  ( 3 ) .  I n  con t ras t ,  the 

Ca lc ina t i on  o f  t h e  two f r a c t i o n s  gave 
X-ray d i f f r a c t i o n  s tud ies  o f  both 

The format ion o f  these 

S u l f i d a t i o n  under these 
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c a t a l y s t s  a c t i v a t e d  b y  i n  s i t u  t reatment w i t h  CS, d i d  n o t  show s i g n i f i c a n t  peaks 
f o r  p y r r h o t i t e  o r  p y r i t e .  Since s u l f i d a t i o n  d i d  occur, t h e  i r o n  s u l f i d e  species 
i n  these c a t a l y s t s  must be v e r y  minute. As descr ibed below, these c a t a l y s t s  had 
super io r  hydrocracking a c t i v i t i e s  . 

d i f f r a c t i o n  showed t h a t  much o f  the  i r o n  was converted t o  p y r i t e  r a t h e r  than 
p y r r h o t i t e .  The p y r i t e - c o n t a i n i n g  c a t a l y s t  was e a s i l y  converted back t o  the  
p y r r h o t i t e  form by f u r t h e r  t reatment w i t h  hydrogen a t  400°C. 

c a t a l y s t s  were 156 and 181 m'/g, r e s p e c t i v e l y .  
p a r t i c l e  i r o n - p i l l a r e d  c l a y  c a t a l y s t  i n  H,S and H, a t  400°C f o r  2 hours, the  
surface area dropped t o  17 m'/g. 
co l lapse o f  t h e  i n t e r l a y e r  s t r u c t u r e  o r  fo rmat ion  o f  i r o n  s u l f i d e  agglomerates. 

When s u l f i d a t i o n  was c a r r i e d  out  w i t h  l a r g e r  amounts o f  H,S, x-ray 

Surface areas of t h e  f i n e  p a r t i c l e  and l a r g e  p a r t i c l e  i r o n - p i l l a r e d  c l a y  
However, on s u l f i d i n g  t h e  f i n e  

The r e d u c t i o n  i n  sur face  i n d i c a t e s  an undesired 

Hydrocracking a c t i v i t i e s  o f  i r o n - p i l l a r e d  c l a y  c a t a l y s t s  were determined by 
r e a c t i n g  w i t h  b ibenzy l  as the  t e s t  compound. Reactions were c a r r i e d  o u t  a t  350°C 
f o r  3 hours i n  t h e  presence o f  1000 p s i  o f  molecular hydrogen i n  a I O - m i  rock ing  
autoclave reac tor .  The c a t a l y s t s  were recovered i n  q u a n t i t a t i v e  amounts, and no 
re t rograde r e a c t i o n s  o r  coke were observed d u r i n g  reac t ions .  

Comparison o f  t h e  b ibenzy l  hydrocracking r e s u l t s  f o r  the  i n i t i a l  s u l f i d e d  
c a t a l y s t s  prepared from the  f i n e  and l a r g e r  i r o n - p i l l a r e d  c l a y  p a r t i c l e s  showed 
t h a t  the c a t a l y s t  f rom t h e  hemat i te -conta in ing  f i n e s  had a much lower a c t i v i t y  
(62% conversion) than the  c a t a l y s t  f rom the  l a r g e  p a r t i c l e s  (80% conversion).  
The lower a c t i v i t y  o f  the  c a t a l y s t  f rom the  f i n e s  was a t t r i b u t e d  t o  h y d r o l y s i s  
reac t ions  t h a t  occurred p r i o r  t o  c a l c i n i n g .  For the  second batch o f  p i l l a r e d  
c l a y s  t h a t  were r a p i d l y  c o l l e c t e d ,  t h e  b ibenzy l  hydrocracking a c t i v i t i e s  o f  the  
s u l f i d e d  c a t a l y s t s  were e s s e n t i a l l y  i d e n t i c a l  f o r  the  f i n e  and l a r g e r  p a r t i c l e s  
( 7 9  and 80% conversion, r e s p e c t i v e l y ) .  
low hemati te content o f  both p recursors  as demonstrated by t h e  s i m i l a r  26 p l o t s  
descr ibed above. 

s u l f i d e d  i r o n - p i l l a r e d  c l a y s  prov ided in fo rmat ion  on t h e  na ture  o f  the  
hydrocracking a c t i v i t y  f o r  t h e  c a t a l y s t s .  The major products were benzene, 
to luene, and ethylbenzene. 
and the amount o f  benzene was cons iderab ly  more than ethylbenzene, i n d i c a t i n g  the  
fu r ther  c rack ing  o f  t h e  ethylbenzene t o  benzene. 
of t h e  Bronsted a c i d  c a t a l y s i s  mechanism. 
p ro tonat ion  o f  an aromat ic r i n g  o f  b ibenzy l ,  fo l lowed by aryl-methylene bond 
cleavage t o  form benzene and pheny le thy l  carbonium i o n .  
carbonium i o n  i s  reduced t o  ethylbenzene by hydr ide  t r a n s f e r  o r  hydrogenation, o r  
i t  could undergo a v a r i e t y  o f  r e a c t i o n s  t o  g i v e  o ther  products.  Th is  r e a c t i o n  
mechanism i s  common i n  r e a c t i o n s  ca ta lyzed by c lays  and clay-supported c a t a l y s t s .  
The format ion o f  to luene probab ly  occurs v i a  a Lewis a c i d  ca ta lyzed mechanism, 
s ince  the  temperature i s  too  low f o r  homoly t i c  cleavage o f  t h e  c e n t r a l  bond i n  
bibenzyl .  Reduction of carbonium i o n  in te rmed ia tes  i n  the  r e a c t i o n  may o r  may 
n o t  i n v o l v e  t h e  i r o n  s i t e s .  

The bibenzyl  c rack ing  products inc luded many hundreds o f  o t h e r  components, 
i n d i c a t i v e  o f  rearrangements and hydrogen a d d i t i o n  as w e l l  as hydrocracking. 
Par t  of  the  s i n g l e - r i n g  aromat ics was hydrogenated t o  g i v e  cycloalkanes i n  t h e  
reac t ions  w i t h  s u l f i d e d  c a t a l y s t s .  A s u b s t a n t i a l  amount of methylcyclohexane was 
formed, probably f rom cleavage o f  the  t e r t i a r y  carbonium i o n  der ived  from 

Th is  observa t ion  was c o n s i s t e n t  w i t h  the  

Examination o f  t h e  products obtained from the  r e a c t i o n s  o f  b ibenzy l  w i t h  

Benzene and e t h y l  benzene were the  l a r g e s t  products,  

These products are i n d i c a t i v e  

The pheny le thy l  

The mechanism invo lves  the  i p s o  

264 



phenylethylcyclohexane o r  hydrogenat ion o f  t h e  r ing-pro tonated  b ibenzy l  . Minor 
components formed as a r e s u l  t o f  hydrocrack ing  were propylbenzene, b u t y l  benzene, 
t e t r a 1  i n ,  e thy l  b i  benzyl,  and phenylethyl  b ibenzy l  , etc .  The a1 k y l  benzene products 
r e s u l t e d  from hydrogenat ion of b i  benzyl fo l lowed by c rack ing  reac t ions ,  probably 
i n v o l v i n g  Lewis a c i d  s i t e s .  

concent ra t ion  of i r o n  in t roduced i n t o  t h e  c l a y .  
might r e s u l t  i n  a lower number o f  p i l l a r s  and, consequently, r e s u l t  i n  a l a r g e r  
micropore volume. Exchange of  one- th i rd  o f  t h e  t o t a l  equ iva len ts  o f  sodium by 
t h e  t r i i r o n  ace ta te  c a t i o n  r a t h e r  than us ing  an excess o f  t h e  t r i i r o n  gave a 
c a t a l y s t ,  a f t e r  c a l c i n a t i o n  and s u l f i d a t i o n  o f  t h e  l a r g e  p a r t i c l e  f r a c t i o n ,  t h a t  
was as a c t i v e  i n  hydrocracking r e a c t i o n s  (79% conversion) as the  c a t a l y s t  
prepared prev ious ly  w i th  excess tr i i r o n  complex. The f i n e  p a r t i c l e  f r a c t i o n  had 
a lower a c t i v i t y  (33% conversion).  

The presence o f  excess sodium i n  t h e  c a t a l y s t  b r i n g s  up a ques t ion  regarding 
t h e  poss ib le  l o s s  of Bronsted a c i d  s i t e s  due t o  t h e  presence o f  sodium ca t ions .  
The sodium ions were exchanged ou t  o f  one o f  t h e  c l a y s  ( f rom the  f i n e  p a r t i c l e s )  
w i t h  ammonium ions  f o l l o w i n g  t h e  iron-exchange. C a l c i n a t i o n  o f  t h i s  precursor t o  
d r i v e  o f f  ammonia gave a more a c t i v e  c a t a l y s t  (64% conversion compared w i t h  33%), 
because o f  regenera t ion  o f  the  Bronsted a c i d  s i t e s .  

A comparison o f  t h e  s u l f i d e d  versus nonsu l f ided  forms o f  the  i r o n - p i l l a r e d  
c l a y s  showed t h a t  t h e  nonsu l f ided  forms had a much lower hydrocracking a c t i v i t y  
(36 and 40% conversions f o r  f i n e  and l a r g e  p a r t i c l e s ,  r e s p e c t i v e l y ) .  
values are  cons is ten t  w i t h  those obtained f o r  o t h e r  c l a y  supports. 
products from nonsu l f ided  c a t a l y s t s  were t h e  same as those obtained w i t h  s u l f i d e d  
c a t a l y s t s .  The major d i f f e r e n c e  i n  a c t i v i t y  f o r  t h e  nonsu l f ided  c l a y s  was t h e  
lower conversion, lower amounts o f  cyclohexanes, and lower p r o p o r t i o n  o f  
ethylbenzene. Some o f  the  r e a c t i o n  products were a d d i t i o n  products o f  b ibenzy l  
t h a t  may be regarded as F r i e d e l  C r a f t s  a d d i t i o n  products.  However, extensive 
condensation and coke fo rmat ion  were n o t  observed i n  the  reac t ion .  I n  
comparison, a c i d i c  c l a y  c a t a l y s t s  gave l a r g e r  amounts o f  condensation products .  
Our r e s u l t s  i n d i c a t e  t h a t  i r o n - p i l l a r e d  c l a y s  are  e f f e c t i v e  i n  c leav ing  a r y l -  
methylene and o t h e r  C-C bonds a t  lower (350°C) temperature. 

and/or s u l f i d a t i o n  t reatments appear t o  m o b i l i z e  t h e  i r o n  and generate p a r t i c l e s  
o f  the  i r o n  ox ide  and s u l f i d e  t h a t  are l a r g e r  than d e s i r e d  f o r  maximum 
u t i l i z a t i o n  o f  the  i r o n .  
t o  co l lapse o f  t h e  l a y e r  s t ruc tu re .  
p i l l a r e d  c l a y s  o r  o f  a lumina-p i l la red  c l a y s  as supports f o r  p y r r h o t i t e  a c t i v e  
s i t e s  may g i v e  a more e f f e c t i v e  p a r t i c l e  s i z e  f o r  t h e  i r o n  s i t e s  and more s tab le  
p i l l a r e d  s t ruc tu res .  
su l  f i d a t i o n  t reatments.  

d ispers ions  w i t h  the  oxyaluminum cat ion ,  and var ious  methods were i n v e s t i g a t e d  
f o r  i n t e r c a l a t i o n  o f  t h e  i r o n .  
p i l l a r s  composed o f  alumina and o f  i r o n  oxide were prepared by i n t e r c a l a t i o n  o f  
sodium m o n t m o r i l l o n i t e  f i r s t  w i t h  oxyaluminum c a t i o n s  and then w i t h  oxy i ron  
ca t ions  (sequent ia l  p i l l a r i n g ) .  These m a t e r i a l s  d i f f e r e d  i n  the  amounts of 
alumina and i r o n  oxide introduced. A f t e r  c a l c i n i n g  and s u l f i d i n g  w i t h  hydrogen 
sul f idelhydrogen mix tu re ,  these c a t a l y s t s  e x h i b i t e d  h i g h  a c t i v i t i e s ,  w i t h  
conversions o f  85 t o  88% i n  hydrocracking t e s t s  w i t h  b ibenzy l .  N e i t h e r  the  

A second f a c t o r  i n  determining t h e  a c t i v i t y  o f  the  c a t a l y s t s  was the  
Use o f  a smal le r  amount o f  i r o n  

These 
Major 

A general problem w i t h  the  i r o n - p i l l a r e d  c l a y s  i s  t h a t  t h e  c a l c i n a t i o n  

Surface areas are  a l s o  s u b s t a n t i a l l y  decreased, owing 
The use o f  d i s c r e t e  mixed alumina/ i ron- 

The aluminum p i l l a r s  a re  s t a b l e  t o  c a l c i n i n g  and 

Aluminum p i l l a r s  were in t roduced by t rea tment  o f  sodium m o n t m o r i l l o n i t e  

Several p i l l a r e d  c l a y  c a t a l y s t s  w i t h  d i s c r e t e  
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concen t ra t i on  of  alumina o r  i r o n  had a s i g n i f i c a n t  e f f e c t  on the  a c t i v i t i e s ,  and 
a r e l a t i v e l y  low i r o n  concen t ra t i on  (500 ppm) was q u i t e  a c t i v e  i n  the t e s t s .  

t h i s  method, t h e  oxyaluminum ca t ions  and the  oxy i ron  ca t i ons  were added 
s imul taneously  t o  the  sodium m o n t m o r i l l o n i t e  i n  l a r g e  excess. 
obta ined by c a l c i n i n g  and s u l f i d i n g  as above was n e a r l y  equa l l y  e f f e c t i v e  i n  
hydrocrack ing t e s t s  w i t h  b ibenzy l  (83% convers ion) .  Thus e i t h e r  the  
s imul taneously  o r  s e q u e n t i a l l y  mixed p i l l a r e d  c lays  gave s t a b l e  c lays  con ta in ing  
e f fec t i ve  concentrat ions of  p y r r h o t i t e  and a c i d i c  s i t e s  f o r  c a t a l y s i s .  

The t h i r d  method for  p repar ing  mixed p i l l a r e d  c l a y s  u t i l i z e d  a mixed 
oxymetal c a t i o n  complex composed ma in l y  o f  aluminum w i t h  a small  amount o f  i r on .  
Th is  a l l o y - p i l l a r i n g  gave a c a t a l y s t  w i t h  lower  a c t i v i t y  i n  hydrocrack ing t e s t s  
(72% conversion). X-ray d i f f r a c t i o n  showed t h a t  i r o n  from the  a l l o y  p i l l a r  had 
been converted t o  p y r r h o t i t e  by t h e  s u l f i d a t i o n ;  hence, the lower  a c t i v i t y  i s  
probably  due t o  some co l l apse  o f  t he  p i l l a r e d  s t r u c t u r e  du r ing  t h i s  
t rans fo rma t ion  o f  t he  i r o n .  

Since t h e  presence o f  sodium i o n s  was found t o  e x e r t  a s i g n i f i c a n t  negat ive 
e f f e c t  on hydrocrack ing conversion, one o f  t h e  s e q u e n t i a l l y  p i l l a r e d  c a t a l y s t s  
was t rea ted  w i t h  ammonium n i t r a t e  i n  order  t o  exchange ou t  any remaining sodium 
ions.  A f t e r  c a l c i n a t i o n  t o  v o l a t i l i z e  the  ammonia and s u l f i d a t i o n ,  t he  c a t a l y s t  
gave a s l i g h t l y  b e t t e r  conversion i n  t h e  b ibenzy l  hydrocrack ing t e s t  (89%). 

The method o f  s u l f i d i n g  the  i r o n  i n  the  mixed m e t a l - p i l l a r e d  c a t a l y s t  was 
a l s o  var ied.  By adding a small  amount o f  carbon d i s u l f i d e  t o  the r e a c t i o n  r a t h e r  
than p r e s u l f i d i n g  the c a t a l y s t  w i t h  hydrogen su l f ide lhydrogen,  a s i g n i f i c a n t l y  
h ighe r  conversion o f  b ibenzy l  was obta ined (94%). The reason f o r  h ighe r  a c t i v i t y  
i s  suspected t o  be t h a t  the p y r r h o t i t e  p a r t i c l e  s i z e  i s  smal ler  w i t h  t h i s  method 
o f  s u l f i d i n g  (see  discuss ion above). 

In a d d i t i o n  t o  e f f e c t i v e  c a t a l y s i s  o f  hydrocrack ing reac t i ons  a t  moderate 
temperatures, the i r o n - p i l l a r e d  c l a y s  were e f f e c t i v e  c a t a l y s t s  f o r  c a t a l y z i n g  the 
hydrogenation o f  pyrene. Hydrogenation o f  pyrene w i t h  a s u l f i d e d  (H,S/H,) i r o n -  
p i l l a r e d  c l a y  c a t a l y s t  a t  350°C f o r  3 h r  gave an 88% conversion t o  hydrogenated 
pyrenes. The hydropyrene y i e l d s  were b e t t e r  than those obta ined w i t h  s u l f i d e d  
n i c k e l  molybdenum under i d e n t i c a l  cond i t i ons  (69%). Conversion t o  t h e  
hexahydropyrenes had n o t  proceeded ve ry  f a r  i n  the  l a t t e r  case. A mixed metal- 
p i l l a r e d  c a t a l y s t  was tes ted  w i t h  pyrene a t  400°C i n  the  rock ing  m ic ro reac to r  w i t h  
1000 p s i  o f  hydrogen (measured a t  room temperature). A 68% conversion o f  the 
pyrene was obta ined.  The lower  y i e l d  i s  cons i s ten t  w i t h '  t h e  smal ler  e q u i l i b r i u m  
constant  f o r  hydrogenation a t  the h ighe r  temperature. Impor tan t l y ,  hydrocracking 
of t h e  hydrogenated pyrenes was observed (20%) a t  t he  h ighe r  temperature. A t  
440°C, the  conversion o f  pyrene dropped t o  50%, and the  y i e l d  o f  hydrocracked 
products  increased s l i g h t l y  (23%). 

P re l im ina ry  l i q u e f a c t i o n  t e s t i n g  w i t h  Wyodak subbituminous coal  i n  t e t r a l i n  
so lvent  was performed us ing the  d i s c r e e t  a l u m i n a / i r o n - p i l l a r e d  c a t a l y s t .  
l i q u e f a c t i o n  r e a c t i o n  was c a r r i e d  ou t  a t  425°C f o r  1 h r  i n  a 71-mL r e a c t o r  w i t h  
1000 p s i  hydrogen (measured a t  ambient temperature). The c a t a l y s t  was s u l f i d e d  
by adding a small  amount o f  carbon d i s u l f i d e .  THF i nso lub les ,  THF so lub les,  and 
to luene so lub les  were measured by weighing. The pentane so lub les  consis ted o f  
coal -der ived o i l  as w e l l  as t e t r a l i n  so lvent ;  t he re fo re ,  the o i l  y i e l d  was 
determined by the d i f f e r e n c e  between the  i s o l a t a b l e  products  descr ibed above and 
t h e  maf coal  weight ( t hus  the amount i nc ludes  gases and r e a c t i o n  product  water). 
For t h i s  reac t i on ,  y i e l d s  o f  THF so lub les  were 19%, to luene so lub les were 25%, 

A second method f o r  p repara t i on  o f  t he  d i s c r e t e  p i l l a r s  was u t i l i z e d .  I n  

The c a t a l y s t  

The 
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and o i l s /gases  were 46%, with a t o t a l  conversion t o  soluble  products of 90%. 
Composition of the  o i l  product was determined by gas chromatography of the 
pentane / te t ra l in  solut ion.  T h i s  analysis  showed t h a t  the coal-derived o i l  
product consis ted of 9% phenolics and 25% hydrocarbons, based on maf coal .  
product qua l i ty  i s  b e t t e r  than previously a t ta ined  w i t h  t h i s  coal in  a 1-hr 
s ingle-s tage run. Further coal 1 iquefaction t e s t s  a r e  in  progress. 
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1. INTRODUCTION 
Hydrous sodium or potassium titanium and hydrous titanium/silicon oxides have been shown 

to be excellent precursors in the preparation of active hydrogenation catalysts (1,2,3,4). Anthony and 
Dosch (5) and Anthony et al. (6) recently reported the synthesis of six new layered crystalline 
titanates, and the catalytic activity of Pd and sulfided NMo supported on these titanates. TS-1, a 
titanium-silicalite, is a mild oxidation catalyst for epoxidation of olefm and hydroxylation of phenols 
and aromatics when using hydrogen peroxide as the oxidant. Zorite, a natural molecular sieve with 
a Sfli ratio of 2.6, has been synthesized by Kuznicki, USP 4,853,202. He has also synthesized 
molecular sieves with Sfli ratios in the range of 2 to 10. Young, USP 3,329,481 synthesized a Sf l i  
compound (TS 26). which he called a molecular sieve, but the XRD pattern is characteristic of a 
layered material. 

This manuscript reports the synthesis and catalytic activity of sodium and potassium silicon 
titanates when used as precursors in preparation of sulfided NiMo catalysts. Catalytic activity is 
determined by using the model reactions, hydrogenation of pyrene at 300 OC and hydrodesulfurization 
of dibenzothiophene at 350 "C. Stephens et al. (7,8,9) have shown that rate constants for pyrene 
hydrogenation correlate with ultimate catalytic activity for coal liquefaction. 

2. EXPERIMENTAL 
The chemicals used in the preparation of a sodium silicon titanate (TAM-1) and a potassium 

silicon titanate (TAM-4) were tetraisopropyl orthotitanate, tetraethyl orthosilicate, an aqueous solution 
of sodium hydroxide, an aqueous solution of potassium hydroxide, a solution of 
tetramethylammonium hydroxide W O H )  in methanol, and tetraalkylammonium bromide (TRAB), 
where the alkyl group, R, was propyl, butyl or pentyl. The synthesis procedure was in two paas. 
First, an aqueous mixture containing all the reagents except the alkoxides was prepared. Second, the 
alkoxides were mixed and then added to the aqueous mixture while stirring and a gel formed. These 
ingredients were transferred to a reactor, which was placed in an oven preset to the appropriate 
temperature. Reaction times were 90 to 96 hours. The sodium silicon titanate was recovered by 
filtration and washing the precipitate with water and acetone. Typical molar ratios of Na or 
K:TMAOH.&O:MeOHTPAB:Si:Ti were 1:1.58:200:13:3:1:1 for TAM-1 and 20:175:0:21:1 for 
TAM-4. The procedure for preparing the sulfided nickel catalyst was the same as for the T2CT as 
reported by Anthony et al (6). 

Activity experiments were conducted in minibatch reactors at 300 OC and 350 OC for pyrene 
hydrogenation and for hydrodesulfurization (HDS), respectively. The reactors were charged with 10 
mg of catalysts, a solution containing 10% pyrene in hexadecane, and hydrogen pressure of 1000 psi 
at room temperature. The minibatch reactors were immersed in a constant temperature fluidized sand 
bath for a period of 15 minutes. After reaction the reactors were quenched, and the products were 
analyzed by gas chromatography. A similar procedure was followed for the HDS experiments, except 
dibenzothiophene was used instead of pyrene. 
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3. RESULTS AND DISCUSSION 

3.1 Catalyst Characterization 
The XRD pattern for TAM-1 and TAM4 are presented in Figures 1 and 2. TAM-1 had the 

following properties: The first peak of the XRD was at &-spacings of 1.47-1.5 nm. Other properties 
were surface areas of 150 to 170 mz/g, pore volumes of 0.9 to 1.0 cc/g, and a weight loss of 18 to 
20% on heating for 10 hours in a vacuum at 170 "C. Weight loss on heating to 500 "C varied from 
15 to 20% as compared to the 35 to 40% observed for TAM4 and T2CT (6,7). The peaks at 4- 
spacings of 5.4, 5.2, 3.71 and 3.60 nm disappeared after evacuation for 10 hours at 170 "C. The 
FlTR spectra shown in Figure 3 for TAM-1 has distinct peaks, a doublet or W shaped peaks) in the 
range of 830 to 1020 cm-I. The relative intensities of the peaks at 1490 an-' and I640 cm" are 
greater when tetrabutyl ammonium bromide is used in the synthesis compared to those when 
tetrapropyl ammonium bromide is used. The triplet at 4250 cm-' characteristic of quaternary 
ammonium compounds is present, but the absorption bands due to the primary C-H stretches are 
absent except when tetrapentyl ammonium bromide is used as the template. The average C N  ratio 
of 6 f 1.2 obtained for TAM-1 indicates incorporation of mostly Th4AOH even though the TP,AB , 
TBAB, or TPsAB was used in the synthesis. When heating TAM-1 from 100 to 500 "C, the 
differential scanning calorimeter (DSC) recorded exothermic regions with peaks at 260 "C (376 mw/g) 
and 325 "C (543 mw/g). After heating TAM-1 for four hours at 500 OC or a shorter time at 700 "C, 
two phases as determined by XRD and electron microscopy characteristic of titania and silica were 
present. 

The ion exchange capacity of TAM-1 was determined by using the following procedure. A 
0.1 N HCl solution was to added to a sluny of 50 mg TAM-1 in 50 ml of distilled, deionized water 
to maintain a pH of 3 for a period of 4 hours. Then it was fitered and rinsed with water and acetone 
and air dried. This procedure was repeated for the solids a second time. Eighty two percent of the 
sodium was removed in the first exchange and 86% of the remaining sodium was removed in the 
second exchange for a total sodium removal of 97.5 %. Hence, the ion exchange capacity was 4.1 
meq/g, which is approximately equal to the initial sodium content (7.9 wt%). 

TAM4 had a &-spacing of 0.78 nm and a distinctly different XRD pattern from TAM-1. The 
quaternary ammonium compounds were not incorporated into the structure as indicated by the absence 
of the IR peak at 1490 cm.' in the FTIR spectra (Figure 4), and the low nitrogen content (<0.09%) 
from the CHN analysis. When heated to 500 OC for four hours or more the samples were converted 
to anatase titania and silica, and the percent volatiles was 40 to 45% (based on room temperature 
drying). If a sample was dried at 100 'C prior to calcination the volatiles were approximately 20%. 
TAM-4 was prepared with KOHPi ratios of 1.5 to 2.7, and variation of the concentration of the 
quaternary compounds appeared to have little effect on the XRD patterns of the fiial material. The 
DSC for TAM4 was endothermic over the complete temperature range with a peak at 160 OC (-545 
mw/g). Surface area of the as prepared TAM4 was 194 m2/g 

Analysis for titanium and silicon were determined by AA and ICP on selected TAM-1 and 
TAM4 samples. The Sfli atomic ratios in the products were within 5% of the Sfl i  ratio in the 
charge solution. 

TWO U. S. patents (4,938,939, July 3, 1990, and 7,853,202, August 1, 1989) were issued in 
1989 and 1990 to S. Kuznicki on the synthesis of small pore and large pore crystalline titaniuwsilica 
molecular sieves. These molecular sieves represent new structures with titanium in octahedral 
coordination and silicon in teaahedral coordination. The S f l i  ratios are in the range of 2 to 10 and 
preferably 5 .  The XRD patterns and compositions of these molecular sieves are significantly different 
than the titanates prepared in this study. However, work by Young, USP 3,329,481, claims the 
synthesis of a titanium silicate molecular sieve, TS-26. Examples presented by Kumicki on Young's 
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work are. a TS-26/ETS-1 are. more fully characterized than the samples synthesized by Young. The 
bar spectra in Figure 2 is the XRD spectra for ETS-IDS-26. TAM4 appears to be a different material 
than ETS-1nS-26 since the TAM4 contabs several new peaks, and not all of the remaining peaks 
match the bar spectra. 

A material labelled ETS-2 was also synthesized by Kuznicki, but not claimed in the patent. 
The same procedure was used as in preparing TS-26, but no potassium was used in the synthesis. 
Even though the starting mixture contained approximately 1:l Ti:Si, the material synthesized was 
"almost devoid of silica," and had significant peaks at 0.875, 0.370 and 0.316 nm with relative 
intensities of 85, 40, and 100, respectively. Obviously, this material is different than TAM-1 or 
T A M 4  

3.2 Catalytic Activity 
A comparison of catalytic activity for hydrogenating pyrene to dihydropyrene using sulfided 

Ni/Mo supported onT2CT (6), TAM-1, TAM4, hydrous titanium oxide, and hydrous silicon titanium 
oxide with the commercial catalysts, Shell 324 and Amocat lC, is shown in Table 1. The data 
illustrate that sulfided Ni/Mo supported on T2CT (6). TAM-1, and TAM4 have comparable activity 
on an active metal basis as the commercial catalysts and the Ni/Mo-Na,,,Ti amorphous catalyst, but 
the sulfided Ni/Mo Na,TiS&u amorphous catalyst has a much higher activity. For the amorphous 
Ti catalysts, as well as, TZCT(6). the majority (>98%) of the sodium was removed prior to loading 
with Mo and Ni by using 0.1 N HCl. However, TAM-1 and TAM4 had sodium and potassium 
levels of 2.27% and 3.61%, respectively, prior to the loading even though ion exchange had been 
performed. Initial sodium and potassium levels of TAM-1 ant TAM4 varied from 8 to 12%. The 
ion exchange procedure used to determine the extent of exchange and the procedure used in the 
catalysts preparation were different. Aqueous mixtures of approximately 10% solids were used when 
preparing the catalysts instead of the 0.1% solids used in determining ion exchange capacity. Table 
1 also illustrates the significant resistance to pore diffusion exhibited by the commercial catalysts. 

The HDS activity of the TAM catalysts is shown in Table 1. The catalytic activity of TAM-1 
and TAM4 on a per gram of catalysts is considerably less than that of Shell 324. This difference is 
probably due to the low molybdenum loading since the activity of the TAM catalysts on a per gram 
of Mo basis is substantially greater than that for Shell 324. A sigruficant difference occurs in the 
ratio of biphenyl to cyclohexyl benzene, which is much greater for the TAM catalysts than Shell 324 
or the Sandia amorphous catalysts. The ratio also varies significantly for the TAM catalysts 
depending on the method of preparation. 

4.0 CONCLUSION 
Two new alkal i  silicon titanates have been synthesized which show high hydrogenation 

activities when used as precursors for sulfided NiMo catalysts. Based on the XRD patterns these are 
new materials. Even though the first reflection of TAM4 and TS-26 and ETS-1 are the same, the 
remaining portion of the spectra indicates that TAM4 is a different material. A characteristic of 
TAM-1 is the doublet that occurs between 830 and 1010 cm-' on the FlTR. Incorporation of template 
appears to be indicated by the peak at 1490 cnil and the overtone bands at 4250 cm-I. 
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Figure 1. Comparison of XRD Patterns for TAM-1 Prepared with Different Charge Compositions. 

10. 20. 30. 4 0 .  50. 60. 70. 80. 
Figure 2. Comparison of XRD Powder Patterns for TAM-4 and ETS-1nS-26 (Bars). 
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Figure 3. Comparison of FT-IR Spectra for TAM-1 Prepared Using TP,AB 
and TP,AB. 

n 

Figure 4. Comparison of FT-IR Spectra for Different Batches of T A M 4  
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Heteropolyanions (HPAs) offer the opportunity to develop soluble forms of surface 
confined catalysts. HPAs are inexpensive, well-characterized, water soluble metal oxide 
clusters, e.g. [EMI2O40]4- where E = Si or P and M = Mo or W.1 They are easily modified to 
contain other transition metals such as Co, Ni or Ru and, can be made soluble in organic 
solvents.'-3 The protic forms exhibit extremely high acidities with pK,'s = 0-2.' In addition, 
selectively modified HPAs can function as low temperature hydrogenation catalysts that exhibit 
microporosity! HPAs are multi-functional catalysts that could be used to promote both 
hydroliquefaction and hydrotreating. The overall goal of the work reported here concerns our 
efforts to evaluate W A S  as soluble liquefaction and hydrotreating catalysts, with the goal of 
developing soluble analogs of surface confiied catalysts.5~~ 

The primary purpose of the work reported here is to carefully delineate the reactivity 
patterns of RuMo bimetallic precatalysts. In particular, efforts were made to understand the 
reactivity of tetrahydroquinoline PHQ)  at moderate temperatures. We have previously shown 
that bimetallic RuMo and mmetallic RuCoMo organometallic derived, supported catalysts will 
promote HDN of THQ at temperatures of 35OOC.536 Thus, we were interested to determine 
whether or not our recently developed, unsupported RuMo catalysts would have sufficient 
activity to work at temperatures below 250OC. 

The preliminary results of this study are quite surprising and warrant further, more detailed 
studies. First, we find that THQ does not undergo HDN to products such as propylaniline, 
propylbenzene, propylcyclohexane, nor is it hydrogenated to decahydroquinoline. However, it 
does undergo a surprising reaction with the ethanol solvent wherein the nitrogen is ethylated 
according to the following reaction: 

I 
H 
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At 22OoC, this reaction goes to 40% completion in 25 h at lo00 psig H2 using a standard 
bimetallic precatalyst system [4 mL EtOH stock solution, 4.39 x lo4 M in Mo-HPA:I mL 
stock solution, 5.74 x lo4 M in RuC191.96 x lo4 M Ru3(C0)12,50 pL CS,] as shown in 
Figures 1 and 3. What is extremelv surprisinp. about this reaction is that when it is run either 
with 4 mL of Mo-HPA stock solution or onlv 1 mL of RuC13 lor Ru?fCO)ld stock solution, 

ible. almost no o&t is observed . In baseline tests, the where no svnerastic eff- 
Mo-HPA derived catalyst appears to function slightly better than the RuC13 derived catalyst [or 
nearly the same as Ru3(C0)12]. Apparently, i t  is necessary to have the bimetallic catalyst form 
in order to observe ethylation. 

. .  

Another unexpected result comes from the observation that, for RuClj/Mo-HF'A catalyst 
precursor system, dropping the initial H2 pressure from loo0 psig to 400 psig does not affect 
the rate of reaction at all(Figm 2). At least under the two pressures measured, it appears that 
H2 pressure plays no role in the rate limiting step. Based on our previous work in this area, 
we can suggest a mechanism that explains this observation:7 

H E t  

t 

H 

In this reaction scheme, the first step involves dehydrogenation of ethanol to form 
acetaldehyde which condenscs with THQ to form the enamine, shown in the lower right hand 
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comer. The enamine is then readily hydrogenated to N-Et-THQ. 

Jn contrast tot he RuCljMo -HPA urec & svste m. the R q w l ? / M o - H P A  svstem 
exhibits sianificant H, uressure dependence (Firmre 4). The percent conversion rate (also TF 
value) reaches a maximum at 600 psig H2 (-296 for TF and 32 for TF') as shown in Figure 4 
and Table 1). The inhibition in catalyst activity observed above 600 psig H2 is somewhat 
unexpected and further study will be needed. 

Figure 5 and Table 2 show the effects of relative concentrations of bimetallic precatalyst on 
catalyst activity for THQ ethylation. Except at the lowest value of [RU~(CO)~~]XMO-HPA], 
increasing the relative concentration of Ru3(C0)12 results in a decrease in percent conversion 
and lower TF (and TF') values. Maximum TF (or TF') values are obtained when a 1 mW4 
mL(Ru/Mo) precatalyst stock solution mixture is used. 

Initial rates of reaction were determined for each temperature from 220 to 250T with initial 

3 kcal/mole. 
H2 pressures of 600 psig. Raw reaction rate data are used to calculate. initial TFs which are 
used as k,t,s.8 These data allow us to calculate the energy of activation, Ea = 27 
When the reaction temperature was below 21OoC, the percent conversion on to N-Et-THQ is 
much less than 1 %, even after 24 hours. 

One possible conclusion as to why the bimetallic system is so much better than the 
individual metals is that one metal does one of the above caralytic operations well and the other 
poorly. The second metal then does the reverse. If this is the case, then from our 
hydrogenation studies, we would conclude that Mo catalyst sites are responsible for 
dehydrogenation and the Ru catalyst sites are responsible for hydrogenation. 

In hydrotreating crude oil, oil shale and coal liquids; it is certain that primary and secondary 
alcohols will form during the process. Given that standard HDN catalysts contain sulfided Mo 
sites and Co sites, it is likely that these intermediate alcohols will alkylate any amine sources 
produced coincidentally. Although, Co is not as gcod a hydrogenation catalyst as Ru, at the 
elevated temperatures currently used for hydrotreating, it is possible that alkylation will occur 
quite readily. 
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I n t r o d u c t i o n  

In recent years there has been an increasing interest in molybdenum 
containing zeolite catalysts as effective bifunctional catalysts.1-4 Different 
techniques have been used to prepare and characterize the Mo-zeolites. It is 
difficult to exchange the cations of a zeolite for molybdenum ions directly 
because high valence cationic molybdenum can only exist in very acidic 
solution where ion-exchange equilibria are unfavourable and many zeolites 
are unstable. Ion exchange with neutrial and anionic species results in a 
large amount of surface loading. In order to overcome the difficulties of 
aqueous ion exchange, molybdenum is introduced into zeolites by the solid- 
ion axchange method. A special procedure was developed recently for 
initiating controlled immigration of Mo02(0€1)2 into the zeolite pore of HY 
with Moo3 in the presence of water vapor5 

EXAFS is an effective physical method for determination of the local 
structure of specific atoms in complex sytems such as highly dispersed 
supported metal catalysts. It has been successfully applied to some metal 
zeolite catalysts: viz. Pt-Y-zeolite6, Cd-Y-zeolite7 and Ni, Mo-Y-zeolite8 and 
other bimetallic catalysts9- 10. However, an EXAFS study of Mo-zeolite 
prepared with solid-ion exchange method has not been published. In this 
work, we studied by EXAFS the change of the local environment around Mo 
in the preparation of Mo-Y-zeolite directly to see if is Mo incorprated into 
the framework of Y-zeolites. As prepared, reduced and dehydrated samples 
were studied. 

E x p e r i m e n t a l  

S a m p l e s  

The HNaY zeolite was prepared by exchange of NaY with 0.1 N NH4N03  
solution at 365K for 1 hour, followed by a direct calcination at 8233  for 5.5 
hours in a closed vessel. The modified solid ion exchange was performed as 
following: a mixture of 27 g HNaY and 1.2g Moo3 was ground in a mortar 
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(hereafter denoted as MoHY), placed in a quartz tube and then calcined at 
723K, water vapor at 323K (118 torr) was carried through the mixture using 
H 2  as the vector gas with a flow of 45ml/min. The sample obtained after 
calcination was then denoted a s  MoHYR. 'This sample then underwent 
dehydration at 673K (MoHYRD). The contents of the samples were then 
analyzed by AAS, Na contents were detemined by ICP. and X-ray powder 
diffractim measurements were made using a Cu-target x-ray tube. 

X-ray absorption measurement 

X-ray absorption experiments were performed on beam line X - I l A  of the 
National Synchrotron Light Source (NSLS), Brookhaven National Laboratory. 
The X-ray absorption spectera for Mo K-edge were recorded with the ring 
operating at 2.5 GeV beam energy and a beam current of 40-180 mA. The 
pressed powder samples were mounted on the holder and measured at 
liquid nitrogen temperature in the transmission mode. 
Data analysis was carried out with using standard methods11 and the fitting 
was done using experimentally determined Mo-0 (from ZnMo04).  Mo-Mo 
(from metallic Mo) and theoretically calculated Mo-Si (using FEFF)l2 phase 
shifts and backscattering amplitudes. Both single or multiple shell models 
were assumed for fitting the various filtered Fourier transform (FT) peaks. 

Results and Discussion 

1. XAS of hlo-Y-zeolites 

The normalized X-ray absorption curves of MoO3, MoHY, MoHYR, MoHYRD 
and Mo metal are shown in Fig.1. The high pre-edge peak on the MoHY 
curve provides strong evidence for the presence of a short  M=O bond 
characterizing M o o 3  in the mixture of Moo3 and HY.l3 This feature of 
M o o 3  almost disappears after calcination of the mixture a t  723K in the 
presence of water vapour which means that the incorporation of Mo from 
M o o 3  into zeolite has taken place. XRD measurement also showed that Moo3 
diffraction peaks located at d=6.907, 3.801 and 3.255A were absent in these 
~ a m p 1 e s . l ~  Further changes of the spectrum occurred when the sample was 
calcined in H2 (MoHYR) and then dehydrated (MoHYRD). The comparison 
between k3x(k) of Moo3 and MoHYRD (see Fig.2) indicates that a great 
change of the environment around Mo in them clearly takes place because 
of the solid-ion exchange process. Further comparison of the Fourier 
transforms as shown in Figure 3 also show significant changes but no strong 
evidence for the formation of the metallic phase. From these comparisons 
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we assume that there is no significant change of the oxidation state of Mo 
after incorporation of Moo3 into the zeolite. 

2. Fitting results 

Fitting to the Fourier isolated shells in each sample was done using the 
reference compounds cited above. A summary of the results are listed in 
Table 1 for the three catalysts studied as well as Moog. For the first three 
shells in MoHY, a good fit was only obtained with a short Mo=O bond along 
with two Mo-0 bonds. Any other combination of Mo oxygen bonds had 
variances at least a factor of two greater than the resulted shown here. It is 
also consistent with the observation of the absorption profiles (Fig.1) and 
Fourier transforms (Fig.3) where the first Mo=O peak changed. 

When Mo is incorporated into the supercages of the zeolite, fitting shows 
that two new longer Mo-0 bonds, 2.03-2.05 A and 2.66-2.67 A, are formed 
instead of 1.70 and 1.96A bonds in Mo03. For the first two peaks in the FT 
of MoHYRD, the isolated k3x(k) and the fitting curve with two longer Mo-0 
models are overplotted in Fig.4. The agreement is excellent. It was observed 
previously that the longer metal-oxygen bond around 2.6 A can be present 
in metal-Y-zeolites.l5 The Mo-Mo interaction fitting results (see CN and R 
for Mo-Mo in Table 1) show that initially when Mo has been exchanged with 
the cationic ions in zeolite the Mo-Mo coordination is relatively large with an 
average Mo-Mo bond about 3.40A but that this is significantly changed after 
reduction and dehydration. The Mo coordination number decreases from 6 
(MoHY) to 1 (MoIIYRD). This means that Mo was dispersed into the 
supercages of Y-zeolite, probably in octahedral clusters as [-Si-MoOq-MoOq- 
Si-] . Also a new third coordination shell around Mo in MoHYR and MoHYRD 
develops which is a combination of both Mo and %(or possibly AI). The 
fitting of the third Fourier transform peaks in MoHYR and MoHYRD with 
both Mo-Mo and Mo-Si models greatly reduces the fitting variation between 
the experimental and calculated EXAFS data by up to 10-15 times compared 
to those with Mo or Si only as the neighbor. From Fig. 5 and 6, it can be seen 
that the two shell fitting gives the best results. I 'he presence of Si around 
Mo from the zeolite framework, the decrease of the Mo-Mo coordination and 
the appearance of a long Mo-0  bond all support the hypothesis that the 
solid-ion exchange method produces a Mo-substituted zeolite. 
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Table 1. Mo Coordination Shells in Mo-Y-Zeolites and Mo Trioxide 

MoHY MOO3 
Model CN R(A) DWF.102 d-Eg(eV) CN R(A) DWF.I02 d-Eg (eV) 

Mo=O 1.1f.1 1.58f.01 -0.59f.03 12.8f.5 1.of.l 1.63k.01 -0.35f.03 12.of1.0 
Mo-0 3.4f.3 1.77f.01 -0.24k.06 -2.12.2 2.5f.2 1.78f.01 0.27+.02 -7.0f.7 
Mo-0 2.4f.2 1.98f.01 -0.56f.09 -2.1f.2 1.5f.1 1.97f.01 -0.68f.06 -2.Of.2 

Ma-0 2.5f.2 3.92f.02 -0.84f.08 -8.9k.8 7.6f.5 3.90f.02 -0.57f.05 -8.9k.9 
Ma-Ma 5.7k.2 3.36f.02 0.73k.01 3.2k.3 8.9f.8 3.48f.02 0.18?.02 -7.7f.8 

MoHYR MoHYRD 
Model CN R(A) DWF.102 d-Eg(eV) CN R(A) DWF.102 d-Eg(eV) 

Mo-0 2.5f.2 2.03f.01 -0.27f.02 -7.9f.6 2.7f.2 2.05f.01 -0.23f.01 -6.7f.7 
Mo-0 1.3f.1 2.67f.01 -0.52f.05 2.0f.2 1.35.1 2.65f.01 -0.72f.01 6.6f1.0 

Mo-MO 1.8f.l 3.75f.02 -0.28f 02 -5.6f.5 l . l f .1  3.75f.01 -0.22f.01 0.%.1 
Ma-Si 1.6f.1 3.45f.02 -0.27f.01 -10.7f.8 0.7f.l 3.45f.01 1.1of.01 -7.7f1.0 

Note: The experimental standardmdata are used for fitting: Mo-0 (CN=4,R=I .78A) from 
ZnMoOq and Mo-Mo (12,2.73A) from metal Mo foil. 
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Figure I .  The normalized m a y  absorption spectrum versus cncrgy for Mo 
metal. M o  in Y-zeolite which has been reduced and dehydrated as dewibed 
(MoHYRD). Mo in Y-zeolite which has been reduced (MoHYR). Mo in Y-zeolite 
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Figure 2. A comparison of Ihe weighted spectra k%(k) versus k of MoHYRD 
and MoO3. 
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weighted EXAFS for Mo metal. MoHYRD. MoHYR. and MoHY versus R. The 
transforms are all of k3x(k) and taken over a k-space range of 3-14 A t ,  
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Figure 4. An overplot of thc Fourier filtered k 3 ~ ( k )  data of MoHYRD and the 
best fitting results (see Table 1 )  versus r. The tittering range was from 1 
to 2.8 A ' .  The fitting includcd two Mo-0 bonds only. 

288 



4 6 10 12 14 

k (A-1) 
Figure 5. An overplot of h e  Fourier filtered k3x(k) third shell data of 
MoHYR and the best ffning results (see Table 1) versus R.  The filtering 
range was from 2.8 l o  4.1 A-'. The fit included both Mo-Mo and Mo-Si 
contributions. 
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Figure 6. A comparison of the Fourier filtcrcd k3X(k) third shell data 01 
MoHYRD and fits containing Mo-Mo Only (-), Mo-Si only ( . . .). and hlo-Mo 
and Mo-Si ( XI=) versus R. The filtering range was from 2.8 to 4.1 A ' .  
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Within the past two decades, inorganic chemists have developed a growing fascination for 
metal cluster chemistry, especially metal cluster catalysis chemistry. The sources of this 
fascination are the potential benefits cluster catalysis can provide to: (1) further the development 
and understanding of heterogeneous catalysis through modeling studies; (2) advance the 
development of new, industrially important, homogeneous catalysis chemistry, and (3) provide 
a sound basis for the development of "surface confined'' metal cluster catalysis chemishy. The 
latter area being the translation of metal cluster catalysis chemistry to the development of new 
heterogeneous catalysts. 

In this study, we describe initial efforts to evaluate a set of heteropolyanions (HPAs, 
FM1204,~]~- where E = P and M = Mo or W, Mo-HPA, W-HPA) as potential liquefaction and 
hydrotreating catalysts. We develop a standard set of reaction parameters for quinoline (Q) 
hydrogenation to tetrahydroquinoline (THQ) by delineating the effects of variations in 
temperature, H2 pressure, catalyst and Q concentrations on the catalytic activity of a set of 
precatalysts. These standard parameters are then used to survey other potentially useful 
catalysts. 

At the outset, it was anticipated that soluble HPAs would serve as precatalysts to the true, 
active species. It was also recognized that under the reaction conditions employed, the soluble 
HPAs might be. transformed to heterogeneous species. We find that under the reaction 
conditions employed; the precatalysts described here, decompose to give heterogeneous 
catalyst particles that actively catalyze hydrogenation of Q to THQ. The following studies 
establish the parameters of the process leading to formation of active catalyst and define 
conditions used to survey of other potential catalysts. 

The effects of variations in H2 pressure (PH.2) on catalyst activity are shown in Figure 1. 
There appears to be an almost linear relationship between H2 pressure and catalyst activity 
(turnover frequency, TF).' Under the conditions studied, it was not possible to ascertain the 
PH2 required 10 reach the falloff region, where the relationship TF/PH~ is no longer linear. 
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Figure 2 shows the effect of total metal concentration on catalyst activity for Mo-HPA. 

The highest catalyst concentration used in this study (5.5 x M) is less than 0.02 mole 
percent of the Q concentration used Within the range of catalyst concentrations studied, 
except at very low concentrations, there appears to be a linear relationship between catalyst 
concentration and TF. These results are extremely valuable because, as discussed below, the 
active catalyst is heterogeneous. At low metal concenmtions, the linearity of the c0nc.W 
relationship is lost because of errors in reproducibility at very low conversions. 

The Figure 3 results indicate that under the reaction conditions studied, the rate of Q 
hydrogenation to THQ is not linearly dependent on initial Q concentration. The turnover 
frequency reaches its maximum (TF = 20) at [Q] = 4.23 M at [Mo-HPA] = 5.5 x lo4 M. 
Considering the extremely high Q concentrations used, there are three likely explanations for 
the observed falloff. One is that above [a = 4.23 M, the reaction conditions are pseudo first 
order, with H2 pressure being the only variable and the falloff above these concentrations 
resulting from experimental ermr. Altemately, at these high concentrations, Q competes 
successfully with H2 for active catalyst sites thereby slowing the rate of hydrogenation. A 
hiid explanation is that at these high Q concentrations, the reaction solution composition is 
quite different--there is much less EtOH. Consequently, the solvation of the precatalyst 
changes or the decomposition mechanism and therefore the surface area of the active catalyst 
produced is diminished. 

Initial rates of reaction were determined for each temperature from 150 to 225OC with initial 
H;? pressures of 400 psig. Raw reaction rate data are used to calculate initial TFs which are 
used as k,bsl These data allow us to calculate an activation energy of E, = 16 f 3 kcal/mole. 

Figure 4 indicates that the bimetallic Mo-HPAjRuC13xH20 precatalyst system offers the 
highest catalytic activity (TF - 10) of the precatalysts surveyed. The absence of catalytic 
activity for W-HPA and (NH4)VO3 were somewhat unexpected considering the modest 
activities of the polyoxomolybdate catalysts. 

The baseline studies presented above were conducted to: (I)  develop a set of standard 
conditions for testing HPA precatalyst systems; (2) identify promising precatalysts for further 
study at higher temperatures, and (3) establish hydrogenation reactivity patterns of the 
prospective catalyst systems. These studies were designed to answer several important 
questions concerning the utility of W A S  as hydrotreating and hydroliquefaction precatalysts. 
The questions include: (1) Do HPA derived catalysts function as heterogeneous or 
homogeneous catalysts?; (2) What advantages do HPAs offer over conventional catalysts?, and 
(3) Are polymetallic HPA derived catalysts better than conventional or monometallic HPA 
catalysts? 

I 
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How Do HPA Derived Catalvsts Functim: As noted above, the HPA systems function as 
heterogeneous catalysts rather than homogeneous catalysts. Proof of heterogeneity comes 
from the fact that catalyst activation requires: (1) hydrogen reduction; (2) CS2, and (3) an 
induction period (10-15 min at 200’C) prior to onset of catalyst activity. All of these 
components are necessary to obtain catalytic activity. In addition, once the heterogeneous 
catalyst has been formed, removal of all of the reaction solution (by decantation in air) followed 
by readdition of more Q and EtOH (but not CSd and repressurization to the initial H2 
pressure, gives the same catalyst activity as obtained initially--without an induction D e n 4  
Thus, the heterogeneous particles formed by reduction, sulfidation and degradation of the 
HPAs is the me, active catalyst. One important observation is that there is a linear correlation 
between precatalyst concentration and catalyst activity (Figure 2). This linear relationship 
occurs despite the fact that catalysis occurs after conversion of the homogeneous precatalyst to 
the active, heterogeneous form. 

It can be argued that increases in precatalyst concentration should lead to lower, relative 
catalyst surface areas (leading to lower TFhnole metal) as initially nucleated catalyst particles 
serve as growth sites for the decomposition of additional HPA molecules. Given that the 
correlation is linear, we presume that nucleation is a solution phase rather than a surface 
phenomena. Thus, all of the catalyst particles may be expected to be of approximately the same 
dimensions. Scanning electron microscopy supports this idea, given that the fresh catalyst 
particles, seen at highest magnification, are all submicron and therefore offer very high surface 
areas. 

What Advantaees Do HPAs Offer Over Conventional Catalysts: Several potential 
advantages are offered by HPAs relative to conventional catalysts. First, HPAs are soluble in a 
variety of polar and slightly polar solvents including water, MeOH, EtOH, and acetonimle. 
Consequently, under liquefaction conditions, it should be possible to tailor the HPA/solvent 
system to optimize coal swelling and coincidentally catalyst dispersion. By comparison, 
conventional soluble catalysts such as ammonium heptamolybdate; which exhibits essentially 
the same activity as Mo-HPA (see Figure 4). is soluble only in water. 

Bimetallic W A S  were also examined Surprisingly, studies with the bimetallic precat- 
alyst? ( ~ ) ~ [ C ~ M O , O O ~ ~ ~ ] ‘ ~ H ~ O ,  reveal catalytic activities somewhat less than exhibited 
by Mc-HPA and the heptamolybdate on a per-mol of metal basis. The most likely explanation 
is that the effectiveness of “CoMo” and NiMo”bimetal1ic catalysts derives from their ability to 
promote C-N bond hydrogenolysis rather than hydrogenation of Q to THQ. Indeed, one 
could argue from our data on Mo-HPA, (NH~)~[CO~MO~~O~~H~].~H~O, and the 
heptamolybdate that hydrogenation of Q must occur almost entirely on sulfided molybdenum 
sites. The bimetallic compound, (NH~)~[C~MO~OO~~H].~H~O? with some cobalt should 
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generate catalyst particles with some portion of the surface "protected" by cobalt 
Consequently, if sulfided molybdenum sites are indeed responsible for hydrogenation and 
surface areas are comparable, one would expect the (NH4)6[Co$vfoloo38&].7H@ derived 
catalyst to exhibit lower TFs for Q hydrogenation, as observed. 

Polvmetallic HPA m v s t s  vs Convennonal or m m e t a  llic HPA Prec at&&: We 
have conducted one set of tests based on our previous discovery that RuMo bimetallic systems 
were exceptionally active HDN systems.3 Our previous studies were conducted with the 
objective of optimizing Ru/CoMo/a-alumina catalysts for the HDN of Q to propylbenzene? It 
was assumed that the major function of Ru in this aimetallic system is to promote C-N bond 
cleavage at low temperatures. Limited efforts were made to determine the effects of ruthenium 
on the individual metals (Co and Mo) with the finding that a RuMo organomefallic surface 
confined catalyst exhibits the same synergistic activity for production of propylbenzene as the 
trimetallic catalyst. However, no effort was made to explore the effects of Ru on Q 
hydrogenation activity in this catalyst system. 

Figures 5 and 6 show Q to THQ conversions as a function of time for typical reactions run 
using Ru/Mo-HPAs bimetallic systems where Ru is i n d u c e d  either as RuC13 or Ru3(C0)12, 
and for the individual urecatalvsts. These Figures also show the simple sums of the 
conversion percentages of the individual catalysts for comparison with the m e  bimetallic 
catalysts. In both instances, the actual bimetallic catalyst offers activities some 20% higher 
than the sums of the two metals used individually. The results clearly point to a synergistic 
system. However, it is too early to speculate on the reasons for these results. 

Hvdroeenation Modeling Studies vs HDN Activitv vs. Coal Liauefaction Behavior. The 
RuMo precatalyst system, which shows good Q to THQ conversion activity, was studied 
based on the exceptional abilities of a supported RuMo material to promote THQ HDN 
catalysis as previously reported from these laboratories.3-8 Although it is tempting to claim that 
the hydrogenation activities parallel the previously observed C-N bond hydrogenolysis 
activities, we believe that the parallel is coincidental. For example, both Rh and Pd catalysts 
are quite effective hydrogenation catalysts but exhibit only moderate HDN activity.gJ0 

The current studies with a Ru/Mo-HPA precatalyst system works well and will be explored 
extensively in the future. However, this system can only serve as a baseline for liquefaction 
studies because the precatalyst system consists of a mixture of soluble forms of both Ru and 
Mo. In direct liquefaction studies, a major concern will be our ability to create the same 
bimetallic catalyst properties in single particles following impregnation of coal with the two 
independent, soluble species. We view this as unlikely with the current set of precatalysts. 
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